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A B S T R A C T   

Membrane reactor processes can be used to overcome the constraints of the chemical rate equilibrium of 
methanol (MeOH) synthesis products. In this thermodynamics-limited work, three different selective sulfonated 
poly(ether ketones) (SPEEK) membranes were applied in an engineered unit operation with a commercial Cu/ 
ZnO/Al2O3/MgO surface catalyst for several CO2/CO-involving chemistries. A detailed mathematical model with 
micro-kinetics was developed, optimised and utilised to assess the vessel with barrier by using CERRES 
(Chemical Reaction and Reactor Engineering Simulations). Scaled separation tests were described by the inte
grated reference values of permeance. The permeability for all compound molecules (H2, H2O, CO, CO2, MeOH) 
was determined by adjusting parameters to account for the experimental gas composition on the permeate, 
interface and retention segment side after reduction. The specific kinetic characteristics of the mechanism of 
elementary step reactions were analysed in fixed bed design. A comparison of the estimated data prediction for 
the packed system with related definite numbers showed excellent statistical agreement. Similarly, a very good 
reliability was obtained between the results for 3 SPEEK membrane cases. Thus, the defined particular evalua
tions of derived theoretical expressions were benchmarked accurately. Although (validated) performance, i.e. the 
yield of MeOH, was overestimated, discrepancy was not so large so as to simulate behaviour verily. The (3- 
aminopropyl)triethoxysilane (polyamide) over a SPEEK layer performed best for intensification. Herein, the 
pressurised (>50 bar) CO2 hydrogenation pathway was not only shifted by in situ removal as a proof of concept, 
but also modelled intrinsically, considering transport phenomena resistances, adsorption and desorption as well. 
The storage of hydrogen can benefit from MeOH production reengineering.   

1. Introduction 

One of the most important and researched topics in the field of 
greenhouse gas emission reduction in recent decades is the conversion of 
the greenhouse gas CO2 into useful chemicals to reduce the concentra
tion of pollutants in the atmosphere and alleviate the pressure on fossil 
sources as a feedstock for bulk chemicals (Mustafa et al., 2020). Various 
processes are being considered, such as the two-step process in which 
synthesis gas is produced from CO2 by dry reforming or reverse 
water-gas shift reaction, which is then converted into various chemicals 
(Schwab et al., 2015). An upgrade for process intensification is the 
one-step conversion of CO2 into chemicals (Álvarez et al., 2017), espe
cially methanol. 

On paper, the reaction is relatively simple – hydrogen and CO2 react 
to form methanol and water, usually in the gas phase in a heterogeneous 
catalytic reactor. However, the system is complicated by various side 
reactions, such as reverse water-gas shift (RWGS), and complex catalytic 
surface pathways. Numerous highly active catalyst formulations have 
been developed, such as Pd- (Bahruji et al., 2016) and Au-based (Hartadi 
et al., 2015) systems. However, the most studied and industrially rele
vant system remains the CuZnAl system (van den Berg et al., 2016; 
Günter et al., 2001; Prašnikar et al., 2022) due to its high performance, 
stability and low price. Operating conditions are carefully selected to 
maximise methanol yield – the process is usually carried out at 
180–300 ◦C and relatively high pressures (above 20 bar) to achieve the 
desired thermodynamic equilibrium conversion and selectivity. Despite 
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numerous studies and excellent progress made in this field in recent 
decades (Jadhav et al., 2014), the process still falls short of its potential 
when it comes to widespread industrial use. One of the main reasons for 
this are the thermodynamic limitations (Álvarez et al., 2017). 

A promising approach to overcome the thermodynamic limitations 
of single-pass yields is in situ separation in membrane reactors, where 
the products are continuously removed by permeation while the re
agents remain in the reactive (catalytic) part of the reactor (Soltani et al., 
1999). The concept has received much attention in petrochemistry 
(Takht Ravanchi et al., 2009) in processes such as steam reforming 
(Uemiya, 2004), water gas shift (Ma and Lund, 2003) and 
Fischer-Tropsch synthesis (Espinoza et al., 2000). For methanol syn
thesis, various studies have been carried out using zeolite (Gallucci 
et al., 2004; Seshimo et al., 2021; Van Tran et al., 2018), cation ex
change (Struis et al., 1996) and polyimide (Lee et al., 2021) membranes. 
In addition to the use of membranes, a liquid sweep of high-boiling, 
methanol-absorbing tetraethylene glycol dimethyl ether was used to 
extract methanol across a hydrophobically modified alumina membrane 
(Li and Tsotsis, 2019). The key findings from the above studies are that 
different membrane types can be successfully used to exceed the equi
librium yield. The key aspects identified are membrane permeance, 
temperature-dependent selectivity of water over methanol and the re
agents, and thermal and chemical stability. In addition to the membrane 
properties, the optimisation of the process parameters is extremely 
important for the process due to the complex interplay of various mass 
transfer phenomena. To find the optimal operating conditions and 
maximum product yield, a thorough understanding of the process is 
required to build an accurate model. At the heart of the reactor model is 
the reaction kinetics, which heavily depends on catalyst chemistry, 
surface morphology and particle size and shape. The Cu/ZnO/Al2O3 
(CuZnAl), a ternary catalyst, exhibits considerable complexity and has 
been extensively studied by experimental (Sano et al., 2002; Lunkenbein 
et al., 2015; Hinrichsen et al., 2000; Chinchen et al., 1987; Schlebusch 
et al., 2012; Kattel et al., 2017) and theoretical ab initio methods 
(Schlebusch et al., 2012; Kuld et al., 2016; Tameh et al., 2018; Greeley 
et al., 2003). Although there is still some uncertainty about the exact 
active sites, surface mechanisms and kinetics, these studies have paved 
the way for the construction of complex microkinetic surface reaction 
models, one of the first on Cu(111) surface (Grabow and Mavrikakis, 
2011). Such models are needed to cope with the complexity of surface 
reactions under a wide range of conditions and catalyst compositions, 
where ad hoc empirical models often fail. 

In general, membrane properties, i.e. permeance and selectivity at 
different temperatures, pressures and gas compositions, can be deter
mined by carefully designed experiments, allowing relatively accurate 
modelling of membrane mass transport. Nevertheless, the introduction 
of the membrane increases the complexity of the reactor model 
compared to a simple fixed-bed reactor. Coupling such models with full 
microkinetic surface models is non-trivial due to both system complexity 
and numerical considerations. Therefore, membrane models found in 
the literature are often coupled with simplified kinetics, where the re
action rates of the gas products are described with derived principal 
equations, trading accuracy for efficiency. Admittedly, many excellent 
membrane reactor models have been developed for processes such as 
methanol synthesis (Struis and Stucki, 2001; Samimi et al., 2017; 
Rahimpour and Ghader, 2003) and oxidative methane coupling (Esche 
et al., 2012; Barbieri et al., 2002), with some including fluid dynamics 
(Ountaksinkul et al., 2019) and heat balances (Shelepova et al., 2019). 
Nevertheless, there are opportunities for improvement. While Murmura 
et al. (2018) discuss improvements in mass and heat transport model
ling, we would like to emphasise the importance of utilizing full surface 
microkinetic models to accurately describe the intricate complexity of 
MeOH synthesis on CuZnAl. 

The aim of this work was to develop a detailed mathematical model 
for methanol synthesis in membrane reactors. For this purpose, experi
ments were carried out with three different membranes, firstly to 

determine the permeances and secondly to validate the mathematical 
model by comparing the experimental results obtained during methanol 
synthesis in the membrane reactor. A membrane reactor model with a 
spatial dimension that incorporates convective, diffusive and membrane 
mass transport was developed and efficiently coupled with a full 
microkinetic surface model within the CERRES software package 
(Jurković, 2020). This software is freely available for academic use and 
it can be used to describe other types of reactors (multiphase continu
ously stirred tank reactor, batch reactor, catalyst surface etc.). It is 
especially developed for a fast simulation of processes involving 
microkinetic reaction description. Here, the membrane model is coupled 
with a microkinetic CuZnAl surface model developed as a culmination of 
our previous studies (Prašnikar et al., 2019, 2021; Huš et al., 2017; 
Kopač et al., 2019; Pavlǐsič et al., 2020). In addition, thorough CO2 
hydrogenation experiments were conducted with three different mem
branes to validate the model under a variety of experimental conditions 
and demonstrate the predictive power achieved by using an accurate 
surface model. 

2. Experimental 

The experimental part in this work consisted of three parts. In the 
first part, methanol synthesis was carried out in a fixed-bed reactor 
under different conditions. The data obtained were used for micro
kinetic modelling, in which kinetic parameters were determined that 
were used in the mathematical modelling of the membrane reactor. In 
the second part, the permeances of all three membranes were deter
mined for all components. The values of the permeances and their 
dependence on temperature were needed for the mathematical model of 
the membrane reactor. A near-equilibrium composition of the feed with 
CO, CO2, H2, CH3OH and H2O was used. In the third part, methanol 
synthesis from CO, CO2 and H2 was carried out in the membrane reactor 
using different membranes. It was envisaged that the membrane reactor 
would be used after the fixed bed reactor to increase the methanol yield. 
Therefore, the feed to the reactor had a similar composition to that 
which would come from the fixed bed reactor - a thermodynamic 
equilibrium composition. The methanol yield and methanol flow rate 
obtained from the membrane reactor were compared with the developed 
mathematical model. 

2.1. Membranes 

3 different membranes with end caps and flange were selected for 
membrane reactor testing. The membranes were manufactured on a 
commercial extruded commercial α-alumina support tube (Inopor) with 
a pore size of about 4 μm, to which a series of intermediate layers of 
decreasing porosity and roughness were applied. Two layers were usu
ally applied: an additional α-alumina layer with a pore size of 170–180 
nm and a γ-Al2O3 layer with a pore size of 3–4 nm (Bonekamp et al., 
1996). The outer diameter of the membrane tubes was about 14 mm and 
the inner diameter about 10 mm. This support material was used for 
selective membrane layers. Microporous hybrid silica or polymer ma
terials were deposited on the outside of the ceramic support to obtain a 
layer with the required membrane selectivity. The membranes were 
manufactured by the Netherlands Organisation for Applied Scientific 
Research (TNO). Fig. 1 shows a membrane assembly consisting of the 
membrane with end cap seal and a flanged inlet connection. 

Fig. 1. Example of the membrane with seal and flange.  
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Two membranes with two different coating layers and one mem
brane with a mixed coating were prepared. In the first two membranes, 
the intermediate layer consisted of sulfonated polyether ether ketone 
(SPEEK). In previous tests, the SPEEK membrane showed useful per
meances and higher selectivity values for methanol production 
compared to other polymer membranes. This layer of the membrane was 
shown to have preferential vapour permeation towards the reactive 
gases, especially hydrogen, under the conditions corresponding to the 
methanol synthesis reaction. The top layer over the SPEEK layer was 
made of (3-aminopropyl) triethoxysilane-(polyamide) (APTES-PA) 
(Paradis, 2012) for the first membrane and 1,2-bis(triethoxysilyl)ethane 
(BTESE) (Paradis, 2012) for the second membrane. APTES-PA and 
BTESE membranes were chosen because they have high gas retention 
properties. The third membrane had a hybrid coating layer combining 
SPEEK with polyimide (PI). All three membranes had a total length of 
45.0 cm and an effective length of 17.9 cm. The inner diameter of the 
reactor was 24 mm and the outer and inner diameters of the membrane 
were 14 and 10 mm, respectively. The volume on the retentate side was 
53.7 ml and on the permeate side 10.6 ml. The seals of the membranes 
were pressed onto the metal flange with a force of 105 N to fill the empty 
space between the membrane and the metal caps. 

2.2. Reactor set-up 

Both the membrane reactor and the membranes were built at TNO. 
The reactor consisted of an outer tube and an inner sweep tube separated 
by the membrane. It was designed for high operating pressures (100 bar) 
and high operating temperatures (300 ◦C). A thermocouple was placed 
centrally in the sweep tube and fixed with compression couplings. The 
membrane reactor was equipped with preheating coils, separator and 
evaporator and placed in a vertical customised furnace (Grelci Maras d. 
o.o.). The reactor with the heating coils, evaporator and separator was 
placed in a vertical furnace. The top and bottom of the furnace were 
closed to prevent the chimney effect. To achieve complete evaporation, 
the feed gas was passed through the preheating coils, the evaporator and 
the gas-liquid separator, which was monitored regularly to ensure that 
no liquid phase entered the membrane module. The module was pro
tected from overpressure by a relief valve. The schematic of the reactor 
is shown in Fig. 2, while the schematic of the whole system is in Fig. S1. 

The membrane reactor was designed to be filled with a catalyst on 
the outer/retentate side of the membrane. The feed was connected to the 
top of the reactor, while the retentate and permeate left the reactor at 
the bottom. A porous stainless-steel frit was used to prevent the catalyst 
from leaving the retentate tube. Helium was used as an internal standard 
to determine the gas flow rate of the outlets on both sides. A manual 
three-way valve was used to direct the He flow to either the retentate or 
permeate stream. Both were connected to the Micro GC Agilent 490 via 
an automatic valve so that the composition could be analysed. For more 
details about the reactor setup, see the supplementary information in 
Fig. S1. The pressure of both the retentate and permeate streams was 
controlled with backpressure regulators (Brooks SLA series). 

The system was developed for a high-pressure test (80 bar). An HPLC 
pump (Beckman, 114M Solvent Delivery Module) was used to pump 
methanol and water to the evaporator, which ensured evaporation, 
mixing and heating of the liquid with the feed gas. The heating lines 
were kept at 350 ◦C to analyse water and methanol directly on the GC 
alongside the reactive gases. Since CO2 is liquid at 80 bar and at room 
temperature, an HPLC pump with pump head cooling (Flusys, Wadose- 
Lite) was used to pump CO2 and add it to the H2 stream. The CO2 
evaporator, which mixes hydrogen and CO2, was heated to prevent 
freezing of the CO2 inlet line. The H2/CO2 mixture was fed into the 
evaporator inside the furnace where H2O and MeOH were added. 

2.3. Membrane reactor and packed-bed reactor experiments 

The catalytic experiments were carried out in both fixed-bed and 

membrane reactors using a Cu/ZnO/Al2O3/MgO (CuZnAlMg) catalyst 
for methanol synthesis (Alfa Aesar). First, the kinetic parameters of the 
microkinetic model (Prašnikar et al., 2021) were adjusted based on the 
experimental data from the fixed-bed reactor. The kinetic parameters 
were then used to model the membrane reactor. The catalytic experi
ments in the membrane reactor were performed with the composition 
corresponding to the partially converted CO2, i.e. the feed consisted of 
CO2, CO, H2O, H2 and MeOH. The composition used thus had a lower 
partial pressure of hydrogen and its permeation through the membrane 
was lower, so that a higher conversion of CO2 in the membrane reactor 
could be achieved. In a real experimental plant, this could be achieved 
by first partially converting the CO2 in a fixed bed reactor and then using 
the membrane reactor to overcome the thermodynamic equilibrium. 

2.3.1. Packed-bed reactor experiments for microkinetic modelling 
The set-up was described in detail in our earlier paper (Prašnikar 

et al., 2019). Briefly, the experiments were performed in a parallel 
packed bed reactor (tube diameter 6.35 mm) connected to a gas chro
matograph (Agilent 490 Micro GC, TCD detectors equipped with 
CP-Molsieve and PoraPlot U-columns) via a heated line. A commercial 
catalyst from Alfa Aesar was used for the methanol synthesis. The 
composition of the catalyst is listed in Table 2. The gases used for the 
catalytic tests were pure H2 (99.999%, Messer), CO2 (99.999%, Messer) 
and CO (99.999%, Messer). 0.209 g of the sieved catalyst with a particle 
size between 1 and 2 mm was used. The catalyst was first reduced in the 
reactor in a 3.0% H2/N2 mixture at 250 ◦C. Experiments at 200, 220, 
240, 250 and 260 ◦C were performed with a feed consisting of 75% H2 
and 25% CO2. Two experiments were conducted with a feed consisting 
of 69.8% H2, 7.5% CO2 and 22.7% CO at 220 and 250 ◦C, respectively. 
The pressure was 20 bar and the weight hourly space velocity (WHSV) 

Fig. 2. Illustration of the module in vertical position together with the con
necting elements inside the oven. 
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was 33,300 Nml/(h g). 

2.3.2. Experiments for the determination of membrane permeances 
The permeances for each membrane were determined for each 

compound in the absence of the catalyst. After the membrane was 
installed in the membrane reactor, a high-pressure test was performed at 
room temperature. The feed pressure of N2 was set at 80 bar on the 
retentate side and the permeate pressure was in the range of 20–80 bar. 
After this test, the pressure was released and the membrane was heated 
to 250 ◦C at a heating rate of 0.5 K/min. The inlet pressure was then 
increased to 80 bar with a hydrogen stream and the permeate pressure 
was set to the lowest possible value for each membrane. The inlet was 
changed from H2 to the appropriate composition and after steady state 
was reached, the composition of retentate and permeate was analysed. 
No sweep flow through the permeate side was used to achieve the 
highest possible transmembrane pressure (TMP) difference. The same 
procedure was used for experiments at 220 ◦C. The permeances were 
determined with the relevant composition close to the equilibrium 
composition for the feed with stoichiometric H2/CO2 ratio for 
isothermal MeOH synthesis at 250 ◦C and 80 bar as follows (Table 1). 

This composition was used to simulate a realistic system consisting of 
a fixed-bed reactor and a membrane reactor in series. In this case, pre- 
conversion of the input gas in the fixed bed reactor would be used to 
minimise hydrogen loss through the membrane. The flow rate for the 
permeate composition was analysed and the permeances for all com
pounds and for each membrane were determined by adjusting the per
meances in the mathematical model of the membrane reactor to match 
the experimentally determined composition on the permeate and 
retentate side. Other conditions are listed below. Two total flow rates (2 
and 3 Nml/min) and two reactor temperatures (220 ◦C and 250 ◦C) were 
chosen, while the feed pressure was set at 80 bar. Due to the different 
permeances, the permeate pressure was set to 70 bar (BTESE); 50 bar 
(APTES-PA); 60 bar (SPEEK-PI). 

2.3.3. Catalytic experiments in the membrane reactor 
Catalytic experiments were carried out with APTES-PA and SPEEK-PI 

membranes at 220 ◦C and 250 ◦C. For the reaction with the BTESE 
membrane, the experiments for the catalytic process were not performed 
due to a problem with the reduction process. The same feed composition 
and pressures were used as for the experiments to determine the per
meances at total flow rates of 2.0 and 3.0 Nl/min. 

Since the permeant components were depleted to about 50%, the 
effect of concentration polarisation over the effective length of the 
membrane is estimated to be small. Due to the large permeate flow rate, 
it was also not necessary to use the sweep gas. The volume on the 
retentate side of the membrane was completely filled with 60 g of the 
catalyst to reduce catalyst movement and possible damage during 
installation or use of the membrane reactor. The catalyst was fixed in
side the annulus by a ring of quartz wool on each side. The height of the 
catalyst bed was 16 cm and the void fraction of the bed was 0.49, the 
density of the catalyst was 2.44 g/ml. 

An important step prior to the reaction was the activation of the 
catalyst, which had to be carried out very carefully to allow for the 
exothermic reduction of the catalyst. The procedure is described in the 
Supplementary in section 2. In general, the reduction process was 

carried out at a total flow rate of 400 Nml/min and with 10 bar on the 
retentate side and 9 bar on the permeate side, and varying the temper
ature. In addition, the gas composition was measured to ensure that the 
reduction was complete. 

2.4. Catalyst characterization 

Thorough characterization of Alfa Aesar methanol synthesis catalyst, 
by using N2 physisorption, XRD (X-ray powder diffraction), XPS (X-ray 
photoelectron microscopy), SEM-EDS (scanning electron microscopy 
coupled to energy dispersive spectroscopy) was performed. The samples 
were reduced at 250 ◦C for 2 h in H2 before analysis and then transferred 
in the inert atmosphere to glovebox for sample preparation for XRD and 
XPS analyses. The sample for XRD was covered using Kapton foil to 
prevent oxidation during transfer, while XPS sample was transferred to 
the instrument with special holder. A more detailed description about all 
techniques can be found in the Supplementary in section 3. 

3. Theoretical 

3.1. Mathematical model 

The modelling was carried out with the software CERRES (Chemical 
Reaction and Reactor Engineering Simulations available at www.cerres. 
org), which was developed at the NIC. Fig. 3 shows a schematic of the 
membrane reactor. The feed is introduced into the system from the right 
side. The gases enter the outer ring of the module, then pass through the 
catalyst layer and exit on the left as retentate. Some of the gases enter the 
interior of the module through the membrane and exit through the 
permeate outlet. 

For the membrane reactor model, the mass transport phenomena 
such as convection, diffusion and permeation through the membrane for 
each selected component were included, together with reaction phe
nomena such as adsorption and desorption of species on the catalytic 
surface along with catalytic surface microkinetic reactions. Reaction 
kinetics for the selected catalyst was separately measured in a packed- 
bed reactor and existing microkinetic model was adjusted through the 
regression analysis of kinetic parameters. 

A membrane system consists of two volumes, the retentate (Vret) and 
the permeate side (Vperm), which are separated by a membrane. Both 
sides are treated as separate systems with their own pressure, flow rate 
and gas concentrations at the inlet and outlet. The systems are coupled 
only by mass transfer across the membrane, which is limited to a certain 
number of species involved in the process. The mass transfer rate 
through the membrane for the coupled species is: 

Nmemb. = Amemb.Pi

(
pi,ret − pi,perm

)
= Amemb.PiRT

(
ci,ret − ci,perm

)
(1)  

where Nmemb is the molar flow through the membrane in mol/s, Amemb 
the membrane surface area in m2 and the Pi permeance of the species i in 
mol/(m2 bar s). The mass balance for the gas component i in the 
retentate phase can be further described as follows: 

∂Ci

∂t
= − vx,ret

∂Ci

∂x
+

Di

τ
∂2Ci

∂x2 + C∗1 − ε
ε Ri,cat + Ri,bulk −

Nmemb.

Vret ε
(2)  

where the first term on the right-hand side of the equation represents 
mass transport with convection flow and vx gives the gas velocity in the 
axial direction. In all cases steady state solution was used (∂Ci/∂t = 0). 
The second term describes the diffusive/dispersive mass transport in the 
axial direction, where Di is the diffusion coefficient and τ is the tortuosity 
factor due to a non-straight diffusion path through the catalytic bed. The 
third term represents the disappearance or formation of component i 
due to surface kinetics, multiplied in this case by the Ri,cat expression 
where C* is the concentrations of active sites per volume of catalyst and 
ε is the void fraction of the catalytic bed linking the changes in surface 

Table 1 
Gas composition used to determine membrane 
permeances.  

Gas Composition, vol.% 

H2 65.1 
H2O 7.7 
CO 3.3 
CO2 19.5 
MeOH 4.4  
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coverage to changes in mass concentration of species. The fourth term 
defines the reaction term for the bulk-bulk reaction. The mass balance 
for the gas component i in the permeate phase is in line with the 
retentate phase: 

∂Ci

∂t
= − vx,perm

∂Ci

∂x
+ Di

∂2Ci

∂x2 + Ri,bulk +
Nmemb.

Vperm
(3) 

The most important difference is that the second term describing the 
axial dispersion in the inner channel of the membrane does not include 
the tortuosity factor because there is no catalyst layer on the permeate 
side. The model boundaries involved constant molar flux at the entry 
and the exit of reactor along the length. The dispersion calculation can 
be found in our previous work (Prašnikar et al., 2022). To solve this 
system, the above equations are discretised so that they hold for a finite 
number of volumes and form a group of ordinary differential equations 
(ODEs). The gas velocity (vx) in the permeate and retentate changes 
according to the molar balance of permeation and reaction. Only the 
changes in the radial direction are accounted, while the changes in the 
radial direction are neglected. 

The reaction rate of the individual elementary reaction steps is rep
resented by equation (4). Equation (5) describes the overall rate of 
consumption or generation of species. 

rn = kn,forward

∏I

i=1
θi

Si,n,forward − kn,reverse

∏I

j=1
θj

Sj,n,reverse (4)  

dθi

dt
=Ri =

∑N

n=1

(
− Si,n,forward + Si,n,reverse

)
rn (5)  

Here, rn is the rate of the reaction numbered n and kn,forward and k n,reverse 
are the rate constants of the forward and reverse reactions respectively. 
The fraction of the active site covered by species i is denoted by θi. Si,n, 

forward and Si,n,reverse are the stoichiometric coefficients of species i in 
reaction n. The total number of reacting species is I and N is the total 
number of elementary reactions. The adsorption rates were calculated 
by multiplying the partial pressure of the adsorbing gas and the surface 
coverage of the empty active sites. 

The proposed model was validated against experimental results in 
the membrane reactor and then used to find operating windows that are 
preferred for the membrane system. In this way, the modelling can 
provide information on membrane performance or on how to improve 
the reactor geometry. The net reactions considered in the microkinetic 
model for methanol synthesis are listed below. In addition to the 
methanol synthesis reaction, the reverse water-gas shift reaction was 
also included (r3). The mechanism consisted of 18 elementary reactions, 
which include reactions of adsorption/desorption and reactions on the 
surface of the catalyst. The reaction steps are listed together with the 
results in the Results section in Supplementary information (Table S1). 

CO2 + 3 H2 ↔ CH3OH + H2O (r1)  

CO + 2 H2 ↔ CH3OH (r2)  

CO2 + H2 ↔ CO + H2O (r3) 

The permeance for each membrane was adjusted to the experimental 
values using a regression analysis. The temperature dependence of the 
permeance was modelled using the linear relationship where tempera
ture in degrees Celsius is used: 

Pi(T) = kiT + ni (6)  

Whereby ki and ni were adjustable parameters. The permeances were 
calculated from the logarithmic mean (see supplementary data, section 
4) and used to adjust the parameters in the CERRES software (Jurković, 
2020). 

Table 2 
Characterization results of Alfa Aesar methanol synthesis catalyst.   

EDS compositiona wt.% XRD compositionb wt.% Crystallite sizeb, nm Surf. phase composition XPS, % c (mol.%)d Unit cell size a, nm (CuZn alloy) 

Cu 49 ± 5 76 8.1 ± 0.5 11 (8.2) 0.3618 (1.9%)f 

ZnO 25 ± 2 16 5.3 ± 0.1 17 (10) 0.3252 
Al2O3 13 ± 1 0.8e  49 (32)  
MgO 1.8 ± 0.2   8 (6.3)  
C 12 ± 2 7 e  15 (18)  

BET m2/g 66 Pore volume cm3/g 0.19 Cu area m2/g 7.3  

a Calculated from raw elemental composition to phase-based composition. 
b Based on Rietveld refinement of the crystalline part. 
c Surface phase composition, based on the same way of calculations as in our earlier work (Prašnikar et al., 2019). 
d Molar elemental composition of the cations and carbon (Cu, Zn, Al, Mg, Al), the missing part represents the molar fraction of oxygen. 
e Boehmite phase (AlO(OH)) and graphite phase detected. 
f Zn content in Cu based on Cu unit cell expansion correlation calculated as in our earlier work (Prašnikar et al., 2021). 

Fig. 3. The schematic representation of the membrane module.  
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3.2. Effect of the catalyst composition on the activity 

The most researched system for methanol synthesis is the Cu/ZnO/ 
Al2O3 system, in which Cu nanoparticles serve as the basis for CO2 
conversion. The copper itself does not efficiently hydrogenate the in
termediates for methanol formation, so the ZnO is used as a promoter 
that stabilises the intermediates and provides higher reaction rates. This 
was observed in the single crystal study by Sano et al. (2002), where Cu 
(111) surfaces with different Zn coverages were characterised by XPS 
and evaluated for MeOH and CO synthesis. Due to the reduction of ZnO 
to Zn and the similar atomic size of Cu and Zn, the two are able to form a 
brass alloy (Prašnikar et al., 2021; Fujitani et al., 1997). The alloy itself 
acts as a system in which H2 activation occurs at the Cu sites and the Zn 
acts as a binding site for oxygen-containing species. The stable supply of 
hydrogen atoms from the copper to the intermediate at the Zn sites leads 
to its hydrogenation to methanol. The other compounds in the catalyst 
typically increase the number of active Cu and Zn sites, which increases 
its activity. 

The Al2O3 is a structural promoter of the catalyst that prevents the 
growth of Cu and ZnO nanoparticles (Prašnikar et al., 2019). On the 
longer range it is in the amorphous phase and covers around half of the 
catalyst surface as determined by the XPS. The amorphous layer of Al2O3 
is sensitive to the H2O content in the gas phase, resulting in a loss of 
activity (Prašnikar et al., 2019). 

Copper-zinc oxide-based catalyst promotes the conversion of CO2 to 
MeOH and CO at the operating conditions, while MeOH synthesis from 
CO is negligible (Prašnikar et al., 2021). On the other hand, Alfa Aesar 
catalyst used herein also contains MgO. Cu/MgO is more active in MeOH 
synthesis from CO-H2 mixture than from CO-CO2-H2 mixture (Studt 
et al., 2015). ZnO leads to a similar activity as in the case of the Cu/Z
nO/Al2O3 material, with the MeOH activity increasing with increasing 
CO2 content in the CO-CO2-H2 mixture (Fujitani et al., 1997). It has also 
been observed that SrO, when involved, reacts immediately with CO2 to 
form SrCO3, which can be correlated with MgO since both are alkaline 
earth oxides. Zander et al. (2013) stated that Mg promotes the dispersion 
of Cu during catalyst synthesis as it has the same charge as Zn2+ and the 
size is only 2% different from Cu2+. Therefore, the nature of the active 
site is not changed by its presence in the reaction gas mixtures 

containing CO2. The only effect of Mg is in the different number of active 
sites. For the above reasons, the microkinetic multisite model for 
methanol synthesis on the Cu/ZnO/Al2O3 sample was established based 
on the density functional theory calculation (DFT) for the Zn/Cu(211) 
structure (Prašnikar et al., 2021). 

4. Results and discussion 

4.1. CuZnAlMg catalyst characterization 

In order to link the activity and the microkinetic model, structural 
properties of the catalyst under study had to be determined. In addition 
to Cu, ZnO and Al2O3, the catalyst of Alfa Aesar also contains about 1.8% 
MgO (Table 2). Despite the low content, XPS measurements show that 
the MgO phase accounts for 8% of the total catalyst surface, which was 
calculated using the molar fractions of the surface as in our previous 
work (Prašnikar et al., 2019). As already measured for HFW230 
(Cu/ZnO/Al2O3, HiFuel W230, Alfa Aesar), the Al2O3 also accounts for 
half of the surface area (49%) and therefore probably contributes 
together with MgO to the increased thermal stability of the Cu and ZnO 
phases. The XRD results show that the two phases are mostly 
non-crystalline (at least in the range of the XRD measurements) and 
heterogeneously distributed over the catalyst, although we can find 
some particles containing both Al and Mg (SEM EDS mapping, Fig. 4), 
suggesting possible synergistic effects in terms of stability enhancement. 
In addition, also some carbon particles were observed that were present 
due to the graphite that was added as a binder. 

From the shape of the XPS signal of Cu2p, it can be seen that Cu is 
still partially oxidised to Cu+, which could be due to the presence of 
oxygen during the transfer. Nevertheless, the surface area is similar to 
our previous work where we combined the Cu surface area obtained 
from the pulsed N2O surface oxidation with the Cu2O surface area ob
tained by combining the XPS surface phase fraction and the total surface 
area of the catalyst determined by BET. In this case, a Cu2O surface area 
of 7.3 m2/g was determined, whereas in our previous work with 
HFW230 (Prašnikar et al., 2019) it was 8.8 m2/g after reduction, leading 
to similar results. This is significant for determining the amount of active 
sites which is used in microkinetic modelling. Based on the observed 

Fig. 4. a) SEM of 1 mm-2 mm catalyst particle fraction, b) SEM image of catalyst at a high magnification, c) SEM-EDS mapping of distribution of catalyst additives, d) 
Mg mass fraction distribution using SEM-EDS mapping, e) XPS of Cu 2p spectra showing presence of Cu1+ and Cu0. 
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expansion of the Cu crystal unit cell, it can be concluded that a CuZn 
alloy (1.9% Zn in Cu) was formed after reduction, which is much smaller 
than in the case of reduction at 300 ◦C for 12 h (8.1% Zn in Cu) 
(Prašnikar et al., 2021), which could affect the number of active sites. In 
comparison, the a-parameter of the ZnO phase is almost the same as that 
from the library (measured: 0.3252 nm, JCPDS N0 80-0075: 0.3253 
nm). The determined copper crystallite size is about 8 nm, which cor
responds to the Cu size of the HFW230 catalyst. In general, the intrinsic 
activity (surface normalised) of Cu particles does not change above 8 nm 
(van den Berg et al., 2016). Additional characterization results can be 
found in supplementary, section 5. Overall, an activity similar to that of 
the HFW230 can be expected. 

4.1.1. Microkinetic model for a packed-bed reactor 
A list of the experiments with the reaction conditions and the outlet 

compositions obtained can be found in Table 3. For two of the conditions 
applied, the product mixture was close to equilibrium. In the regression 
of the kinetic parameters, the results of 5 experiments that were not near 
equilibrium were used. 

In the microkinetic model, reactions at two types of active sites (Cu 
and Zn) were considered. Since the catalyst is similar to the Cu/ZnO/ 
Al2O3 (CuZnAl, HiFuel W230) catalyst based on characterization, the 
same concentration of active sites as for the mentioned catalyst (cCu =

0.2999 mol/Lcat, cZn = 0.0229 mol/Lcat) was used in the model. The 
kinetic parameters for CuZnAl from a previous work were used as a first 
estimate (Prašnikar et al., 2021). The original kinetic parameters are 
obtained from ab initio calculations presented in the work by Kattel 
et al. (2017). Surprisingly, it was found that active site concentration 
regression was not required and that the model could accurately predict 
the initial gas compositions when a CO2-H2 gas mixture was used. In the 
case of the H2-CO-CO2 mixture, the predicted MeOH formation was 
lower than observed experimentally. For this reason, the CO related 
kinetic parameters were optimised for the catalyst used. The adjustment 
was made by changing the activation energies or by changing the 
pre-exponential factors while maintaining the same ratio between for
ward and backward pre-exponential factors. This was done using the 
experimental points that were away from equilibrium and an excellent 
fit was obtained, as can be seen from Fig. S5 in the Supplementary In
formation, where the agreement of the model with the points away from 
equilibrium is shown. Since the parameters were changed without 
affecting the equilibrium, the final fit with the points of the equilibrium 
conversion obtained from the catalytic tests and the Gaseq Chemical 
Equilibrium programme (Morley, 2005) is excellent, as shown in Fig. 5. 

The kinetic parameters for all elementary reaction steps involved are 
listed in supporting information (Table S1). The model with the ob
tained kinetic parameters was suitable for further mathematical 
modelling of the membrane reactor and the kinetic parameters and 
microkinetic model were used without further optimisation. In addition 
to the kinetics, it was necessary to determine the permeabilities of all gas 
species for all three membranes. 

4.2. Determination of permeances in the experiments without catalyst 

The permeances were first estimated using log-average pressure 
differences (Supporting information, section 4) and then inserted into 
the complete model and optimised. In experiments with the APTES-PA 
membrane, a slight excess of H2O partial pressure in the permeate 
outlet was observed due to experimental error. To correct this, the H2O 
permeance was adjusted to achieve a 5% lower partial pressure in the 
permeate than in the retentate, accounting for expected experimental 
error. This adjustment ensured the minimum partial pressure difference 
for water through the membrane. The comparison of experimental and 
model results for outlet mole fractions and total permeate fluxes is 
shown in Fig. S3 and Fig. S4, respectively, demonstrating agreement 
between model and experimental values. Permeance values and tem
perature coefficients are summarized in Table 4. Water exhibited the 
highest permeance, while MeOH was 5–6 times lower and comparable to 
hydrogen. CO2 permeance was 2–3 times lower than H2, and CO per
meance was even smaller, about 1/5 of H2. Due to the higher permeance 
of H2 compared to MeOH, pre-conversion of H2 to MeOH is desirable to 
limit H2 loss through the membrane. Selectivity calculations based on 
reactants (H2 and CO2) showed CO2-based selectivity for H2O around 17 
and for MeOH about 3. Permeances increased with temperature for all 
components, while selectivities decreased. Fig. 6 illustrates selectivity 
dependence on temperature for APTES-PA membrane, with highest 
selectivity for water based on H2, decreasing rapidly with temperature. 
Methanol selectivity showed less significant decrease. CO2 selectivity 
remained less than 1 throughout 200–300 ◦C range, with permeance 
comparable to H2. CO2-based selectivities for H2O and CO2 increased 
with temperature, with H2O selectivity about 4 times greater than 
methanol. APTES-PA membrane appears suitable for methanol synthe
sis, facilitating efficient water removal and transfer to permeate side, 
potentially enhancing CO2 conversion and methanol yield, especially at 
lower temperatures where H2-based water selectivity is higher. 

Comparisons between experimental and model results of SPEEK-PI 
for molecular fractions are shown in Fig. S5 and Fig. S6. The agree
ment confirms model validity and permeance values. Table 4 summa
rizes calculated values and coefficients for temperature-dependent 
permeances. Water exhibits the highest permeance (1.58⋅10− 3 mol/(m2 

Pa h)), followed by MeOH (8.7⋅10− 4 mol/(m2 Pa h)). MeOH permeance 
slightly exceeds the one of hydrogen. MeOH selectivity based on CO2 
permeance is about 2.9, while for water it is around 5.3, indicating 
SPEEK-PI membrane may not outperform APTES-PA. Permeances for 
reactants are higher compared to APTES-PA. Temperature has a minor 
impact on permeances, mainly affecting MeOH and H2. Selectivities 
based on H2 and CO2 permeances are depicted in Fig. 7. H2O and MeOH 
selectivities based on H2 show similar temperature dependency, with 
H2O being about 2 times greater. However, H2O selectivity only reaches 
2.75 at 200 ◦C, significantly lower than APTES-PA. MeOH and H2 se
lectivities are comparable, ranging from 1.7 to 0.8. CO2 selectivity is 
lower due to its lower permeance compared to H2. SPEEK-PI membrane 
shows lower selectivities compared to APTES-PA. 

For BTESE membrane, as in the case of APTES-PA membrane, the 
H2O partial pressure in the permeate exceeded that in the retentate, 

Table 3 
The conditions and results of the catalyst evaluation at P = 20 bar and a WHSV of 33,300 Nml/(h g).  

T, ◦C Inlet partial fract. , / Outlet partial fract. , / Close to equilibrium 

H2 CO2 CO H2 CO2 CO H2O CH3OH 

260 0.75 0.25 0 0.716 0.205 0.030 0.039 0.010 Yes 
250 0.75 0.25 0 0.720 0.214 0.023 0.033 0.010 Yes 
240 0.75 0.25 0 0.726 0.221 0.016 0.026 0.010 No 
220 0.75 0.25 0 0.736 0.235 0.006 0.015 0.008 No 
200 0.75 0.25 0 0.743 0.242 0.002 0.008 0.005 No 
250 0.698 0.075 0.227 0.682 0.073 0.222 0.005 0.018 No 
220 0.698 0.075 0.227 0.687 0.073 0.229 0.004 0.008 No  
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Fig. 5. The parity diagram for points away from equilibrium and equilibrium points.  

Table 4 
Permeances of involved components at two temperatures and fitted coefficients in eq. (6) for all membranes.  

Membrane T, ◦C Permeance, mol/(m2 Pa h)  

H2 CO2 CO H2O MeOH 

APTES-PA 220 2.24⋅10− 4 9.87⋅10− 5 5.23⋅10− 5 >1.67⋅10− 3 2.68⋅10− 4 

250 3.15⋅10− 4 1.04⋅10− 4 5.26⋅10− 5 >1.82⋅10− 3 3.54⋅10− 4 

k 3.03⋅10− 6 1.80⋅10− 7 1.13⋅10− 8 5.20⋅10− 6 2.88⋅10− 6 

n − 4.43⋅10− 4 5.91⋅10− 5 4.98⋅10− 5 5.21⋅10− 4 − 3.65⋅10− 4 

SPEEK-PI 220 6.39⋅10− 4 3.06⋅10− 4 1.26⋅10− 4 1.58⋅10− 3 9.10⋅10− 4 

250 7.34⋅10− 4 2.90⋅10− 4 1.21⋅10− 4 >1.58⋅10− 3 8.30⋅10− 4 

k 3.14⋅10− 6 − 5.16⋅10− 7 − 1.49⋅10− 7 2.35⋅10− 9 − 2.68⋅10− 6 

n − 5.16⋅10− 5 4.19⋅10− 4 1.58⋅10− 4 1.58⋅10− 3 1.50⋅10− 3 

BTESE 220 3.24⋅10− 4 1.32⋅10− 4 6.51⋅10− 5 >6.61⋅10− 4 3.04⋅10− 4 

250 4.56⋅10− 4 9.76⋅10− 5 5.32⋅10− 5 1.33⋅10− 3 1.46⋅10− 4 

k 4.38⋅10− 6 − 1.14⋅10− 6 − 3.97⋅10− 7 2.22⋅10− 5 − 5.28⋅10− 6 

n − 6.39⋅10− 4 3.82⋅10− 4 1.52⋅10− 4 − 4.23⋅10− 3 1.47⋅10− 3  

Fig. 6. Selectivities of APTES-PA membrane.  Fig. 7. Selectivities of SPEEK-PI membrane.  
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prompting an adjustment of the H2O permeance to achieve a 5% lower 
partial pressure in the permeate. Comparisons between experimental 
and model results for outlet mole fractions and permeate flows are 
presented in Fig. S7 and Fig. S8, respectively, showing good agreement. 
Permeances and fitted coefficients are summarized in Table 4. Per
meances are comparable to APTES-PA membrane, except for water, 
which is significantly lower. No clear trend is observed for permeances 
with increasing temperature. Water permeance, though the highest, is 
lower compared to previous membranes. Selectivity for H2O ranges from 
5.0 at 220 ◦C to 13.6 at 250 ◦C, with MeOH selectivity at 1.9. H2O 
permeance is 2–3 times higher than that of hydrogen. Fig. 8 illustrates 
selectivity changes with temperature. Unlike previous membranes, H2- 
based selectivity for water increases with temperature but does not 
reach APTES-PA levels. Methanol selectivity is comparable, but de
creases rapidly with temperature. CO2 selectivity remains similar to 
previous membranes. CO2-based selectivity shows a faster increase in 
H2O selectivity with temperature, reaching about 60 at 300 ◦C, higher 
than other membranes, however at poor methanol selectivity. 

The permeances of all relevant gasses are collected in Table 4. Ac
cording to the results presented so far, the most suitable membrane 
among the three prepared and tested should be APTES-PA. Further ex
periments were conducted to validate the mathematical model and 
evaluate the performance of the membranes. 

4.3. Catalytic experiments and membrane reactor model 

The main series of experiments in the membrane reactor was carried 
out to investigate the enhancement of methanol production during the 
catalytic process of syngas conversion and the reverse water-gas shift 
reaction. It was found that the permeances increased with the service life 
due to the degradation of the membranes. Therefore, this change had to 
be considered when modelling the catalytic experiments in membrane 
reactors. Table 5 shows pressures on both sides of the membrane. The 
nitrogen flow rates for selected membranes were measured before and 
after all experiments had been carried out, but it was not possible to 
measure flow rates of more than 2 Nl/min because the measuring range 
of the flowmeter was limited (Supporting information, Table S2). 

Since the catalytic tests were performed before the permeance tests 
for the APTES-PA and SPEEK-PI membrane, all permeances, which was 
determined from the test without of the catalyst, were reduced by the 
appropriate factor (F) to obtain the model permeate flux rate equal to 
that measured from the catalytic experiments. The factor was optimised 
to obtain a good agreement between the experimental and model re
sults. The list of factors obtained can be found in Table 5. In the case of 
BTESE, only the experiments to determine the permeance were 

performed. 

4.3.1. APTES-PA membrane 
In the experiments with the APTES-PA membrane, the highest TMP 

of 30 bar was maintained, with 80 bar on the retentate side and 50 bar 
on the permeate side. It was found that good agreement with the 
experimental results was obtained with the proposed mathematical 
model. The parity diagrams of the partial mole fractions for all com
ponents involved at all four conditions investigated are shown in 
Fig. S18. The experimental results for H2, H2O and MeOH agree very 
well with the model at all experimental conditions. The mean absolute 
percentage deviation (MAPD) for CO2 retentate and permeate is about 
15%, the MAPD for CO retentate and CO permeate is 29% and 33%, 
respectively. The MAPD between the model and the experimental values 
for MeOH retentate is only 4%, but for MeOH permeate it is 18%. 
Considering that the mathematical model includes both the detailed 
microkinetics at the catalyst and the mass transfer across the membrane, 
the model describes the experimental data quite well and is suitable for 
modelling membrane reactors with APTES-PA membranes. Fig. S12 
shows the comparison of the parity diagrams for the retentate and 
permeate outlet streams. The excellent agreement of the model with the 
experiments indicates that there was practically no accumulation of 
components within the membrane reactor and that the mass balances for 
the components were closed. 

More detailed comparisons for the methanol volume flow rates 
achieved are shown by histograms in Fig. 10. The ratio between the mass 
of catalyst in the membrane reactor and the total volume flow rate (W/ 
ɸ) is used for the plot. For 60 g catalyst for each membrane, the W/ɸ 
ratio was 20 and 30 g min/l for 3.0 and 2.0 Nl/min total flow rate, 
respectively. From the histograms shown, it can be seen that a 10–20% 
higher methanol throughput can be obtained at 250 ◦C and a 5–10% 
higher value at 220 ◦C compared to the reaction without membrane. 
From the calculated results of the methanol flow rate for the model with 
and without membrane, the influence of the membrane on the increase 
in methanol production becomes clear. On average, the experimental 
values for the volumetric methanol permeate flux are 15% lower than 
the values predicted by the model. A higher deviation of 30% occurred 
at experimental conditions of 250 ◦C and a flow rate of 2.0 l/min. The 
fact that almost the entire initial feed stream permeated through the 
membrane under these conditions did not agree with the model pre
diction, leading to the final discrepancy. Furthermore, the combination 
of catalyst and membrane can increase the methanol permeate flow rate 
by about 20–40% compared to the inlet methanol flow rate. The lower 
improvement of 10% at 250 ◦C and 2.0 l/min feed flow rate can also be 
attributed to a higher total permeate flow rate at these experimental 
conditions. 

The methanol yield (YMeOH), selectivity of MeOH (SMeOH) and CO2 
conversion (XCO2) definitions are given in supporting information 
(Section 11). The experimental and model yields with and without 
membrane are shown in Fig. S14. For comparison, a yield corresponding 
to the input composition that would be obtained in a fixed-bed reactor 
used before the membrane reactor in a realistic environment is also 
shown. Similar to the methanol flow rate (Fig. 9), the model prediction 
overestimates the influence of the membrane compared to the experi
mental data. The increase in yield predicted by the model compared to 
the model results without the membrane is similar to the increase in 
methanol flow rate in Fig. 9. The model predicts a greater improvement 

Fig. 8. Selectivities of BTESE membrane.  

Table 5 
Testing conditions and factor F to adjust permeabilities for modelling catalytic 
MeOH production in a membrane reactor.  

Membrane pret bar pperm, bar F Exp. sequence 

APTES-PA 80 50 0.64 Cat. → Perm. 
SPEEK-PI 80 60 0.48 Cat. → Perm. 
BTESE 80 70 1 Only perm.  
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at 250 ◦C than at 220 ◦C, although the H2-based selectivity of the 
membrane for the products (H2O and MeOH) decreases with tempera
ture, while the CO2-based selectivities increase with temperature. At 
220 ◦C, a yield of about 30% of MeOH was obtained and almost no 
difference was observed between the two flow rates (20 and 30 g min/l), 
while at a higher temperature, the yield was still close to 30% at 20 g 
min/l, but dropped to 25% at 30 g min/l. Here the yield was not much 
better compared to the yield that would be obtained in a fixed bed 
reactor before the membrane reactor. In addition, a much larger 
discrepancy was observed between the predicted and experimental 
yields. This could be due to degradation of the membrane during the 
experiment, while also temperature variation and limitation of mass 
transport in axial direction could affect the system. 

4.3.2. SPEEK-PI membrane 
With the SPEEK-PI membrane, the highest TMP that could be 

maintained was 20 bar, with 80 bar on the retentate side and 60 bar on 
the permeate side. This is a 10 bar lower TMP than in the case of the 
APTES-PA membrane. The proposed model again shows good agree
ment with the experimental results, as can be seen from the parity plots 
(Fig. 10) of the partial mole fractions for all components involved at all 
four conditions. The values predicted by the model agree well with the 
experiments in the case of H2, CO2 and methanol. Here, the MAPD is 
only 4.1% for CO2 permeate and 11.2% for CO2 retentate. A similar 
deviation is observed for methanol, where the MAPD is 6.7% for MeOH 
retentate and 12.4% for MeOH permeate. A larger error was present in 
the case of CO. The permeate had a MAPD value of 43.6% and the 
retentate of 27.0%. Apart from this, the model is reasonably accurate 
and can be used to describe the membrane reactor. Fig. S13 shows the 
parity plot comparison for retentate and permeate outlet streams. The 
results again confirm a good description of the overall mass balance. 

The calculations for the methanol volume flows and the MeOH yields 
obtained are shown as histograms in Fig. 11 and Fig. S15, respectively. 
From the results presented, it can be seen that the model predicts a 6–9% 
higher methanol flow rate at 250 ◦C and about 3–5% higher values at 
220 ◦C compared to the model results without membrane. For all 
experimental conditions, less than 12% deviation is observed between 
the experimental and predicted values for the permeate methanol 
volumetric flow rate. Experimentally, about 40% higher CO2 conver
sions were obtained at 220 ◦C and about 20% higher conversions at 
250 ◦C compared to the conversions at the inlet of the reactor. Since all 
reactions in the process are exothermic, it is expected that higher CO2 
conversion is achieved at lower temperatures. The conversion achieved 
is slightly better compared to the results with the APTES-PA membrane. 
The comparison of the results of the model with and without membrane 
shows that the calculations for the selective CO2 conversion again agree 
with the calculations of the MeOH permeate fluxes. The experimental 
results deviate from the model results by less than 15%, and the devi
ation is even smaller at 220 ◦C with less than 6%. At 250 ◦C, the dif
ference is about 10–15%. 

Fig. 9. Comparisons of MeOH permeate flows for catalytic tests with APTES- 
PA membrane. 

Fig. 10. Parity diagram of the partial fractions for catalytic tests with SPEEK-PI membrane.  
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The methanol yield is shown in Fig. S15. According to the model, a 
relatively small increase in yield can be obtained when the membrane is 
used at 220 ◦C. At a lower W/ɸ the yield is 3.2% greater and at a higher 
W/ɸ the improvement is 4.8%. A greater effect of the membrane is 
observed at a higher temperature (250 ◦C), where a 9.4% improvement 
in yield can be obtained at 30 g min/l and at 20 g min/l the yield would 
be 6.1% better according to the model results. However, the overall 
difference between the model and experimental results is greater than 
this relatively small improvement in methanol yield predicted by the 
model. It is evident that the experimentally determined yield was 
greater at lower temperatures and that the values calculated by the 
mathematical model and the experimentally determined values are 
relatively close at this temperature. At higher temperatures, the differ
ence between the model and the experimental results is greater and the 
model overestimates the yield in both cases, with and without the 
membrane. 

4.3.3. BTESE membrane 
For the BTESE membrane, the experiments for the catalytic process 

were not carried out because there was a problem with the reduction 
process. As this was the first membrane in line for catalytic testing, it was 
later found that a longer reduction time should be used during the first 
run. When the reaction process started in the membrane reactor, pure 
hydrogen was fed into the reactor to initially produce the desired 
pressures on the retentate and permeate sides. Soon after, a sharp rise in 
temperature up to 300 ◦C was observed inside the membrane reactor. 
Since the preparation of the reduced catalyst had not yet been 
completed, the final exothermic catalyst reduction during the main 
process led to the temperature rise. After the system had cooled down, 
the pressure test was performed again and it was found that the mem
brane was damaged due to the excessive temperature, as there was no 
transmembrane pressure difference between the two sides of the 
membrane. 

Simulations were performed according to the proposed model, but 
the conditions used for the BTESE membrane during the permeability 
test were used. For the BTESE membrane this means the lowest TMP of 
10 bar, with 80 bar on the retentate side and 70 bar on the permeate 
side. The evaluations for the methanol volume flows and CO2 yields 
achieved are shown as histograms in Fig. S16 and Fig. S17, respectively. 
From the histograms shown, it can be seen that no significant increase in 
methanol flow rate and not even additional CO2 conversion was ach
ieved with the BTESE membrane at any temperature. This could clearly 
be due to a very low TMP and also the lower MeOH permeance values 
compared to the other two membranes. 

4.3.4. Membrane performance comparison 
The validated membrane reactor model is now used to simulate and 

compare the performance of membranes in a reactor with the same 
geometry as the catalytic tests. A low inlet and retentate pressure is 
chosen (35 bar) and a permeate pressure close to ambient (1.5 bar) to 
obtain a large relative pressure difference that allows more efficient 
product removal at a reasonable WHSV. The input gas (H2/CO2 = 3, 
input temperature = 230 ◦C) is pre-converted in an adiabatic reactor 
(product temperature 252 ◦C) and the composition is simulated with 
Gaseq. The membrane reactor model is isothermal and is set to 230 ◦C. 
The effect of inlet flow rate on CO2 conversion and MeOH flow rate is 
shown in the following figures (Figs. 12 and 13). 

It can be seen that the increase in performance is greatest at a low 
flow rate. However, the inlet flow rate is limited by the flow permeation 
through the membrane and is different for each membrane. It also ap
pears that a very low inlet flux is not suitable as most of the flux is 
permeated and the gas-catalyst contact is very limited, hence the opti
mum in CO2 conversion in the figure below. It appears that the APTES- 
PA membrane performs best, although the model uncertainty is large for 
this membrane. 

5. Conclusions 

The aim of this work was to develop a mathematical model including 
mass transfer including detailed microkinetics for methanol synthesis 
over commercial CuZnAlMg catalysts in a membrane reactor. The ki
netic parameters were first taken from previous studies and adjusted 
according to the results of the reactions in a fixed bed reactor. Two 
active sites were considered. The microkinetic model results agree well 
with the experimental results in the fixed-bed reactor. The microkinetic 
model was then used for mathematical modelling of the membrane 
reactor, also taking into account mass transport through the membrane. 
The permeances of three different membranes were determined by 
optimising the permeance value in the mathematical model to match the 
gas composition on both sides of the membrane in the experiments 
where no catalyst was used. Excellent agreement of the model with the 
experimental values was obtained. Therefore, all the required parame
ters (permeances and kinetic parameters) used in the model were 
accurately determined. The results show that the developed mathe
matical model predicts the membrane reactor performance for the 
APTES-PA and SPEEK-PI membranes quite well and can be used to 
predict the performance or increase the methanol yield in industrial 
reactors. The mathematical model overestimated the methanol yield 
improvements for both membranes. This discrepancy between the 

Fig. 11. Comparisons of MeOH permeate flows for catalytic tests with SPEEK- 
PI membrane. 

Fig. 12. CO2 conversion simulation of the effect of inlet flow rate on mem. 
reactor performance at 35 bar (retentate), 1.5 bar (permeate), H2/CO2 = 3, inlet 
T = 230 ◦C. The dots represent the points with 100% flow of the permeate. 
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model and the experiments can be explained by the gradual degradation 
of the membrane over time, while nonisothermicity and impact of axial 
mass transport limitation is not dismissed. It was observed that after 
conducting the experiments, the nitrogen flux through the membranes 
was greater than when they were first used. Nevertheless, the detailed 
microkinetic mathematical model developed in this work can be used to 
predict the behaviour of membrane reactors for methanol synthesis 
using APTES-PA, SPEEK-PI and BTESE membranes, for scale-up and 
optimisation of reactors, since the reaction mechanism, the kinetic pa
rameters for elementary reactions and the permeances of the mem
branes have been accurately determined. 
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