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ABSTRACT: The technical and economic feasibility of a hybrid separation process in which gas separation membranes are
combined with conventional distillation are assessed for the separation of ethylene from ethane and of butadiene from a C4-
mixture. The potentials for increased energy efficiency and debottlenecking were determined in relation to the required
membrane performances. The energy saving potential for the separation of ethylene from ethane is rather low owing to the
required very high membrane selectivity. Energy savings can be expected when the membrane selectivity for ethylene is >60.
However, the possibility to increase the column capacity in an existing plant by using a membrane is very high. This can become
economically attractive if the membrane has a selectivity for ethylene of ≥10. In the case of butadiene separation, the energy
savings can be as high as 30% depending on membrane selectivity and process configuration. This high value can be reached
when the membrane selectivity for butadiene relative to saturated hydrocarbons equals 15. Again, an increase in the production
capacity of butadiene can be achieved in an economic viable fashion.

1. INTRODUCTION
Olefins, such as ethylene, propylene, and butadiene, are among
the most produced intermediates in the petrochemical industry.
They are produced from a wide range of hydrocarbon
feedstocks (ethane, propane, butane, naphtha, gas oil) via a
cracking process (Figure 1). The last step in this process is the
separation of olefins from other hydrocarbons, which is
traditionally performed with distillation. As the physicochemical
properties, such as volatility and boiling point, of the
compounds are very similar, the purification becomes capital
and energy intensive. For example, the top of an ethylene/
ethane distillation column needs to be chilled to −30 °C which
requires large amounts of refrigerant. The separation of
butadiene from the C4-fraction requires the aid of an additional
solvent. This solvent has to be regenerated at the cost of
additional high temperature steam. To overcome these
separation disadvantages, different separation methods have
been investigated and proposed in recent years. Suggested
options are based on better heat integration of the overall
process, or on novel separation systems such as heat integrated
distillation columns1 (HIDiC), dividing wall columns2 (DWC),
membrane separation,3−6 adsorption−desorption systems7−11

or on hybrid separation methods, for example, distillation
combined with membrane separation.12

The focus of the current paper is the integration and
combination of membrane-based gas separation with conven-
tional distillation. The aim is to find the minimum required
membrane performance, like selectivity and permeability, for an
economically attractive process. In addition, options to
debottleneck existing olefin/paraffin separation systems will
be investigated. The increased energy efficiency, in comparison
with the state of the art separation, will be taken as a figure of
merit. The separation of ethylene from ethane and butadiene
from a C4-mixture are considered as the most representative
separation cases. The case of propylene/propane separation is

not considered due to mild temperatures (∼30 °C) at which
this column is typically operated. At these temperatures usually
no exergy is required. However, this does not mean that
membrane integration in a propylene/propane splitter is not
feasible. Kookos13 has shown already that an annual cost
reduction of 17% is possible. In addition, the conceptual
findings published here for the ethylene/ethane separation case
are also applicable for the separation of propylene/propane, as
both cases have similar characteristics.
Several studies, available in the open literature, have shown

that the combination of membranes with distillation in a C2-
splitter can lead to significantly reduced investment (∼67%)
and operation (∼14%) costs.16 In these studies, the transport
mechanism through the membrane is facilitated by silver ions,
and high membrane selectivities (up to 374) and reasonable
permeance (up to 1.1 × 10−7 mol·Pa−1·m−2·s−1) have been
reported.17 These membrane performances are required to
reach the impressive cost reductions. However, practical
implementation of facilitated transport membranes is limited
due to poor stability. Especially, the Ag+ ions can react with
impurities from the feed. For example, H2 gas can reduce the
Ag+ ions and precipitate it as metallic silver and sulfuric and
acetylenic compounds can react irreversible with Ag+ and form
solid precipitates. Especially the formation of silver acetylides is
undesired as these compounds are shock-sensitive and may
detonate.18 These negative side effects of facilitated transport
membranes require the development of membranes with
selectivity based on a distinct separation mechanism that
ensures the long time stability of the membrane. Caballero19

proposes a programming approach to optimize and retrofit a
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hybrid design for ethylene/ethane separation. They consider a
membrane type based on a simple diffusion mechanism and a
selectivity-permeance relationship for ethylene/ethane de-
ducted by Fuertes and Menendez.20 The conclusion was that
a hybrid system can lead to an energy saving of up to 30% in
the condenser and that this creates opportunities to retrofit an
existing C2-splitter. However, they did not take into account
that a significant part of these savings has to be spent on the
compressor in the permeate stream. An alternative approach
can be found in the debottlenecking of an existing industrial C2-
splitter.21,22 This aspect has been evaluated and is presented in
this paper. In addition, we determined the required membrane
selectivity, at fixed ethane permeance, for an economically
attractive industrial hybrid process for debottlenecking
purposes.
The same question arises for the separation of butadiene

from the C4-fraction with the aid of a membrane. For this
process, the application of membranes is seldom discussed and
presented in the open literature. Only a few isolated permeation
measurements on polymeric membranes of butadiene and n-
butane have been reported.23,24 In addition, the butadiene
extraction process has been continuously improved without
considering the application of membranes.25 Effective improve-
ments were the utilization of a more selective solvent for the
extraction of butadiene,26 and/or more efficient heat
integration within the process. N-methyl-2-pyrrolidone
(NMP) was first proposed as a solvent in 1970 by Wagner,27

and used commercially by BASF. A recent, technological
breakthrough is the application of DWC, which is an alternative
to the two conventional columns in series process. The

reported benefits of DWC are savings of 20% in capital cost and
16% savings in energy cost.2,25

2. METHODOLOGY

Combinations of distillation and membranes leads to a large
number of options due to many degrees of freedom related to
the location where the retentate and/or the permeate stream
are fed to the column, and/or the location where the feed
stream to the membrane is extracted from the column. The
optimal process layout of such systems has been studied
extensively, and various design methods have been pro-
posed.13,28,29 In this work, we have used Aspen Plus simulation
software to design the reference separation case. Further, we
have employed a discrete optimization technique to find the
optimal integration of the membrane and the base case process.
With this method, basically the whole solution space has been
explored to ensure that the global minimum was found. Several
simulations and optimization steps of the integrated process
were performed for different membrane selectivities. The
relevant results of the simulations are presented in the following
chapters. In the case of the separation of ethylene/ethane, the
possibility of capacity increase was investigated. In the case of
butadiene extraction, various hybrid process configurations
have been analyzed to determine the effect of membrane
selectivity on energy savings.

2.1. Membrane Modeling. Many models are available that
describe the transport through a gas separation membrane.30−32

These models differ in degree of complexity at different scale.
The most commonly used models for process flow sheeting are

Figure 1. Simplified process flow diagram of an olefin plant with front-end demethanizer14,15.
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those based on a counter-current flow pattern, thus ensuring
the highest driving force along the membrane and the lowest
membrane surface area. For the sake of simplicity, we have
described the membrane behavior with a semiperfect mixing
model, which is sufficiently precise for the current assessment.
In this model, the feed side composition is considered to be
constant at the average of the feed and the retentate stream,
while the permeate side of the membrane is assumed to be
perfectly mixed. A schematic representation is presented in
Figure 2. The simplicity and fair accuracy of this model makes it

well suited for estimation purposes in process simulations and
optimization. The estimated membrane surface area with this
model is a maximum 10% higher than that calculated with a
more rigorous model, for example, counter-current.
In the following transport equation trough, the membrane is

given by relation 1 and the mass balances by relations 2−5.

= −Px Q A P x P x( )i i i iP, m R mR, P P, (1)

= +Fx Rx Pxi i iF, R, P, (2)

= +x x x0.5( )i i imR, F, R, (3)

∑ =
=

x 1
i

nc

i
1

R,
(4)

∑ =
=

x 1
i

nc

i
1

P,
(5)

Throughout this paper, the membrane selectivity is defined as
the ratio between the permeance of component i and the
permeance of reference component k. For example, in the case
of ethylene/ethane separation the reference component is
ethane since the membrane is considered to be selective for
ethylene.

α =
Q

Qi k
i

k
,

(6)

Further, the ratio between the retentate pressure (PR) and the
permeate pressure (Pp) was set to 4 for all cases. This factor has
been selected to allow for the use of a one-stage compressor to
recompress the permeate stream.
2.2. Membranes for Ethylene/Ethane Separation. One

of the first experimental gas separation measurements on
ethylene/ethane separation on various polyimide membrane
was reported by Hayashi et al.3 They have measured permeance
values for ethylene between 2 × 10−9 and 1 × 10−8

mol·Pa−1·m−2·s−1 and selectivities between 4.5 (at 100 °C)
and 6.9 (at 35 °C) on a membrane with thickness of ∼5.5 μm.
At lower temperatures they have obtained higher selectivities,
which is a good trend considering that the ethylene/ethane
separation occurs at cryogenic temperatures. However, no

experimental data of ethylene selectivity, at cryogenic temper-
atures, have been reported up to now. A few years later, Fuertes
and Mendenez20 made an extensive study on the optimization
of carbon membranes for ethylene/ethane separation. Selectiv-
ities between 2 and 11, and permeances around 10−7

mol·Pa−1·m−2·s−1 were obtained. In addition, they have
collected from literature various membrane data, and together
with their results they represented the data in a Robeson plot.
On the basis of this information they deduced an empirical
trade-off relation between the ethylene/ethane selectivity and
ethylene permeance. Recently, Xu et al.33 published a slightly
higher selectivity ∼12 (at 35 °C), in combination with a very
low ethylene permeance of 8.4 × 10−11 mol·Pa−1·m−2·s−1 for a
carbon molecular sieve hollow fiber membrane based on
Matrimid.
Considering the existing membrane performance data for

ethylene/ethane separation, we have assumed a membrane with
typical ethylene permeance of 7.0 × 10−9 mol·Pa−1·m−2·s−1 and
ethane permeance of 1.6 × 10−9 mol·Pa−1·m−2·s−1 (αC2H4,C2H6

=
4.4). Additional calculations are performed at higher ethylene
permeance and fixed ethane permeance. The purpose is to find
out the minimum required membrane selectivity that leads to
an economically attractive hybrid process.

2.3. Membranes for Butadiene Separation. Okamoto et
al.23 published ideal selectivities ranging from 30 to 200 for the
separation of 1,3-butadiene from n-butane, and 1,3-butadiene
permeances ranging from 10−10 to 10−8 mol·Pa−1·m−2·s−1

depending on the membrane material at a membrane thickness
of 5.5 μm. For mixed permeation tests, due to plasticization
effects caused by 1,3-butadiene, the selectivity reduces with a
factor between 3 and 6 when compared to ideal measured
selectivity. In the current study, these later data were used as a
starting point to generate the permeances of all, more than 15,
components that are present in the C4-fraction. For most of
these compounds, no experimental permeation data are
available in the open literature. Permeation values were
estimated by grouping the components based on their Bunsen
solubility in NMP (see Table 1). Subsequently, the same

Figure 2. Schematic diagram of the semiperfect mixing model.

Table 1. Groups, Components and Permeances in Butadiene
Separation

group component
bunsen solubility in
NMP, 27 m3

gas/m
3
liq

permeances,
mol·Pa−1·m−2·s−1

saturated paraffins
(SP)

n-butane <10 4.96 ×
10−9

4.96 ×
10−9

mono-olefins
(MO)

iso-butylene 15−25 9.91 ×
10−9

9.91 ×
10−91-butene

trans-2-
butene

cis-2-butene

di-olefins and
acetylenes
(DOA)

1,3-
butadiene

41−226 7.43 ×
10−8

5.95 ×
10−7

methyl
acetylene

ethyl
acetylene

vinyl
acetylene

αDOA,SP 15 120
αDOA,MO 7.5 60
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permeance was assigned to each member of a specific group.
For the group containing diolefins and acetylenes (DOA),
which includes butadiene, a permeance of 7.43 × 10−8

mol·Pa−1·m−2·s−1 was estimated based on the measurements
by Okamoto. Consequently, for the saturated paraffins (SP),
including n -butane, a permeance of 4.96 × 10−8

mol·Pa−1·m−2·s−1 is assumed, by considering a selectivity of
αDOA,SP = 15. This value is on the low side of the measured
range by Okamoto. Apart from this low selectivity scenario, also

a high selectivity case was investigated with αDOA,SP = 120. No
permeance data for the various mono-olefins were found, and
we were forced to make an educated guess on the basis of
selectivity ratios found in the current extractive-distillation
process. We decided to relate the permeance of all mono-
olefins to that of the permeance used for the saturated paraffins
and to use a fixed selectivity of αMO,SP = 2. The two sets of
permeances, at which the evaluation will be performed are
summarized in Table 1. The main task of the membrane is to

Figure 3. Ethylene fractionatorBase case.

Figure 4. Hybrid configurations in ethylene/ethane separation: (a) membrane in upstream; (b) membrane in downstream.
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allow butadiene to pass the membrane while rejecting, in first
instance, the mono-olefins and then paraffins.

3. RESULTS AND DISCUSSION

3.1. Ethylene/Ethane Separation. The technology
typically used to perform this separation, after acetylene
hydrogenation in an olefin plant, is high-pressure fractionation
(see Figure 1) rather than a direct heat-pump assisted method.
The preferred process as described by Zimmerman and Walzl,15

has been taken as the base case (Figure 3). The typical feed
contains 85 wt % ethylene, and enters the distillation column at
−18 °C and 20 bar. The column is designed to produce
polymer grade ethylene (99.95 wt %) with an ethylene recovery
of 99.9%. In our analyses, the column was operated at constant
pressure of 20 bar on every tray. This leads to a temperature in
the top equal to −29 °C, at which the vapors are condensed in
the condenser. In the external refrigeration cycle, the propylene
is compressed in two stages with intermediate cooling in H100
using water, and in the column reboiler using liquid ethane (see
Figure 3). The compressors C100 and C101 act as indirect heat
pumps, shifting thermal energy from the condenser to the
reboiler. Before storage, the ethylene is expanded from 20 to 15
bar. The ethylene vapor formed during this expansion is
condensed in a separate second refrigeration cycle that also uses
propylene.
The design of the base case column leads to 100 sieve trays,

with the first tray being the condenser and the last tray the
reboiler. More trays do not lead to a significant decrease in
condenser duty and operation costs. The optimum feed tray is
no. 82. For an ethylene production capacity of 460 kt/yr, the
column diameter is 3.65 m. The mass reflux ratio of the column
is 4.23, and condenser and reboiler duties are 27.3 MW and
20.9 MW, respectively. The total compressor power needed for
C100 and C101 in the refrigeration cycle is 11.7 MW, and in
the second refrigeration cycle (C102) is 0.3 MW. These
estimated values at base case conditions are consistent with
those presented by Zimmerman and Walzl.
To reduce the energy consumption in the current

fractionator, two basic hybrid process schemes were identified
(Figure 4). For sake of simplicity, the refrigeration cycles shown
in Figure 3 are not shown in these schemes. In the first process,
the membrane is located upstream. The initial mixture is first
fed to the membrane unit and both the permeate and the

retentate are subsequently injected at different locations into
the column. In the second option, the membrane is located
downstream from the column and a side stream is taken from
the column and fed to the membrane unit. Again the permeate
and the retentate streams are returned to the column. The
design challenge is to find the optimal locations to feed the
permeate and retentate streams to the column and to extract
the side draw for the second option. These locations will
depend on component permeances and membrane selectivity.
For example, for a highly selective membrane, the permeate
stream may meet the imposed ethylene purity and can be
directed to the ethylene storage vessel straight away, leading
modified process schemes from that presented in Figure 4a. In
general, the permeate stream can be injected to a location
nearer to the top if it is purer, that is, if the membrane is more
selective. Similarly, the optimal feed tray for the retentate
stream will shift toward the bottom of the column if the ethane
has a higher purity. As the membrane takes over part of the
separation task and the column acts more as a polishing step for
the product purity, the condenser duty and the reflux ratio will
reduce. Consequently, energy efficiency of the overall process is
expected to increase. Alternatively, this method can be used in
debottlenecking an existing C2-splitter. For example, Bernard et
al.22 describe the case of Nova Chemicals in Corunna (Canada)
where they sought an increase in capacity with 25%. A solution
to a similar problem has been proposed by Ronczy21 by
introducing a second distillation column to debottleneck the
C2-splitter.
To limit the optimization effort, for evaluation purposes, we

are considering only the process presented in Figure 4a. This
scheme is a specific case of the process shown in Figure 4b
when the side draw location of the stream entering to the
membrane is the same with the optimal feed location to the
column. Because we have a high ethylene concentration in the
feed, the most likely configuration in Figure 4a will be the
optimal or near to optimal solution if the configuration in
Figure 4b would be optimized (see rigorous optimization
results of Kookos,13 feed to column on tray 120 and side draw
from tray 123; or Caballero et al.,19 feed to column on tray 40
and side draw from tray 37).
The sensitivity analysis was performed by performing several

optimizations with membranes having an ethylene permeance
ranging from 7.0 × 10−9 to 4.8 × 10−7 mol·Pa−1·m−2·s−1 and a
constant ethane permeance of 1.6 × 10−9 mol·Pa−1·m−2·s−1. At

Figure 5. (a) Operation cost, only electricity and cooling water, and (b) total capital investment per capacity of ethylene produced vs ethylene
permeance. The dots and squares indicate at which ethylene permeance the hybrid system was optimized.
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each optimization, the optimal membrane stage cut, retentate,
and permeate feed tray was determined by employing a discrete
optimization technique. This consists of performing consec-
utive simulations for every possible combination among all
three decision variables by using the sensitivity tool in Aspen
Plus. The continuous decision variable, the membrane stage
cut, was meshed in several values within a reasonable range and
discretization step. The feed locations of permeate and
retentate streams were limited to be within a specific range of
trays located in the vicinity of the tray that has a vapor
composition close to the composition of the respective stream.
Optimization of the system shows that condenser duty

decreases linearly with an increase of ethylene permeance
(selectivity). However, to ensure that the permeate stream is at
the same temperature and pressure as the vapor on the trays
where it is fed, energy is required for C103 and H100, reducing
the total efficiency gain. Figure 5a shows that the costs of the
base case and the hybrid system are equal at an ethylene
permeance of ∼10−7 mol·Pa−1·m−2·s−1. Under our current
assumptions, this corresponds to a membrane selectivity of
∼60. Higher values result in a reduction of the operation cost
with respect to the base case.
The total capital investment in the membrane system,

including the one stage membrane module, compressor C103,
and heat exchanger H100 is presented as a function of the
ethylene permeance in Figure 5b. This graph shows that the
relative investment in the membrane system used in hybrid
configuration is cheaper than a new distillation column when
the ethylene permeance ≥1.6 × 10−7 mol·Pa−1·m−2·s−1. If the
membrane system is assumed to be 50% cheaper than the
nominal value assumed in this work, which may be considered
as a very conservative membrane price assumption, than the
ethylene permeance can be ≥1.2 × 10−7 mol·Pa−1·m−2·s−1. If
these conditions are met by the membrane it means that it is
better to invest in a membrane hybrid system rather than using
a second deethanizer to debottleneck the separation. As the
hybrid system allows for a larger production capacity, the
estimated capital investment of the membrane system is
recalculated to extra production capacity when compared to
the base case capacity. Figure 6a shows the dependence of
capacity increase of a hybrid system on ethylene permeance (or

selectivity). The capacity of an existing C2-splitter can be almost
doubled depending on membrane performance.
To assess the economic attractiveness of the investment in

the membrane system for the required increase in the ethylene
production capacity, the payback period (PBP) is selected as an
indicator. This represents the time needed to recover the
investment made in the membrane system only. The PBP is
calculated by dividing the investment by the net income of the
additional sales of ethylene. The required investment in the
membrane system is estimated in the current study. The net
income, however, is much harder to assess, as it depends on the
market price of ethylene and other (by)products, and on the
investment and operating costs of the entire plant (see Figure
1). As this is outside the scope of the current paper, we are
using the calculation results presented in the book of Peters et
al.34 They report a net income on the sale of ethylene of 32% of
the market price. To validate this very high value for a
commodity product, we compared their evaluation of total
capital investment (TCI) with that reported by the technology
vendors (see Towler and Sinnott,35 p 310) for a 500 kt/yr
ethylene plant. The comparison is shown in Table 2. It can be
concluded that the evaluation performed by Peters et al. is
realistic.

At an ethylene market price of 795 €/ton, the net income
under base case conditions is 254 €/ton of the ethylene. We
assume that this value would be the same if a fractionator is
equipped with a membrane system for capacity increase
purposes (see Figure 6a). The additional capacity leads to a
higher income that can be used to pay back the investment in
the membrane system. The payback period can now be
calculated by relation 7.

Figure 6. (a) Ethylene production capacity vs ethylene permeance for base case and the hybrid system. The difference in production capacity
between hybrid system and base indicates the debottlenecking potential of a C2-splitter by using the membranes; (b) Payback period of investment
made in a membrane system to debottleneck a C2-splitter vs ethylene permeance, shown at two different assumed net profits made from additional
ethylene sales due to capacity increase. In both graphs the dots indicate at which ethylene permeance the hybrid system was optimized.

Table 2. Total Capital Investment in an Ethylene Plant

source of data technology TCI, mln USD
TCI, mln USD

(in 2006)

Peters et al.34 ethane/propane
cracking

503.4 (in 2001 when
CEPCI is 394.1)

638.2

Towler and
Sinnott35

ethane/propane
cracking

660.7 (in 2006 when
CEPCI is 499.6)

660.7
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=
−

PBP
TCI

NI(PC PC )hs bc (7)

Figure 6b shows the dependence between payback period
and ethylene permeance for two situations. On the basis of this
figure we can see that a membrane selectivity of 10 would be
enough to recover the investment in 2 years. For the more
conservative estimate of 10% net income, a selectivity of 32
would be necessary. Please note these values are estimated for a
fixed ethane permeance meaning that the dependency between
selectivity and permeance relationship has been ignored. In
other words this means that these evaluations are valid for a
membrane that meets the above-mentioned selectivity and has
an ethane permeance around 1.6 × 10−9 mol·Pa−1·m−2·s−1.
3.2. Butadiene/C4-Fraction Separation. Butadiene is

predominantly produced from the “C4-fraction” coming from
the debutanizer as shown in Figure 1. Currently, the
commercial technologies for butadiene recovery are based on
extractive distillation. These technologies differ mainly in the
applied solvent for the selective removal of butadiene from the
mixture of hydrocarbons with the typical butadiene composi-
tion of 45 wt % presented. In this study, the BASF−NMP
process was selected as the base case (Figure 7). In this process,
the solvent is a mixture of NMP and 8.3 wt % water. Water
increases the selectivity for butadiene.

The liquid C4-fraction at 4.5 bar is vaporized in H100 before
it enters T100 at the bottom. The vaporized C4-fraction
contacts in counter-current the solvent that enters at the top of
the column. The more soluble components, that is, butadiene
and acetylenic impurities, leave the column at the bottom and
are fed together with the NMP to T101, where the solvent is
recovered from the valuable products. The less soluble
compounds leave the column from the top. The composition
of the top product from T101 is roughly the same as that of the
fresh C4-fraction and is recycled to the bottom of T100. This
recycle stream is about 80% of the original feed. The main
design specification of the T100 is to keep the butadiene
concentration in Raffinate-1 below 0.2 wt %. This is reached at

a NMP mass flow rate of almost 6 times that of the total
bottom feed to the column. At higher solvent flow rates to
T100, the butadiene loss via the top of T100 is smaller.
Butadiene with a 97 wt % purity and at a recovery rate of 99.5%
is withdrawn from T101 as a side stream. This side stream is
contacted again with NMP in T102 to remove 99.5% of the
vinyl acetylene, the last remaining impurity. The removal of
vinylacetylene with a solvent is needed since it is a close boiling
component with butadiene, and it will be difficult to remove it
further via distillation. The vinyl acetylene recovery from the
solvent is not represented in the simplified process flow sheet
of Figure 7. First estimations indicate that the energy
requirements for this separation step are much smaller than
the separation of butadiene from NMP.
Considering the above design specifications and the feed

composition of C4 fraction, the calculated reboiler duty in T101
is 33.6 MW for a butadiene production capacity of 100 kt/yr.
This value is equivalent with consumption of 4.2 tons of steam
at ∼190 °C for every ton of butadiene produced.
One of the obvious measures to reduce the energy

consumption is to reduce the amount of solvent required by
the process. A major part of this solvent is evaporated in the
reboiler to release the butadiene and other dissolved hydro-
carbons. In addition, the high boiling temperature NMP (204
°C at 1 atm) requires the use of expensive high temperature
steam. The results of the base case simulations show that 92%
of the solvent is used in T100 and here the main reductions in
solvent usage can be achieved. A first method to achieve this is
by allowing a higher butadiene concentration in the top,
followed by a membrane separation unit to prevent the
unacceptable loss of butadiene (Figure 8a). A second option is
to place a membrane unit upstream in the feed line to reduce
the amount of butadiene entering column T100 (Figure 8b).
Another way to reduce the feed flow to this column is by
placing a membrane unit in the recycle from T101 to T100
(Figure 8c). The main difference is that in the process from
Figure 8c the feed to T100 is already in the vapor phase, and
therefore compression is needed to ensure the required driving
force. The process shown in Figure 8d is a combination of
processes b and c. The design specifications used to design the
membrane unit for every case are as follows: for option A the
feed and permeate pressure is 20 and 1 bar, respectively;
butadiene concentration in the retentate stream is specified to
be 0.2 wt %. For options B, C, and D the feed pressure to the
membrane is specified at 20 bar and permeate pressure is equal
to the pressure in the T101 column. In these options it is
specified that the butadiene cut across the membrane is 0.5,
where butadiene cut is the ratio of butadiene flow in permeate
divided by the butadiene flow in the feed.
The results of the process simulations with the two different

membrane selectivities from Table 1, are summarized and
compared with the base case in Table 3. All membrane assisted
processes result in a reduced primary energy demand, which is
dependent on the membrane selectivity and on the process
configuration. Process configuration A leads to the largest
savings of ∼30% for the highly selective membrane case. For
membranes with a low selectivity, configurations B or D are the
most promising scheme with a savings potential of ∼23%.
These results show that a highly selective membrane does not
lead to a much higher energy savings potential. In addition, the
membrane containing options, compared to the base case, lead
to smaller column diameters and consequently to a lower
capital expenditure for new plants. The reduced costs will be

Figure 7. Simplified flow diagram of the BASF−NMP butadiene
extraction process (the bold line shows the butadiene path in the
process).
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partly used for the membrane unit. For existing plants,
integration of membranes within the process can be an
attractive solution for butadiene capacity increase, similar as in
the ethylene case. The simulation results also show that for a
single plant with capacity of 100 kt/yr of butadiene, and under
the current assumptions, the required membrane area will not
exceed 3000 m2.

4. CONCLUSIONS

In this work the technical and economic feasibility has been
investigated of membrane application in ethylene/ethane
separation and butadiene separation from the C4-fraction in
an olefin plant. The results reveal that the membrane combined
with the existing separation process leads to reduction in energy
consumption in both existing and new plants. In the case of
ethylene/ethane separation the energy savings are possible if
membrane selectivity for ethylene is > ∼60. For this application
the higher the selectivity the more energy can be saved. To
reach ∼20% increase in the energy efficiency a selectivity of
∼275 is required. This value is over 20 times the highest value

reported in the literature, and is unlikely to be met in the near
future. However, an interesting application of membranes in
ethylene/ethane separation is the debottlenecking of an existing
column. In this case a membrane selectivity of ∼10 is sufficient
for an economically attractive process.
In contrast with the C2-splitter, high selectivity is not

required for the separation of butadiene from a C4-mixture. The
simulation results show that a membrane selectivity of 7.5 for
the separation of butadiene from mono-olefins leads to ∼23%
reduction in energy consumption. The optimal location for the
membrane is upstream of the first distillation column. When
the membrane selectivity is increased to 60 the estimated
energy savings are ∼30%. This time, the most profitable process
scheme is to locate the membrane downstream from the main
wash. Similar as in ethylene/ethane separation, in butadiene
separation, it is also possible to increase the production capacity
of butadiene when membranes are used in combination with an
existing process.

Figure 8. Hybrid membrane configurations for the butadiene extraction process (the brown line shows the butadiene path in the process).

Table 3. Results of Simulation for Butadiene Extraction Processa

comparison criteria base case option A option B option C option D

αDOA,SP 7.5 60 7.5 60 7.5 60 7.5
Energy Use

steam (195 °C in reboiler of T101), [MW] 33.58 30.72 22.09 26.02 24.84 28.98 28.40 24.70
total electricity, [MW] n.a. 0.91 0.59 0.03 0.03 0.54 0.47 0.65
total membrane area in M100, [m2] n.a. 2728 322 1333 237 1159 224 2690
specific primary energy, [GJ/ton butadiene] 9.75 9.51 6.78 7.55 7.20 8.75 8.53 7.56

an.a. = not applicable; T100, T101, and T102 have 45, 35, and 20 theoretical stages (incl. condenser and reboiler).
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■ APPENDIX
Energy Type Transformation
For translation of secondary energy type (steam and electricity)
to primary energy type (e.g., natural gas) the coefficient of 1.05
is used for steam and 2.33 for electricity.
Utility Cost
The following cost of utilities are used to evaluate the operation
costs: cooling water, 0.05 €/m3 (or 1.19 €/GJ); electricity, 0.07
€/kWh (or 19.44 €/GJ); refrigeration at −20 °C, 5.68 €/GJ;
refrigeration at −29 °C, 9.13 €/GJ; refrigeration at −39 °C,
13.50 €/GJ;

Equipment Cost
The cost estimation of equipment is based on a module costing
technique and relations published in ref 36. The Chemical
Engineering Plant Cost Index of 580 is assumed. Columns are
assumed to be equipped with sieve trays. All heat exchangers
are assumed to be of fixed tube type. Centrifugal pumps and
compressors have been applied. Carbon steel is considered as
material of construction for all the above mentioned equip-
ment. The installed cost of a membrane module has been
assumed to be 1600 €/m2, including all costs associated with
membrane operation (e.g. replacement, maintenance, etc.).
List of Symbols
P = permeate flow rate out of the module, mol/s
F = feed flow rate to the membrane module, mol/s
R = retentate flow rate out of the module, mol/s
Am = membrane area, m2

Qi = permeance of component i trough the membrane (in a
mixture), mol/(Pa·m2·s)
PR = pressure on the retentate side of the membrane, Pa
PP = pressure on the permeate side of the membrane, Pa
xmR,i = average mole fraction of component i on the retentate
side, mol fr
xF,i = mole fraction of component i in the feed, mol fr
xR,i = mole fraction of component i in the retentate, mol fr
xP,i = mole fraction of component i in the permeate, mol fr
nc = number of components, i = 1, 2, ..., nc
NI = net income from ethylene sales, €/ton ethylene
PChs = production capacity at hybrid system conditions, kt/
yr
PCbc = production capacity at base case conditions, kt/yr
TCI = total capital investment in the membrane system, k€
CEPCI = chemical engineering plant cost index
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