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1 INTRODUCTION 
ABSTRACT 
The term carbon dioxide capture and storage (CCS) refers to a range of technologies that can 
reduce CO2 emissions from fossil fuels enabling the continued use of this fuel type without 
compromising the security of electricity supply. The technologies applicable to CCS differ in 
many key aspects; the stage of the electricity generation process at which the CO2 is captured, 
the CO2 capture process, efficiency, availability and matureness of the technology. The 
integration of these technologies into power plants results in a reduction in power generation 
efficiency, which remains one of the major issues for the commercial implementation of CCS. 
Among the possible technologies, the focus of this thesis is on post-combustion capture as it is 
a known technology, is readily available and it can be retrofitted to existing power plants. This 
thesis is concerned with the development of new carbon capture processes that require less 
energy for CO2 separation and are, at the same time, more environmentally friendly. 
Prior to the development of any new process, the current state of the art needs to be analysed 
and updated in order to set realistic targets for the new technology and benchmark the 
potential of the newly developed processes. Therefore, part of the work of this thesis is a 
thorough benchmarking exercise in which updated baselines for the performance of 
conventional post-combustion capture processes are given. 
The new process concepts developed in this thesis are based on the combination of enhanced 
absorption and enhanced desorption, two effects encountered in capture processes that are 
based on precipitating amino acid solvents. For this purpose, the conceptual design 
methodology has been followed with a specific target of energy reduction set to (at least) 30% 
of a conventional MEA process. 
  



Introduction 
 

 

2 

1.1 Carbon Capture and Storage: An option to mitigate global climate change 

The mitigation of CO2 emissions is a matter of urgency and concern worldwide since it has been 
linked to global warming and climate change [1, 2]. The energy generation sector, from which 
85% of the overall world energy usage depends on fossil fuels, accounts for 41% of global 
carbon emissions [3]. Although there is significant concern about the increasing amount of CO2 
that will be emitted, fossil fuels are foreseen to remain the dominant energy source for the largest 
part of the 21st century [4]. CO2 emissions from fossil fuels are directly linked to the efficiency of 
energy conversion. This efficiency is improving with the development of advanced combustion 
and gasification technologies [5-8]. However, the potential improvements are not sufficient to 
abate CO2 emissions drastically. On the other hand, alternative or renewable energy sources still 
have fundamental hurdles to overcome, such as providing sufficient amounts of base-load 
electricity generation, in order to displace fossil-fuel power. 

The term Carbon dioxide Capture and Storage (CCS) refers to a range of technologies that can 
reduce CO2 emissions from fossil fuels in order to bridge the gap presented by switching from 
our current fossil-fuel dependency to a low-carbon energy generation. For instance, a recent 
study states that the application of CCS technologies in Europe could abate 47% of total 
European CO2 emissions (2 Gt CO2 in 2007) by 2030 [4]. Therefore, applying CCS is considered 
a promising strategy to reduce CO2 emissions while enabling the continued use of fossil fuels and 
without compromising the security of electricity supply. Within the European Union, it is 
foreseen that CCS will be implemented, along with high use of renewable energy, in order to 
achieve the long term target of greenhouse gas emissions reduction of 80-95% by 2050 [9]. 

CCS requires the formation of a pure CO2 stream (CO2 separation), transportation and long term 
storage in deep reservoirs underground. The characteristics of each of these steps and 
interconnections between them can be found in reference books [10-12]. The multiple technology 
options applicable to CCS have also been extensively documented in technical and economical 
reviews [13-15]. The technology options, illustrated in Figure 1.1, are generally grouped under 
three different capture strategies: post-combustion capture, pre-combustion capture and oxyfuel 
combustion. 

Post-combustion capture (PCC) refers to the partial removal of CO2 from flue gases produced by 
combustion of fossil fuels in boilers (in the case of coal fired stations) or in gas turbines (in the 
case of gas fired stations). The books by Woodhead Publishing Ltd [11] and Rackley [10] present 
a concise overview of the technology options for PCC. Their future implementation is related to 
efficiency and state of technology development. The reviews of Wang [16] and Olajire [17] 
summarise the options, developments and progress in PCC. Absorption processes with chemical 
solvents are currently the most used technology. These processes are efficient compared to other 
PCC processes, have been proven at commercial stage for CO2 separation from natural gas and 
offer the possibility to retrofit existing coal power plants without severe modifications in their 
configuration. Other post combustion capture processes that are under development are based on 
membrane separation [18] or adsorption [19]. These technologies have not yet reached the same 
commercial stage as absorption processes. However, several demonstration processes are under 
way [20]. 
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Figure 1.1. Overview of CO2 capture options for the power sector. Typical operating conditions have been 
selected from EBTF [21] and IEAGHG [22]. 

Pre-combustion capture can be applied in coal gasification, which is the necessary step in order to 
use coal fuel in a combustion turbine. Integrated Gasification Combined Cycle plants (IGCC) are 
considered the next step in “clean coal” energy conversion. In IGCC technology, coal is first 
converted into gas using steam and rich oxygen stream. The separation of CO2 takes place before 
the gas is combusted in the gas turbine (GT). The capture technologies are similar to those in 
post-combustion capture. However, the CO2 concentration in the gasifier exhaust gas is 
substantially higher than that in conventional boilers; therefore, the separation of CO2 is more 
efficient. Technology options such as absorption with physical solvents, membranes [23] and 
adsorption are more likely to succeed in this application. Other technologies, such as membrane 
reactors and SEWGS [24, 25], seek the integration of the water shift reactor (reaction that shifts 
the gasifier exhaust gas composition to more CO2 and H2) and the CO2 separation step to improve 
power plant efficiency. Besides a more efficient CO2 separation, the integration with combined 
cycle allows benefit from gas turbine technology advances, which could increase the plant 
efficiency to 60% LHV [7]. These two facts make IGCC plants promising candidates to mitigate 
CO2 emissions in coal power generation. 

Oxyfuel combustion is another option for CO2 abatement. The technology uses a pure oxygen 
stream for coal combustion instead of air, with partial dilution using exhaust flue gas for 
temperature control. Operation has been demonstrated at relatively small scale, producing a raw 
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CO2 product that contains mainly water vapour, oxygen, nitrogen and argon as contaminants. In 
principle, direct liquefaction of this stream will approach near zero emissions (i.e. 100% CO2 
removal). However, it is still uncertain if this possibility will be accepted for transportation and 
injection in deep reservoirs. There are also acid gases in this stream such as SO2, SO3, HCl and 
NOx produced as by-products of combustion and there is debate about necessary purification to 
acceptable CO2 purities [26]. The main advantages of this technology, as highlighted in the 
reviews of Burhe [26] and Wall [27] are the power industry familiarity with the technology 
(implying lower risk than CO2 capture), the fact that it could be allowed in new plant design for 
retrofit at a later time (switch between air-fired and oxy-fired combustion) and the lower NOx 
emissions relative to conventional air-combustion. 

The challenges and barriers for the implementation of CCS technologies are multi-fold. On one 
hand there are economic considerations. The application of these technologies requires a 
substantial investment and has an important impact in the cost and availability of electricity. The 
major hurdle lies in the high energy required for CO2 separation and compression step, which 
decreases the net efficiency of power plants [13]. This justifies the continuous research efforts to 
improve the efficiency of CCS technologies. Moreover, the screening and selection of more 
efficient technologies for implementation requires the definition of baselines to assess their 
technical and economic potential. A great deal of research effort is committed to this [13-15, 21, 
22, 28-31], creating a growing need for harmonizing and reviewing the assumptions taken for the 
technical and economic evaluations of CCS technologies [21] in order to faithfully support the 
technology selection. On the other hand, the impact of CCS on air pollution is a matter of great 
concern. The mitigation of CO2 by a certain carbon capture technology has an effect in the 
emissions of other air pollutants, which can be positive or negative depending largely on the air 
pollutant considered [32-34]. Clarifying the environmental impact of CCS requires a prior 
evaluation of the effect that the different carbon capture technologies may have on air pollution.  

Social acceptance of CCS is another barrier for its implementation. Although there is consensus 
among the research community on the needs and justification of CCS, many of the public are not 
aware of its benefits. The public’s risk perception is frequently based or influence by social and 
cultural factors of human behaviour. Once public opinion is strongly formed, it is very difficult to 
change. Therefore, substantial efforts shall be invested in analysing public’s perception, 
educating and communicating to the public the essence and benefits of CCS [35-38]. 

This thesis addresses the first issue for the implementation of CCS and is concerned with the 
development of new carbon capture processes that require less energy for CO2 separation and are, 
at the same time, more environmentally friendly. Although the lower energy requirements of 
IGCC for capturing CO2 has been established, this technology is not presently competitive on 
cost and on availability with conventional pulverised coal power plants. On the other hand, 
oxyfuel combustion requires an oxygen separation plant that reduces efficiency significantly. 
Therefore, after a brief analysis of the different carbon dioxide capture options, in terms of 
efficiency and environmental aspects, it was decided to focus this thesis on post-combustion 
capture, due to the matureness of the technology and the possibility to retrofit existing pulverised 
coal plants. 
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Prior to the development of any new process, the current state of the art needs to be analysed and 
updated in order to set realistic targets for the new technology and benchmark the potential of the 
new developed processes. This important aspect is also addressed in this thesis. 

1.2 Post-Combustion Capture: Overview of technologies based on absorption 

Chemical absorption processes are applicable to gas streams that have a low CO2 partial pressure 
[3kPa-15kPa]. They use reversible chemical reactions, which are affected by temperature. 
Amines are the most common choice as chemical solvent, however, amino acid salts and alkalis 
can be used as an alternative to amines. Figure 1.2 shows a list of the most relevant commercial 
and research programmes with the most important solvents that have been tested at least at pilot 
plant scale.  

There are many amines that have been used industrially for acid gas removal [39]. Depending on 
the type of amine, there are differences regarding their reversible reaction with CO2 [40-42]. In 
the case of primary and secondary amines, carbamate is predominantly formed according to the 
equilibrium reaction (1.1): 

+− −+−↔−+ 322 2 NHRNHCOORNHRCO  1.1 

In the case of tertiary amines and hindered amines, bicarbonate is predominantly formed 
according to the equilibrium reaction (1.2): 

+− −+↔+−+ NHRHCOOHNRCO 33232  1.2 

Therefore, the maximum capacity based on stoichiometry for primary and secondary amines, like 
monoethanolamine (MEA) or diethanolamine (DEA), is 0.5 mol CO2 / mol amine, while tertiary 
amines, like methyldiethanolamine (MDEA), or hindered amines, like 2-amino-2-methylpropanol 
(AMP), have a maximum loading capacity that approaches 1.0 mol CO2 / mol amine. The rates of 
CO2 absorption also differ among the amine types, being primary and secondary amines are more 
reactive than tertiary and hindered amines[40]. 

The process configurations of all amine technologies are relatively similar. Figure 1.3 illustrates a 
conventional amine based capture process. This process generally consists of an absorption 
column, where the CO2 is chemically bond to the alkanol amine, following reaction (1.1) or (1.2). 
The CO2 loaded product is extracted at the bottom of the absorption column. The remaining gas 
is clean and can be vented to the atmosphere after a final wash in order to avoid solvent 
evaporation. The loaded solvent is further processed in a stripper, where it can be thermally 
regenerated for further use, according to one of the following reactions (1.3) or (1.4): 

223 2 NHRCONHRNHCOOR Heat −+ →←−+− +−  1.3 

OHNRCONHRHCO Heat 23233 +−+ →←−+ +−  1.4 

The thermal energy requirements for regeneration are one of the most important process 
parameters to consider when selecting a specific technology. Stripping CO2 from primary and 
secondary amines during regeneration requires a larger amount of energy as compared to tertiary 
amines [39]. Besides thermal energy for regeneration, other aspects to consider are the 
availability and matureness of the technology, solvent volatility [43], solvent toxicity, solvent 
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degradation [44, 45], corrosion [46, 47] and solvent price. The commercial options available are 
described and compared in reference books [10, 11] and publications [19, 48-52]. Examples of 
commercial applications are shown in Figure 1.2. The Fluor Econamine process (based on MEA) 
has been designed to recover CO2 from flue gas emitted by coal fired power plants. The thermal 
energy for regeneration of this process is around 3.2 – 3.6 GJ/t CO2 [15, 53] and it has become a 
state-of-the-art process commonly used in benchmarking studies. These values can be further 
reduced with advanced stripper configurations [54-56]. The KS-1 solvent, from Mitsubishi 
Heavy Industries, has been shown to have less heat requirements than the conventional MEA 
solvent as well as reduced solvent degradation [57]. 

Moreover, there are many research programmes committed to the development of better amine 
based solvents [16]. One line of research is the development of mixed amines where a tertiary 
amine is blended with a primary or secondary amine. The goal with respect the use of these 
blends is to retain much of the reactivity of the primary amine but with low regeneration energy, 
similar to those of tertiary amines [58]. At the International Test Centre for CO2 capture several 
pilot plant studies have been performed of the CO2 capture performance of concentrated MEA 
and mixtures of MEA and MDEA. These studies show the potential reduction in regeneration 
energy when MEA is blended with MDEA [58-62]. Within the Luminant carbon management 
programme, it was found that the requirements for one of the piperazine promoted K2CO3 
solvents was much less than the conventional MEA due to increased absorption capacity and 
rates. Moreover, concentrated piperazine has been reported to consume 2.6 GJ/t CO2 [63]. In the 
European projects CASTOR and CESAR, several solvents were selected for pilot plant trials. 
The identified solvent CASTOR-2, operated in pilot plant scale with lower steam requirement 
and liquid-to-gas ratio than the conventional MEA solvent [64]. Within the CESAR project, 
CESAR-1 (AMP and PZ) operated in pilot plant scale with a steam requirement of 3.1 GJ/t CO2, 
based on a conventional process configuration. More advanced process configurations can reduce 
this figure to 2.8 GJ/t CO2 [65]. 

Amino acid salts are also attractive solvents for PCC due to their unique properties over alkanol 
amines such as: low environmental impact and high biodegradability [66], negligible volatility 
and high resistance to oxidative degradation [67]. Several amino acid salt based processes have 
also been developed for PCC of carbon dioxide from flue gas (Figure 1.2). One example of this is 
the process provided by Siemens, which has energy consumption around 73% of the conventional 
MEA process [68]. TNO has also investigated processes based on the potassium salt of certain 
amino acids, showing increased stability and resistance to degradation over conventional MEA 
[67]. 

In the recent years, interest has grown in the performance of different amino acid salts for PCC 
application and the CO2 absorption characteristics for common amino acids are under extensive 
investigation. Several researchers have reported the CO2 absorption on sarcosine, glycine, 
alanine, taurine and proline solutions [69-73]. Also properties that are necessary for mass transfer 
evaluation, such us density, viscosity, N2O solubility [74, 75] CO2 diffusivity [76], and solvent 
kinetics [77-79] have been investigated and reported for the mentioned amino acids under 
different conditions. 
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Figure 1.2. Summary of technology options for CO2 capture based on amine technology. The figure shows the 
main commercially available options and the main research options (at least tested at pilot plant scale). 

Within large research consortiums, other possible technologies based on amino acid salts have 
been identified. These options have not yet been tested at pilot scale but are under development. 
The CASPER process, developed within the iCAP consortium, aims for the simultaneous 
separation of CO2 and SO2 from flue gas based on the potassium salt of β-alanine [80]. The 
DECAB process uses precipitating amino acid salts in order to improve the thermal energy 
requirements of the capture process [81]. The last process has been identified as a promising 
option to capture CO2 from flue gas. The concept of precipitating amino acid systems is analysed 
in more detail in the next section. 

1.3 Precipitating systems with amino acid salts 

Precipitating amino acid salts were suggested in the early 2000’s as a promising alternative to 
amine conventional processes [82]. The identified benefits were related to an enhancement of the 
specific CO2 capacity of amino acid salt solutions due to precipitation. Amino acids react with 
CO2 like alkanol amines, having the same reaction mechanism. However, unlike amines, amino 

Solvent type Development Company / Project Solvent Reference 

Amines 

Commercial 
Fluor Daniel 

Fluor Econamine 
[MEA] 

[53] 

Mitsubishi Heavy 
Industries KS-1 & KS-2 [57] 

Research 

International test centre 
for CO2 capture 

Concentrated MEA [58-62] 

MEA & MDEA [58-62] 

Luminant carbon 
management 
programme 

K2CO3 promoted by piperazine 
Concentrated piperazine 

[63] 

CASTOR CASTOR-1 & CASTOR-2 [64] 

CESAR 
CESAR-1 (AMP & PZ) [65] 

CESAR-2 (EDA) [65] 

Amino 
acids 

Commercial 
Siemens CCS+ [68] 

TNO CORAL [67] 

Research 
CATO-2 DECAB [81] 

iCAP CASPER [80] 
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acids form electrolytes in aqueous solution that comprise a zwitterion. In order to react with CO2, 
this zwitterion species needs to be neutralised with a strong base. The reactions between CO2 and 
amino acids neutralised with potassium hydroxide have been added to the general amine based 
scrubbing process illustrated in Figure 1.3. Due to the limited zwitterion solubility in water, 
which is a function of pH, and the strong electrolyte characteristics of the amino acid salt 
solutions, precipitates may be formed when the pH of the solution decreases, as a consequence of 
CO2 absorption. For the conventional amine scrubbing process depicted in Figure 1.3, which is 
not designed to handle solids, this physical behaviour limits the concentration of active amino 
acid in the solvent, which is generally kept below saturation conditions [83]. 

 

Figure 1.3. Conventional amine based process for CO2 capture where the reactions specific to amino acid salts 
have been added at the bottom of the absorber and the stripper. Besides the heat input necessary to regenerate 
the solvent, in the case of precipitating amino acids two more effects are possible: Enhanced absorption (takes 
place in the absorber) due to the precipitation of reaction products during absorption and enhanced desorption 
(takes place in the stripper) due to a lower pH that is brought about by partially separating the liquid from the 
precipitate to concentrate the amino acid in the rich solution (i.e. increasing the amino acid to K+ ratio in 
solution). 

Nevertheless, the precipitation during CO2 absorption can contribute to decrease the energy 
consumption of the capture process influencing the equilibrium reactions (1.1) and (1.2) by other 
means than heat. Different precipitate types can be encountered depending on the amino acid 
structure and solubility. Amino acids with a primary amino group, such as taurine, precipitate 
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only the zwitterion species [84]. In other cases, the precipitate formed is potassium bicarbonate. 
This is the case of amino acids with a hindered amino group and relatively high zwitterion 
solubility, such as proline [85]. Independently of the precipitate type, the formation of a solid 
reaction product during absorption and its removal from the liquid phase by precipitation shifts 
the reaction equilibrium towards the production of more products (carbamate or bicarbonate). 
This effect has been indicated in the reactions in Figure 1.3 (enhanced absorption), where the 
possible precipitating species are shown. Moreover, the formation of the precipitate allows for 
phase separation (solid from liquid) and formation of a new rich solution, in which acidity can be 
manipulated. For instance, in the case that the amino acid zwitterion is concentrated in the solid 
phase, the effect of partial removal of the liquid will result in a higher reduction of K+ compared 
to the reduction in amino acid. After re-dissolution of the solid phase, this will induce a lower pH 
in the rich solution that is treated in the stripper due to a higher ratio of amino acid to K+. The 
lower pH promotes the hydrolysis of the carbamate species, resulting in the formation of amino 
acid salt and bicarbonate, which revert to the zwitterion species and carbon dioxide at even lower 
pH. This effect has also been indicated in the reactions in Figure 1.3 (enhanced desorption). As 
net effect, a lower pH during desorption will enhance the release of CO2. 

The concepts illustrated in Figure 1.3 have been registered in different patents [86-88] and 
suggest the possibility to design novel processes for CO2 separation based on precipitating amino 
acid solvents that are more energy efficient than the conventional processes. Obviously, the 
presence of solids in the process requires the selection of different contactor equipment for 
absorption, such as a spray tower, and the selection of appropriate pumps that can manipulate 
slurries. This process alternative has been evaluated by conceptual design [89], resulting in 
process performance similar to conventional MEA and capital investments lower than 
conventional MEA. Moreover, in order to induce a pH shift during desorption, a solid-liquid 
separation equipment, such as a hydrocyclone, needs to be included for the separation of the 
precipitate and part of the supernatant. The latter is recycled to the absorption column with an 
effect on solvent capacity since the supernatant also contains carbonated species. This process 
alternative needs to be evaluated to determine technical and economic feasibility. 

1.4 Scope and organisation of this thesis 

This thesis provides the development and evaluation of novel CO2 separation processes based on 
precipitating amino acid solvents. The key objectives established for the development of the new 
processes are a significant reduction in the regeneration energy of the post-combustion capture 
process (at least a 30% reduction), compared to a current conventional amine process, and the use 
of solvents that are more biodegradable and, as a whole, more environmentally friendly, than the 
conventional process. These objectives and the main tasks in this thesis have been defined and 
developed within two different CCS projects: the European CESAR [90] and the Dutch CATO-2 
project [91]. 

Chapter 2 in this thesis, analyses the effect of carbon capture technologies on the emissions of 
three different power plants with and without carbon capture. The selected technologies are: an 
Ultra Supercritical Pulverized Coal plant, both air and oxyfuel mode (USC PC), and Integrated 
Gasification Combined Cycle (IGCC) and a Natural Gas Combined Cycle (NGCC). For the given 
reference cases, plant performance was evaluated based on the mass and energy balances of the 
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selected cases and compared to the averaged emissions factors reported in the literature for the 
selected technologies. 

To establish the potential of the innovative processes, the definition of baseline performance of 
post-combustion capture is necessary for the evaluation of potential reductions in the energy 
required by the novel processes. As discussed in Section 1.1, there is need for harmonizing and 
updating these baselines in order to faithfully support the technology evaluation. As part of the 
work of this thesis work, the definition of baselines for a conventional amine capture process and 
an advanced amine capture process has been performed. Chapter 3 provides the thermodynamic 
performance of fossil fuel power plants (coal fired and gas fired) with integrated PCC based on 
the conventional monoethanolamine (MEA) solvent and a more advanced amine solvent, 
CESAR-1, which is an aqueous solution of 2-amino-2-methyl-propanol and piperazine. Based on 
the conditions and assumptions taken in this study, it is shown that the CESAR-1 solvent can 
reduce substantially the energy requirements of the CO2 capture unit for coal and gas fired power 
plants. The impact of this reduction in the power plant economics is presented in Chapter 4. The 
economics of the power plant cases presented in Chapter 3 are investigated in detail for the two 
different chemical solvents (MEA and CESAR-1). The CESAR-1 solvent reduces the costs of 
CO2 avoidance with respect to MEA due to a higher CO2 capacity and lower energy requirements 
for regeneration. Moreover, it has also been indicated in Section 1.1 that more advanced process 
configurations can decrease the regeneration energy of a given amine process. An example of one 
of these process configurations, the lean vapour compression option, is also investigated in this 
thesis as part of the benchmarking effort. In Chapter 5, this process configuration is analysed 
technically and economically. The analysis shows that this option is always advantageous for a 
CO2 capture process based on MEA. 

The novel process concepts introduced in this thesis have been developed based on the 
combination of enhanced absorption and desorption, effects described in Section 1.3, considering 
all phenomena and factors involved. The conceptual design of a novel CO2 separation process 
based on precipitating amino acid solvents is presented in Chapter 6. The new concept 
introduced, named DECAB Plus, requires the precipitation of the pure amino acid species and the 
partial recycle of the remaining supernatant to the absorption column. This induces a shift in the 
pH of the rich solution that has substantial benefits during CO2 desorption. Proof of principle for 
this process concept has been achieved using a potassium taurate solution. The evaluation of the 
process required the experimental investigation of the key properties and parameters that govern 
the absorption and desorption in precipitating amino acid solvents. The experimentally derived 
properties were used for process modelling and the evaluation of the process proposed. In 
Chapter 7, different process alternatives to the process analysed in Chapter 6 are discussed and 
evaluated. The alternative processes analysed are based on the DECAB Plus process concept 
(described in Chapter 6) and include the following options: lean vapour compression (option 
described in Chapter 5), split flow and the use of alternative solvents. Chapter 8 provides an 
overview of the achievements of the precipitating amino acid solvent processes. The final 
assessment in this thesis shows the differences between the novel processes and conventional 
MEA and shows alternative routes to further improve their performance. 
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2 EMISSIONS OF SUBSTANCES OTHER 
THAN CO2 FROM POWER PLANTS 
WITH CCS TECHNOLOGIES 
ABSTRACT 
This work analyses the effect of Carbon Capture Technologies (CCT) on the emissions of three 
different power plants with and without CCT. The selected reference cases were: an Ultra 
Supercritical Pulverized Coal plant, both air and oxyfuel mode (USC PC), an Integrated 
Gasification Combined Cycle (IGCC) and a Natural Gas Combined Cycle (NGCC). For the 
given reference cases, plant performance was evaluated based on the mass and energy 
balances and the emissions of air pollutants (SOx, NOx, CO, particulates, Hg, other trace 
metals, chlorine and fluorine) were estimated. The effect of CCTs in the emissions of air 
pollutants depends on the primary energy consumption of the CCT, which demand a 
significant amount of energy for CO2 separation and compression, and the specific interaction 
of air pollutants with CCT technology. With respect to the impact of CCT on plant efficiency, 
pre-combustion capture on the IGCC case had the lowest energy penalty (efficiency reduction 
of 6.5 percentage points), followed by the oxyfuel case (8.6 percentage points) and the post 
combustion capture cases (9.1-9.2 percentage points). The emissions of SO2 are significantly 
reduced together with the reduction in CO2 emissions for all coal power plant cases. 
Particulate emissions are also reduced for most coal cases analysed. NOx emissions increase 
for post-combustion capture (both USC PC and NGCC) but decrease for oxyfuel combustion 
(USC PC oxyfuel) and remain constant for pre-combustion capture (IGCC). The values 
predicted from the mass and energy balances were compared with emissions factors reported 
in literature. The literature value is an average of the emission factors derived from an 
extended database of emissions of air pollutants, corrected for specific parameters, such as 
fuel type, percentage of CO2 removal and CO2 final pressure. Although, CO2 emissions were 
comparable with the literature values, most of the other air pollutants were higher than the 
ones obtained from the mass balances except for the IGCC power plant case. 

 

This chapter is based on: 
E. Sanchez Fernandez, E.L.V. Goetheer, M. Juzvicka, T. van Harmelen, A. van Horssen, M. 
Oldenburg, “Emissions of Substances other than CO2 from Power Plants with CCS”. 
IEAGHG report NO. 2012/03. Available at http://ieaghg.org/docs/General_Docs/Reports/ 
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2.1 Introduction 

Carbon Capture and Storage (CCS) is considered as one of the short to medium term options in 
the portfolio of actions for stabilising acceptable concentrations of atmospheric greenhouse gas, 
of which CO2 is the main contributor. The essence of CCS is to capture CO2 from large point 
emission sources (power stations, refineries, other industries) and transport and store this 
permanently in suitable underground geological formations, such as depleted gas fields, deep 
reservoirs or other suitable formations [1]. In power generation, CO2 emissions from fossil fuels 
are directly linked to the efficiency in energy conversion. This efficiency is improving with the 
development of advanced combustion and gasification technologies [6-8]. Nevertheless, within 
the European Union, it is foreseen that CCS will be implemented, along with extended use of 
renewable energy, in order to achieve the long term target of greenhouse gas emissions reduction 
of 80-95% by 2050 [9]. 

For the future deployment of this technology in the power sector, the impact of CCS on air 
pollution is a matter of concern. Clarifying the environmental impact of CCS requires a prior 
evaluation of the effect that the different Carbon Capture Technologies (CCTs) may have on air 
pollution. This effect has been quantified in several studies on air pollution from power plants. 
As shown in Koorneef, [34], Harmelen [32], Horssen [33] and more recently by the EEA [92], 
the mitigation of CO2 by a certain Carbon Capture Technology (CCT) has an effect in the 
emissions of other air pollutants, which can be favourable or unfavourable depending largely on 
the air pollutant considered. Despite the existing background, the assessment and standardisation 
of the effect that CCTs have on advanced energy conversion technologies is complicated due to 
the high variability of coal composition (for coal-fired power plants), and the variability in 
energy conversion technology, power plant configuration and steam cycles that lead to different 
energy conversion efficiencies. Current challenges are: 

1) The environmental data information in relation to CO2 capture is still scarce. For 
instance, there is lack of information to quantify the effect of CCTs on the emissions of 
certain air pollutants such as volatile organic components [92] or trace metals [93].  

2) Benchmarking and comparing the effect of different CCTs in power plant emissions is 
still difficult. In addition to the already mentioned variability in fuel type and plant 
configuration, other aspects such as plant location, the stage of technology development 
of the CCT applied and the Air Pollution Control Systems (APCS) implemented in 
power plants to maintain air pollution under acceptable levels, also contribute to a great 
variability in the reported emissions. For instance, the different gasification technologies 
applicable to IGCC or the variability in the performance of steam cycles applicable to 
pulverized coal result in an extensive variation in power plant efficiencies [32]. Also, the 
APCS implemented in power plants vary broadly, depending on local legislation and cost 
[32]. This variability provides a wide spread in the average air pollutant emissions 
derived from multiple literature studies. 

3) Much of the information published on air pollutant emissions from power plants with 
CO2 capture is based on assumptions, which need to be validated. Actual measurements 
are still limited by the scale (mainly laboratory studies and pilot plant studies) and the 
analytical techniques (sampling methods and detection limits).  
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In this chapter, the effect of three CCTs on the emissions of three different power plants is 
evaluated and reported. The selection of reference cases meets the following criteria: realistic 
representation of advanced energy conversion technology for each case and the use conventional 
technologies for air pollutant control. The selected reference power plants; Ultra-Supercritical 
Pulverized Coal (USC PC), Natural Gas Combined Cycle (NGCC) and Integrated Gasification 
Combined Cycle (IGCC) have been selected from the state-of-the-art in energy conversion and 
air pollution control technology [6, 7, 94, 95]. This work contributes to the existing studies of air 
pollution in conjunction with CCTs by providing a detail analysis of the emissions of these cases, 
which are specific to the technology and configuration selected. The effects of including CCTs in 
the selected power plants are analysed by combining the mass and utility balances of the power 
plants and the estimation of emissions using revised assumptions based on information from 
literature. The focus of the study is on the power plant integrated with the capture plant, 
excluding transport and storage. Fugitive emissions and emissions that result from fuel 
preparation were not included in the scope of this work. Furthermore, emissions directly 
stemming from the solvents used to capture CO2, such as the possible solvent degradation 
products were left outside scope, with the only exception of ammonia, primary indicator of amine 
solvent degradation.  

The chapter is organised as follows: the different CCTs evaluated in this work are briefly 
described in Section 2 of this publication together with the review of the recent literature on this 
topic. For each CCT a power plant reference case was selected for evaluation. The final plant 
configuration for the reference cases is also briefly described in this section. The methodology 
followed in this work covers the simulation of the specific power plant performance and the 
estimation of emissions using revised assumptions. This approach is addressed in Section 3. The 
results are first summarized per technology, showing the effects of CCTs on emissions of the 
different reference cases (Section 4). Then, the effects of each CCT are discussed and compared 
in Section 5 per air pollutant. The discussion analyses the discrepancies found between the results 
for the reference cases and the averaged values for relatively similar plants found in the literature. 
The conclusions of the study are presented in Section 6. 

2.2 Literature review 

The technology options for CCS are generally grouped under three different capture strategies: 
post-combustion capture, pre-combustion capture and oxyfuel combustion. 

Post-combustion capture (PCC) refers to the partial removal of CO2 from flue gases produced by 
combustion of fossil fuels in boilers (in the case of coal fired stations) or in gas turbines (in the 
case of gas fired stations) after all the air pollution control systems (APCS). Amine scrubbing is 
generally the technology choice due to the matureness of the technology [16, 17]. The current 
state-of-the-art technology for PCC is chemical absorption with an aqueous solution of 
monoethanolamine (MEA)[10, 96] although other technologies such as adsorption [19, 97] or 
membrane based separation [18, 20] are applicable. 

Pre-combustion capture is commonly applied in coal gasification, which is the necessary step in 
order to use coal fuel in a combustion turbine. In IGCC technology, coal is first converted into 
gas using steam and a rich oxygen stream. The exhaust gas from the gasifier, mainly a mixture of 
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H2, CO2, CO and water vapour, is quenched and treated in the shift reactor with steam, to further 
convert CO into H2 and CO2. The separation of CO2 takes place before the gas is combusted in 
the gas turbine. Although fuel preparation and treatment is more complicated in gasification, the 
CO2 concentration in the gasifier exhaust gas is substantially higher than that in pulverised coal 
combustion. Therefore, the separation of CO2 is more efficient in IGCC plants. There are 
multiple gasification technologies available [98]: mainly entrained flow (Shell, GE-Texaco, 
Conoco-Philips), fixed bed (BGL, Lurgi), fluidized bed (SoutherCo, KRW). For this reason there 
is a broad variation in plant configurations for IGCC that results in different plant efficiencies. 
Also, IGCC can be used to produce other products (i.e. co-production of chemicals, gas and 
power) and can process many different feed stocks (coke, heavy oils, biomass, etc.). The focus in 
this work is on production of power only and using bituminous coal as feed-stock. 

Oxyfuel combustion is another option for CO2 abatement [26, 27]. The technology uses a pure 
oxygen stream for coal combustion instead of air, which is partially diluted using exhaust flue gas 
for temperature control. The combustion product is a raw CO2 stream product that contains 
mainly water vapour, oxygen, nitrogen and argon as contaminants. In principle, direct 
liquefaction of this stream will approach near zero emissions (i.e. 100% CO2 removal). However, 
there are also acid gases in this stream such as SO2, SO3, HCl and NOx produced as by-products 
of combustion and there is debate about necessary purification to acceptable CO2 purities for 
transportation and storage [26]. There are different treatments suggested in the literature that will 
result in different emissions of air pollutants [99]. 

Background information on the impacts of CO2 capture technologies on air pollution are given by 
[92], [34], [32] and [33] based on a study of air pollution in the Netherlands. A database was 
created during the studies of [32] and [33], containing 176 cases from 37 data sources, each of 
them representing a set of air pollutant emission factors (based on primary energy) of a given 
power plant with a specific configuration and specific CCT. The average emission factors for the 
carbon capture technologies (presented in Table 2.1) have been derived from this database after 
calibration of the following important parameters for all cases: 

• Degree of CO2 removal: corrected fuel penalty when the CO2 removal deviates from 90% 
captured except for the oxyfuel power plants because these plants have normally CO2 
removal rates higher than this value 

• Sulphur content in coal: corrected when the sulphur content in coal deviates from the 
bituminous coal from Eastern Australia, 0.95wt% dry. 

• Primary energy related to compression: the power loss by compression, expressed in 
primary energy, is corrected when the pressure ratio of the CO2 compressor deviates 
from the reference cases. 

Table 2.1 shows a summary of the primary energy use and emission factors based on net 
electricity output for different air pollution substances. The implementation of all capture 
technologies will result in an increase in primary energy. In this respect, pre-combustion capture 
on IGCC has higher potential for lower energy consumption than post-combustion capture and 
oxyfuel (i.e. averaged plant efficiency found is 42%LHV). USC PC plants without CO2 capture 
show the highest SOx emissions. The emissions are significantly reduced by applying a post 
combustion process due to the deep sulphur removal required by amine solvents. The oxyfuel 
process can result in near zero emissions of this component in the case of co-sequestration or 
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very low emissions depending on the cleaning process of the CO2 stream. The IGCC process 
shows a low level of SOx emissions because of the efficient cleaning of the syngas prior to 
combustion. Since the sulphur content of natural gas is very low, SOx emissions are expected to 
be negligible for NGCC. For the post combustion CO2 capture technology (both USC PC and 
NGCC) the NOx emissions per kWh increase due the increase in fuel penalty and no removal of 
this components in the amine capture unit. NOx emissions from the oxyfuel concept are expected 
to be low, but are highly dependent on the treatment and purification within the concept. The PM 
emission from NGCC are considered negligible in most literature studies. For coal fired oxyfuel 
power plants PM emissions are estimated to be lower compared to conventional pulverized coal 
fired power plants. The already low PM emissions for IGCC power plants are not expected to be 
significantly affected due to the application of pre-combustion capture and thus will result in an 
increase due to the efficiency penalty. 

Trace metals are also emitted during coal combustion or gasification. However, any form of 
standardisation on the emissions of trace metals is very challenging. The quantity of any given 
metal emitted depends on many parameters such as: the physical and chemical properties of the 
metal itself, the concentration of the metal in the coal, the combustion or gasification conditions, 
the type of particulate control device used, and its collection efficiency as a function of particle 
size. Various classification schemes, based on metal volatility, have been proposed to describe 
partitioning behaviour of metals during combustion and gasification [93, 100, 101]. [93] have 
reviewed trace metals emissions during combustion and gasification and the efficiencies of 
particulate matter control technologies. Generally, metal volatility is higher in gasification 
compared to air combustion, as reducing conditions are favourable to the formation of volatile 
gaseous species of the trace elements, such as hydrides and carbonyls [100]. Although most 
metals are trapped in the slag during gasification or retained in ash during combustion, some of 
them can be emitted in the vapour phase or condensed on the particulates (soot particles or fly 
ash). The emissions of these metals cab be controlled after gasification or combustion. In the case 
of oxy-fuel combustion, gas phase concentration of volatile elements (Hg, Se and probably As) is 
expected to be higher under oxy-firing conditions than under air-firing conditions [102]. 
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Table 2.1. Literature averaged emissions factors of selected air pollutants. Calibration has been applied to the 
CO2 removal (set to 90% with the exception of the oxyfuel cases), sulphur content in coal (set to 0.95wt% dry) 
and primary energy use related to compression. Data from [32, 33]. 

 
Plant 

efficiency Fuel use CO2 SO2 NOx PM10 Hg NH3 
% LHV MJ/kWh kg/MWh kg/MWh kg/MWh kg/MWh kg/MWh kg/MWh 

USC 
PC 

No-CC 43.9% 8.21 735 0.30 0.36 0.04 2.7∙10-6 3.5∙10-3 

PCC 34.1% 10.57 97 0.00 0.50 0.05 5.5∙10-6 8.2∙10-2 

OXY 35.6% 10.24 93 0.01 0.20 0.01 3.5∙10-7 [-] 

IGCC 
No-CC 42.2% 8.57 761 0.04 0.23 0.01 2.2∙10-6 0.0 
PreCC 34.8% 10.42 93 0.01 0.21 0.03 2.7∙10-6 0.0 

NGC
C 

No-CC 56.4% 6.39 366 0.00 0.12 0.00 0.0 3.7∙10-4 
PCC 48.8% 7.48 43 0.00 0.13 0.00 0.0 [-] 

No-CC: No carbon capture. 

PCC: Post-combustion capture. 

OXY: oxyfuel. 

PreCC: Pre-combustion capture. 

With respect to emission abatement technologies after gasification or combustion (air-fired or 
oxygen-fired), the reduction of the emissions of a metal that tends to condense over particulates is 
directly related to the reduction of total particulate matter emissions, while for a more volatile 
metal particulate abatement technologies have a very limited impact on its emissions. Because of 
variability in efficiency of particulate control technologies, metal emissions can vary 
substantially. In Table 2.1 only the emission factors of mercury are shown. 

2.3 Reference cases description 

This work has selected three power plant configurations for evaluation of emissions in which the 
capture technologies described in the previous section have been implemented. The main 
configuration of the power plants, fuel type and APCS are summarized in Table 2.2 and are 
briefly described in the following sections. The selection of suitable APCS depends on country 
legislation and economic considerations. Although the technology cost is an important factor to 
consider, it was not prioritised in this selection. A description of the conventional and emerging 
technology choices for the mitigation of main air pollutants can be found elsewhere [8, 12, 103-
105]. 

2.3.1 USC PC Power Plant 

This case is based on the advanced Rankine cycle with steam operating conditions of 290 bar, 
600/620ºC. Mass and utility balances were taken from [22, 31], revised and modified for better 
accuracy. The boiler is equipped with low NOx burners and is fitted with selective catalytic 
reduction (SCR) for NOx abatement. Limitation of SOx emissions is accomplished with the flue 
gas desulphurisation (FGD) system. In the case with no CCT, the FGD system is designed to 
reduce the sulphur dioxide level in the flue gas from the boiler to around 70 ppm at 6%O2 v/v 
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(dry). However, in the case with CCT, the FGD system is designed to reduce the sulphur dioxide 
level in the flue gas from the boiler to around 10 ppm at 6%O2 v/v dry (a level which does not 
exceed the inlet requirement of the carbon dioxide absorption plant). The CO2 Amine Absorption 
unit is based on monoethanolamine (MEA) scrubbing technology [53] and consists of three main 
units: direct contact cooler, absorber and stripper. The capture unit is designed with split flow and 
solvent heat integration to reduce the reboiler consumption [106]. The stripper reboiler is heated 
by condensing the steam extract from the IP/LP cross over in the power island. Condensate at 
saturation conditions is returned to the power island de-aeration system. Overhead vapour from 
the stripper is cooled with recycled condensate from the boiler island. The remaining cooling 
duty is achieved with sea water. Carbon dioxide from the stripper is compressed, dehydrated to 
remove water to a very low level and is finally delivered at a pipeline pressure of 110 bar. 

2.3.2 NGCC Power plant 

This case is derived from [21]. Mass and utility balances were modelled using Aspen Plus®. The 
power plant is located inland and consists of one gas turbine (Siemens SGT5-4000F) equipped 
with dry low NOx burners, SCR, heat recovery steam generator (HRSG) steam turbine, generator, 
and water treatment equipment. Water cooling is done with a draft cooling tower system. Besides 
the above mentioned units, the case with CCT has a CO2 capture unit integrated into the power 
plant. The CO2 Amine Absorption unit is also based on MEA scrubbing technology. 
Nevertheless, the capture unit has a simpler design than that of the USC PC case and includes no 
split flow or MEA heat integration. The reason for choosing a simpler design is that complexity 
of control and operation is significantly reduced. In return, this design has slightly higher steam 
requirements in the stripper. The stripper reboiler is heated by condensing the steam extract from 
the IP/LP cross over in the power island in the same manner as in the USC PC case. However, 
there is no integration of the boiler island condensate in this design. Therefore, overhead vapour 
from the stripper is cooled directly with cooling water. Also inter-stage cooling during 
compression is done with cooling water. The other units in the capture plant are designed in a 
similar manner to the USC PC case. 

2.3.3 IGCC (GE) Power plant 

The selected reference case (derived from [22]) employs the GE gasification process to convert 
feedstock coal into syngas. Environmental measures are included in the design, such as facilities 
for scrubbing particulates from the syngas prior to combustion and facilities for removing the 
coarse and fine slag from the quench and scrubbing water. Moreover, the syngas from the 
gasification section is contaminated with acid gases, CO2 and H2S, and other chemicals, mainly 
COS and HCN. The sulphur contaminants are converted to H2S in the hydrolysis reactor. The 
resulting syngas is treated in the acid gas removal (AGR) unit, where the sulphur components are 
removed by employing the Selexol process. The sulphur recovery unit (SRU) is an O2 assisted 
Claus Unit, with Tail gas catalytic treatment (SCOT type) and recycle of the treated tail gas to 
AGR. NOx are controlled with injection of compressed N2 from the air separation unit (ASU) to 
the gas turbines. This has two effects: dilution of syngas for temperature control and turbine 
power augmentation. 
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2.3.4 USC PC Power plant (oxyfuel) 

The selected reference plant is the same USC steam plant described in Section 2.2.1 converted to 
oxyfuel fired operation. Design characteristics, utility and heat and mass balances have been 
retrieved from [22]. Coal is pulverized and fed into the boiler. The flue gas exiting the boiler is 
treated in order to remove particulates in the ESP unit. Two streams of recycled flue gas are 
required for the oxy-combustion system: the primary recycle passes through the coal mills, after 
drying, and transports the pulverized coal to the burners. The secondary recycle provides 
additional gas to the burners to maintain temperatures within the furnace at similar levels to air 
firing. The remaining CO2 product stream is further purified to meet the specifications for 
geological disposal applications. The carbon dioxide purification and compression unit employed 
in this study is based on a purification process proposed by [107, 108] and commercialized by 
Air Products and Chemicals Inc. The process uses two successive water-wash columns. SOx 
removal process takes place in the first water-wash column at 15 bar. It separates out all the SO2 
and SO3 as sulphuric acid, in a process catalysed by NO2. After the first column, the flue gas is 
compressed to 30 bar and introduced into the next water-wash column, where NO is converted to 
NO2 and removed as nitric acid. The CO2 stream is then sent to the sections of inert removal, 
based on cryogenic phase separation, water removal, based on adsorption on desiccants, and 
compression. The source of all gaseous emissions in this plant is the vent stream from the inert 
removal unit, which contains mainly CO2 and impurities such as NOx. 

2.4 Methodology 

The methodology adopted in this work, illustrated in Figure 2.1 for one of the power plant cases, 
can be divided into two steps: 

• Step 1: Process modelling of the selected power plant reference cases 
• Step 2: Estimation of air pollutants emissions for the reference cases 

In the first step, mass and energy balances are calculated for the power plant reference cases 
selected. In the case of the coal power plants, the mass and energy balances were retrieved from 
literature and revised. In the NGCC power plant case, the Aspen Plus® tool was used to estimate 
the mass and energy balances. 

The second step is a systematic accounting of air pollutant emissions which are not included in 
common simulation software packages. Uncontrolled emission factors and removal efficiencies 
of the APCTs present in each power plant case (listed in Table 2.2) were used to estimate the 
emissions of trace components. An in-house Microsoft Excel based spread-sheet was used for the 
estimation of air pollutant mass balances. The estimation of a single air pollutant follows from a 
mass balance: 

𝐹𝑖 = (𝐶 − 𝑈) ∙ 𝐸𝑖 ∙ ∏ (1 − 𝑅𝑖)
𝑁𝐴𝑃𝐶𝑆
1  2.1 

In the equation above, Fi is the mass flow of component i emitted (kg/s), C is the flow of coal (as 
fired) / fuel to the boiler / gas turbine (t/s), U is the unburned coal (when applicable) (t/s), Ei is 
the specific uncontrolled emissions factor for component i (kg/t coal/gas) and Ri is the removal 
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efficiency of component i in a given air pollution control system (APCS) and NAPCS is the number 
of APCSs in the plant configuration. Mass balances developed in the prior stage were used as a 
basis for the estimation of C and U. 

Table 2.2. Plant configuration and main components of the reference cases of this study. 

Type 
USC PC a USC 

Oxyfuel b 
IGCC c NGCC d 

no CCT CCT no CCT CCT no CCT CCT 
Steam Cycle 
bar(a)/ºC/ 
ºC 

290/600/
620 

290/600/
620 

290/600/
620 

161/600/ 
- 

161/600/ 
- 

124/561/ 
234 

124 /561/ 
234 

Gas Turbine NA NA NA Advanced 
F class 

Advanced 
F class 

Advanced 
F class 

Advanced 
F class 

Boiler type Supercritical PC GE GE NA NA 
Oxidant Air Air 95% O2 95% O2 95% O2 Air Air 

NOx Controls e LNB & OFA & SCR 
Air 

Products. 
Inc 

Dilution with N2 LNB & OFA & SCR 

PM Controls e ESP NA NA 
H2S controls NA NA NA Selexol NA NA 

SOx /Sulphur 
control e 

FGD (Wet Scrubber, 
Limestone) 

Air 
Products. 

Inc 
Claus NA NA 

CO2 separation 

e NA MEA  NA Selexol NA MEA 

Fuel Type Eastern Australian Bituminous coal Natural Gas 
a Pulverized coal fired plant with Ultra-Super critical steam cycle. Configuration from [22]. 
b Pulverized coal fired plant with Ultra-Super critical steam cycle and oxy-fired mode. Configuration from [22]. 
c Integrated Gasification combined cycle. Configuration from [22]. 
d Natural Gas combined cycle. Configuration from [21]. 
e Air Products-CO2 stream cleaning process based on [108], FGD-Flue Gas Desulphurisation unit, LNB- Low Nox 
Burners, OFA-Over fired air, SCR-Selective catalytic Reduction. 

In order to apply equation 2.1, it is necessary to find accurate values for uncontrolled emission 
factors for the fuel in question and the specific combustion technology. Also, the effects of the 
APCTs on each air pollutant need to be known. The carbon capture plant is also considered as an 
APCS and its effect on air pollutants has been investigated in this work by reviewing the 
available literature. The values assumed for Ei and Ri are presented in Appendix 9.2, together 
with supporting references. The inherent assumption when applying equation (2.1) is that the 
additional flows (Fi) do not modify the mass and energy balances calculated during step 1. The 
overall mass flows can be corrected when necessary by normalizing stream flows (i.e. forcing the 
sum of mass fractions to be unity). For oxy-fired boilers and gasification, the application of this 
equation is more difficult due to data scarcity (in the case of oxy-combustion) and the degree of 
integration between the different plant components (in the case of IGCC), which makes the 
evaluation of a singular component’s effect more difficult. However, for the IGCC case, it is still 
assumed that additional flows of trace substances such as metals, do not affect gas turbine or 
steam turbine efficiencies because the changes in syngas composition are minimal. 
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Figure 2.1. Schematic representation of the estimation of mass and energy balances. The figure illustrates how 
the overall assessment of mass and energy balances is performed in two steps for a Post-combustion example: 
During Step 1 the heat rate of the power plant, main requirements of the capture plant and main component 
mass balances are calculated. During Step 2, the emissions of trace substances is calculated based on equation 
2.1. 

2.5 Results 

This section presents the evaluation of emissions of the power plants described in Section 2.2. As 
shown in Tables 2.3 to 2.7, the implementation of CCTs in the power plants has different effects 
on the emissions of pollutants. On one hand, the emissions of some pollutants decrease per unit 
electricity basis because they are substantially removed in the capture unit. On the other hand, the 
emissions of more relatively inert components increase per unit electricity basis, due to the 
energy penalty that the CCTs cause to the host power plant. The relative increase or decrease in 
the emission factor of a substance is represented by the Carbon Capture Quotient (CCQ), which 
represents the ratio between the specific emissions a power plant (per unit electricity produced) 
with and without CCT [34]. 

2.5.1 Energy penalty 

The net efficiency and performance of the selected reference cases are shown in Table 2.3. The 
highest efficiency is achieved by the NGCC power plant (58.3%LHV). Among the coal cases 
investigated, the most efficient are the USC PC plant (44%LHV) and the IGCC plant (38%LHV). 
Regarding the efficiency reduction due to CCT implementation, the results show an efficiency 
reduction of 9.1-9.2 percentage points for post combustion capture, 6.5 percentage points for pre-
combustion capture and 8.6 percentage points for oxyfuel. 
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2.5.2 Emissions of USC PC power plant with post combustion capture 

Table 2.4 shows the results for the USC PC power plant with and without post combustion 
capture technology. The SO2 emissions for the USC PC case are decreased to very low levels 
because the amine based PCC technologies generally require SO2 concentration levels below 10 
ppmv in flue gas. The process model assumes 95% removal efficiency for the FGD unit using 
limestone, although, other systems, such as dual alkali systems, give higher removal rates, up to 
98% (Appendix 9.2). At 95% removal efficiency, the concentration in the flue gas entering the 
CO2 capture unit is 34mg/Nm3, concentration just in the limit for the amine operation (10ppmv or 
29mg/Nm3 at 6% O2). Moreover, since SO2 and SO3 are more acidic than CO2, the remaining 
SOx (SO2 and SO3) are also removed by the amine solvent. For this reason, SO2 emissions are the 
lowest possible for the USC PC plant with PCC. Other acid gases also interact with the amine 
systems. For this reason the emissions for HCl and HF are also reduced when carbon capture is 
implemented. 

With regard to particulate emissions (PM-10), the results show a reduction on PM-10 emissions 
per unit electricity basis. This implies that the removal of particulates and dust in the capture 
process off-sets the additional emission due to the extra fuel consumption in PCC technology. 

The results on Table 2.4 also indicate an increase in NOx emissions when PCC is implemented 
into the USC PC plant. Since NO, the main component in the NOx mixture, does not interact with 
amine solvents, NOx emissions increase for post-combustion carbon capture technologies due to 
the reduction in power efficiency. Moreover, NO2 interaction with amines, mainly secondary 
amines, might lead to the formation of potential hazardous components (nitrosamines), solvent 
degradation and heat stable salts formation [109]. Nevertheless, due to these interactions, some 
researchers also suggests that suppliers will also require levels of NOx in the order of 10ppmv 
[110, 111]. The mentioned NOx controls are capable of reducing the NOx level to 13ppmv in this 
case. 

  



Emissions of power plants with CCS 
 

 

22 

Table 2.3. Performance of the selected reference cases with carbon capture technology (CCT) and without 
carbon capture technology (no CCT) 

Parameter Units 
USC PC a USC 

OXY b 

IGCC (GE) c NGCC d 
no 

CCT CCT no CCT CCT no 
CCT CCT 

Coal Flow rate 
(air dry) t/h 239.8 266.3 209.1 303 323.1 56.1 56.1 

Fuel heat value 
LHV kJ/kg 25870 25870 25860 25870 25869 46502 46502 

Thermal energy based 
on fuel LHV (A) MWt 1723.2 1913.7 1502 2177 2322 724.5 724.5 

Gross electricity 
output (D) MWe 831 827 737 988.7 972.8 430.3 430.3 

Power plant auxiliaries 
(E) MWe 73.3 78.3 54 162.2 203.5 7.7 7.7 

Consumption due to 
CO2 capture (F) MWe NA 83.1 151.6 NA 39.0 NA 66.0 

Net electric output 
(C=D-E-F) MWe 757.7 665.6 531.4 826.5 730.3 422.6 356.6 

Gross electrical 
efficiency (D/A*100) % [LHV] 48.2 43.2 49.1 45.4 41.9 59.4 53.6 

Net electrical 
efficiency (C/A*100) % [LHV] 44.0 34.8 35.4 38.0 31.5 58.3 49.2 

Specific fuel 
consumption MWt/MWe 2.074 2.875 2.827 2.634 3.018 1.71 2.03 

Specific CO2 
emissions kg/MWh 743 117 85 818 152 354 41.9 

Cooling water 
consumption e t/MWh 138.6 240.5 176.7 146.9 185.2 45.6 82.7 

Specific water 
consumption f t/MWh 0.104 0.41 0.063 0.126 0.411 1.02 g 1.21 

a Pulverized coal fired plant with Ultra-Super critical steam cycle. Configuration from [22]. 
b Pulverized coal fired plant with Ultra-Super critical steam cycle and oxy-fired mode. Configuration from [22]. 
c Integrated Gasification combined cycle. Configuration from [22]. 
d Natural Gas combined cycle. Configuration from [22]. 
e For the cases with a once through cooling system (Cases 1 to 3) cooling water consumption indicates the sea cooling water supply. 
For the cases with cooling towers (Case 4), cooling water consumption indicates the cooling water make up. 
f Specific water consumption indicates the consumption of raw water. 
g Factor estimated for NGCC plants from [15]. 

Ammonia emissions increase drastically with the application of post combustion capture due to 
the degradation of the amine solvent. The amount of MEA degraded depends on the type of 
degradation inhibitors that suppliers include in the solvent formulation. Different studies suggest 
that this rate ranges from 0.29 kg/t CO2 to 0.73 kg/t CO2 [112-115] and have identified the 
dependence of the MEA degradation rate on solvent concentration, CO2 loading, SO2 and O2 
concentrations in the gas phase [116]. For this study the geometric mean of the given range was 
taken as nominal MEA loss (0.46 kg/t CO2) with a molar yield on ammonia of 1 mol per mol of 
MEA degraded [117]. Using these assumptions, the impact on ammonia emissions is substantial, 
increasing baseline emissions by a factor 27. 
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Table 2.4. Emission factors for USC PC power plant with carbon capture technology (CCT) and without carbon 
capture technology (no CCT). Results show the amount emitted per unit electricity, the concentration of each 
air pollutant in exhaust gas and the CCQs (on a electricity basis). 

Basic 
components Units USC PC a Units b USC PC a CCQ c no CCT CCT no CCT CCT 
CO2 kg/MWhnet 739 93 mg/Nm3 NA NA 0.13 
SO2 kg/MWhnet 0.26 6.50∙10-4 mg/Nm3 85 0.19 0.00 
NOx kg/MWhnet 0.08 0.10 mg/Nm3 28 45 1.30 
CO kg/MWhnet 0.07 0.09 mg/Nm3 24 26 1.29 
HCl kg/MWhnet 9.00∙10-3 5.40∙10-4 mg/Nm3 3 0 0.06 
HF kg/MWhnet 1.00∙10-3 6.80∙10-5 mg/Nm3 0.4 0 0.07 
PM-10 kg/MWhnet 0.01 6.00∙10-3 mg/Nm3 3 2 0.60 
Ammonia kg/MWhnet 0.004 0.107 mg/Nm3 1 31 26.75 
Total mercury kg/MWhnet 5.70∙10-6 5.30∙10-6 mg/Nm3 1.9∙10-3 1.5∙10-3 0.93 
a Pulverized coal fired plant with Ultra-Super critical steam cycle. Configuration from [22]. 
b based on dry conditions at 6% O2. 
c CCQ: Carbon capture Quotient calculated from model results, which represents the ratio between the emission factors of a 
power plant (on a electricity basis) with and without CCT and indicates the relative increase or decrease in the emission factor 
of a substance due to the application of a certain capture technology [34]. 

2.5.3 Emissions of NGCC power plant with post-combustion capture 

Table 2.5 shows the results for the NGCC Power plant with and without carbon dioxide capture. 
Air pollution related to the NGCC power plant is substantially lower than coal fired power plants. 
Emissions of SO2 and particulates are negligible for the NGCC power plant case. Generally, the 
emissions of these pollutants are zero, as already indicated by the literature review (Table 2.1). 
However, for a more sour gas some emissions of SO2 will be present but in low marginal 
quantities. In that particular case, emissions would be drastically reduced when PCC is 
implemented in the power plant. Also in some cases dust could be carried over to the gas turbine, 
resulting in low emissions of particulates. 

Emissions of NOx are the primary pollutant from gas turbines. They can be controlled by steam 
injection in the turbine, the addition of LNB, with a removal efficiency of 33% -55%, the 
addition of SCR, with a removal efficiency of 75%-85% or the combination of LNB and SCR, 
giving a removal efficiency of 84% - 93% [8]. Results on Table 2.5 correspond to the latest 
option, which is generally only employed in countries with very tight environmental legislation. 
Regardless the option adopted for NOx control, deployment of PCC will result in an increase of 
emissions, as indicated by the calculated CCQ. 

Some emissions of CO are expected as a result of partial combustion of the fuel. It is also 
foreseen that the addition of PCC to the plant will result in an increase of specific CO emissions 
by a factor 1.11. No verification of this was found in literature due to the lack of information 
regarding this component.  

Ammonia emissions shall be also expected as a result of PCC deployment due to solvent 
degradation. The emissions have been estimated under the same assumptions as in the USC PC 
case. Since the initial emissions of ammonia are minor (close to zero) the CCQ tends to infinite. 
No actual value was found in the literature for this component. 
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Table 2.5. Emission factors for NGCC power plant case with carbon capture technology (CCT) and without 
carbon capture technology (no CCT). Results show the amount emitted per unit electricity, the concentration of 
each air pollutant in exhaust gas and the CCQs (on a electricity basis). 

Basic 
components Units NGCC a Units b NGCC CCQ c no CCT CCT no CCT CCT 
CO2 kg/MWhnet 354 42 mg/Nm3   0.12 
SO2

d kg/MWhnet 0 / 1.0∙10-2 0/ 5.9∙10-5 mg/Nm3 0 / 2.2 0 / 0.0 0 / 0.01 
NOx kg/MWhnet 0.03 0.03 mg/Nm3 5.8 6.2 1.17 
CO kg/MWhnet 0.09 0.1 mg/Nm3   1.11 
PM-10 e kg/MWhnet 9.7∙10-5 5.70∙10-5 mg/Nm3 4.2 0,0 0.59 
Ammonia kg/MWhnet 0 0.04 mg/Nm3  8.5 ∞ 
a Natural Gas combined cycle. Configuration from [22]. 
b Dry basis at 6% O2. 
c CCQ: Carbon capture Quotien calculated from model results. They represent the ratio between the emission factors of a power 
plant with and without CCT and indicate the relative increase or decrease in the emission factor of a substance due to the 
application of a certain capture technology [34]. 
d SO2 emissions are negligible for natural gas (value 0 kg/MWhnet). However, some sources of natural gas contain sulphur (H2S) 
and all sulphur in the fuel is assumed to be converted to SO2. For the cases where the sulphur content in the fuel might be 
significant but the actual value is not available, [103] suggests a factor of 3.4 E-03 lb/MMBtu for natural gas. The calculated 
values in the table for SO2 (when different to zero), are a result of the application of said emission factor for stationary turbines 
to the mass balance of the reference cases. 
e PM can be carried over to the turbine.  

2.5.4 Emissions of IGCC power plant with pre-combustion capture 

Air pollution from IGCC coal power plants is generally lower than conventional PC power 
plants. This is reflected in the results presented in Table 2.6. For instance, SO2 emissions are 0.08 
kg/MWh for the IGCC power plant case without CCT. These emissions are approximately 30% 
lower than the USC PC case without CCT. When CCT is implemented in the power plant, these 
emissions are reduced by a factor 0.13 (as indicated by the CCQ). Regarding particulates, the 
IGCC case has similar PM emissions compared to the USC PC case. There is, apparently, no 
effect of the CCT on the emission of particulates. This result indicates that the increase in 
primary energy is compensated by a reduction in particulates emissions in the IGCC plant 
designed with CCT. NOx emissions are the main air pollutant for IGCC power stations and they 
remain relatively constant with and without CO2 capture. The reference case for IGCC controls 
NOx emissions by diluting the feed to the gas turbine with N2. This control measure is sufficient 
to compensate the efficiency drop due to the auxiliary consumption of the capture unit. 
Therefore, NOx emissions are somewhat equal for the IGCC case with and without CO2 capture. 
Carbon monoxide emissions are also not affected by the implementation of CCT in the IGCC 
case. In the case of HCl and HF emissions, no information was found to provide with an adequate 
estimate for the case with CCT. It is unclear whether the Selexol solvent has more or less affinity 
for these components than for CO2. 

One point of attention in Table 2.6 is CO2 emissions, which are higher than the USC PC case. 
This is a direct result of the selected reference case for IGCC, with efficiencies of 38%LHV and 
31.5%LHV for the cases without and with CCT. Nevertheless, higher cycle efficiency (42%-
45%LHV) will result in emissions of 745 kg/MWh which are more comparable to the averaged 
value found in the literature. 
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Table 2.6. Emission factors for the IGCC power plant case with carbon capture technology (CCT) and without 
carbon capture technology (no CCT). Results show the amount emitted per unit electricity, the concentration of 
each air pollutant in exhaust gas and the CCQs (on a electricity basis). 

Basic 
components Units IGCC Power Plant a Unitsb IGCC Power plant CCQc no CCT CCT no CCT CCT 
CO2 kg/MWhnet 818 152 mg/Nm3   0.19 
SO2 kg/MWhnet 0.08 0.01 mg/Nm3 10 1 0.13 
NOx kg/MWhnet 0.39 0.39 mg/Nm3 51 50 1.03 
CO kg/MWhnet 0.24 0.25 mg/Nm3 31 31 1.04 
HCl kg/MWhnet 6.80∙10-3  mg/Nm3    
HF kg/MWhnet 3.60∙10-4  mg/Nm3    
PM-10 kg/MWhnet 0.03 0.03 mg/Nm3 4 4 1 
Total mercury kg/MWhnet   mg/Nm3    
a Integrated Gasification combined cycle. Configuration from [22]. 
b Dry basis at 15% O2. 
c CCQ: Carbon capture Quotien calculated from model results. They represent the ratio between the emission factors of a 
power plant with and without CCT and indicate the relative increase or decrease in the emission factor of a substance due to 
the application of a certain capture technology [34]. 

2.5.5 Emissions of USC PC power plant with oxyfuel technology 

The USC plant described in Section 2.3 was used as reference case for the estimation of 
emissions of oxyfuel technology. For the selected reference case, the source of all gaseous 
emissions is the vent stream from the inert removal unit. Table 2.7 shows the emissions to the 
atmosphere of this case. 

SO2 emissions under oxyfuel conditions have been found to be lower than that in air combustion 
[26]. Measurements at the Clean Coal Test Facility (CCTF) of Doosan Babcock in Scotland show 
that the concentration of SO2 in oxyfuel raw flue gas is approximately 3 times higher than that of 
air-firing flue gas [118]. This contradicts prior modelling studies that estimate concentrations of 
SO2, SO3 and HCl in flue gas up to six times higher that found in air-combustion for coals with 
2% dry sulphur content if FGD is not installed before the primary and secondary flue gas 
recirculation [102]. Also, measured emissions are lower than that expected from mass balances. 
This fact indicates that SO2 is being removed from the system. Most likely it is being adsorbed on 
the fly ash. When emissions are expressed per energy unit the emissions of SO2 are about 25% 
lower for oxyfuel than for air-firing. For this reference case, SO2 emissions are virtually zero 
since any SO2 present in the CO2 rich stream will be removed during the cleaning process. 

NOx emissions are also significantly lower under oxyfuel firing (factor 2) than for air firing [26]. 
In any case, results in Table 2.7, indicate that the emissions of SO2 and NOx resulting from the 
combustion process under oxy-firing conditions can be virtually completely removed from the 
flue gas in the compression plant leading to no emissions to the environment [118]. Particulate 
emissions are also negligible, since particulates are not present in the vent stream of the inert 
removal unit. White et al. [107] have investigated experimentally the factors that influence the 
removal of SO2 in this configuration. Their findings show that high conversions are possible for 
SO2. The presence of NO2 catalyses the oxidation reaction of SO2 to SO3 which is further 
removed as H2SO4 in the presence of water. The ratio SO2/NO2 affects the removal of SO2 .At 
SO2/NO2 ratios of approx. 2.8, conversion is above 95% and at ratios of around 4 conversion 
decreases to 85%. 
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Table 2.7. Emission factors for the USC PC oxyfuel reference case. 

Basic components Units USC PC 
oxyfuel 

CO2 kg/MWhnet 85 
SO2 kg/MWhnet 0 
NOx kg/MWhnet 0.03 
PM-10 kg/MWhnet 0 
Total mercury kg/MWhnet NA 

2.5.6 Trace metals in coal fired power plants 

Studies on trace metal emissions that include measurements at pilot plant and operating facilities 
[103, 119] have been used for the estimation of emission factors (Ei) and removal efficiencies 
(Ri) necessary for the application of equation (2.1) (Appendix 9.2). One characteristic of many of 
these studies is the lack of accuracy in achieving a closed mass balance between metal inputs in 
coal and emerging streams from combustion. This could be due to flaws in sampling methods, 
and flaws in analytical methods [100]. For these reasons, any form of generalization on the 
emissions of trace metals is very challenging. An example of trace metals emissions is given in 
Figure 2.2 based on the application of equation (2.1), for the USC and IGCC power plant cases 
without CCT. The results in Figure 2.2 show that emissions for most metals are similar for both 
USC PC and IGCC cases. 

 

Figure 2.2. Emissions of selected trace metals (in kg/MWhnet) for the USC PC power plant case without CCT 
and the IGCC power plant case without CCT. 



Chapter 2 
 

 

27 

Moreover, accurate data sources on trace metals emissions when CCTs are applied are more 
limited, especially in the gasification case. For this reason equation (2.1) could not be applied for 
the estimation of emissions in the cases with CCTs.  

Nevertheless, in the USC PC case the reduction of particulates also suggests an equal reduction in 
the emissions of heavy metals that have the tendency to distribute mainly on particulates and 
fines. This is not the case of mercury. Mercury is a very volatile metal and is found in different 
oxidation states after combustion (Hg2+, Hg0). Only the oxidized mercury is dissolved in alkaline 
solutions [120]. The elementary mercury can be partially adsorbed on particulates and fines and 
be washed on the capture unit. The final mercury removal efficiency of the capture unit (in the 
absence of any other prior treatment, such as activated carbon injection) depends therefore on the 
mercury distribution, dictated by the combustion conditions. The value of the CCQ for mercury 
found in Table 2.4 is around 1, indicating no effect of PCC on the emissions of this metal. 

With respect to the oxyfuel case, the emissions of metals in the CO2 stream cleaning process is 
still under investigation. White et al. [107] have investigated mercury emissions during the first 
testing campaigns of the Oxycoal – UK project at the sour compression set-up at Imperial 
College (London), although they have not reported them. However, in the liquid samples all the 
mercury was present in the condensate from the first flue gas cooler. The mercury content was 
found to be negligible in all vessels located after the first compression step. Ideally, this will 
result in no mercury emissions for the USC oxyfuel case.  

2.6 Discussion 

2.6.1 Energy penalty 

The performance of the different power plants was initially evaluated without any capture 
technology. Among the cases considered, the NGCC power plant case has the highest efficiency 
(58%LHV). With regard to power plant performance without CCT, the results are in good 
agreement with what can be realised today in terms of energy conversion efficiency [5, 7] and are 
in line with the literature findings summarised in Table 2.1 with the exception of the IGCC power 
plant (with calculated efficiency 38%LHV). Table 2.1 indicates an averaged efficiency for IGCC 
around 42%LHV. Current IGCC power plants, operating only on coal, can realise efficiencies 
ranging from 38.5%LHV to 45%LHV [7] depending on the gasification technology and degree of 
plant integration. The result obtained from the evaluation, although valid, is on the low end of the 
range for this technology, probably due to the technology choice. Higher efficiencies are reported 
for IGCC, where some studies technically predict 46%LHV efficiency [15, 21] but it has not 
been widely demonstrated in operation. 

CCTs demand a significant amount of energy for CO2 separation and compression. This increases 
the primary energy use of all the investigated power plants with integrated CCT, requiring more 
fuel per MWh generated. Based on the sections above, the lowest increase on primary energy use 
is for the IGCC power plant case (15% raise in primary energy use), followed by the NGCC case 
(19% raise in primary energy use) and the UCS PC cases, oxyfuel and PC (36% and 39% 
respectively). These values are in line with literature findings (Table 2.1).  
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2.6.2 SO2 emissions 

As expected, SO2 emissions are negligible for gas turbines; therefore, the NGCC reference case 
analysed in this work has no emissions of this pollutant. With regard to the coal cases, the power 
plant with lowest SO2 emissions is the IGCC reference case, when no CCT is considered. For all 
cases analysed, the implementation of CCT will lead to lower SO2 emissions per unit electricity 
basis. The extension of the reduction depends on the CCT applied. The USC PC oxyfuel has near 
zero emissions for SO2, because the CO2-stream cleaning process of this case leaves virtually no 
presence of SO2 in the CO2-stream, and, consequently no SO2 is present in the vent stream from 
the inert removal unit (source of gaseous emissions). Also, the SO2 emissions from the USC PC 
are drastically reduced. Amine scrubbing requires very low levels of SO2 in the original flue gas, 
that are further reduced after the capture unit. The SO2 emissions from the IGCC case are reduced 
to a less extent. In this case, the gas cleaning takes place prior to combustion, where the sulphur 
gaseous components are removed as H2S. The Selexol® solvent employed to capture CO2 has 
also affinity to H2S, contributing to the observed reduction in sulphur emissions. 

When results are compared to the findings in literature (Table 2.1), the average emission factor 
found for USC PC power plants (0.30 kg SO2/MWhnet, which corresponds to a concentration of 
99 mg/Nm3 in flue gas) is higher than the one found in this work (0.26 kg SO2/MWhnet, which 
corresponds to a concentration of 85 mg/Nm3 in flue gas). Nevertheless, new build power plants 
have a stricter goal in SO2 emissions. The EBTF [21] selected 85mg/Nm3 as emission limit, 
which is the average of the range given by the Best Available Technologies document from the 
European commission [121]. [122] report SO2 emissions as 45 mg/Nm3 (dry basis at 6%O2) for 
the new build power plant at Maasvlakte (Rotterdam). Moreover, the average emission factor 
found for IGCC power plants (0.04 kg SO2/MWhnet) is lower than the one found in this work 
(0.08 kg SO2/MWhnet). This could be directly linked to the lower efficiency of our IGCC case 
compared to the literature average. 

2.6.3 Particulate matter emissions 

PM emissions are also negligible for NGCC. With respect to the coal cases, the USC oxyfuel 
power plant shows the lowest emissions in particulates (near zero emissions) related to the 
specific treatment of the CO2 stream. There are discrepancies between the values found in 
literature and the results of this study. The baseline for particulate emissions from USC PC power 
plants given in Table 2.1 is relatively high (0.04 kg/MWh), four times higher than the emission 
factor calculated in this work. Nevertheless, [122] report emissions of 4 mg/Nm3 (dry basis at 6% 
O2) for an advanced supercritical plant fuelled with bituminous coal. This is in line with the 
results of this work for the USC PC case. The variability observed in particulate emissions is 
partially due to the variation in PC technology but mainly due to the wide variation on the PM-10 
emissions control performance. For state-of-the art USC PC technology, it is safe to assume PM-
10 emissions in the range 3-5 mg/Nm3. 

More discrepancies with literature are found when carbon capture technologies are applied to the 
reference power plants. In the case of post combustion capture in USC PC plants, the average 
literature values show an increase of the emissions of this pollutant by 25% (Table 2.1). Other 
authors [92] suggest a modest reduction in PM (around 74% based on primary energy) due to the 
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necessity of stable operation in the capture unit. In any case, this reduction is not sufficient to off-
set the energy penalty associated with PCC giving a relative increase in direct emissions of this 
pollutant per unit electricity. However, the amine process consists of several washing steps which 
take place in vessels that contain fine structured packing and the absorber column. The efficiency 
of these washing units is high with respect to PM removal with the exception of aerosols. This 
effect has been checked experimentally, in the results of [65], and by modelling, in the recent 
FEED study by Fluor Daniel for the Maasvlakte demonstration plant [122]. 

Regarding the IGCC case, the baseline for particulate emissions found in Table 2.1 is 
considerably lower than the results of this work. As in the case of SO2 emissions, this is due to 
the lower efficiency of our IGCC case. Also, the same discrepancy has been found with respect to 
the effect of CCT. The averaged literature values foresee an increase of the emissions of this 
pollutant by 23% (Table 2.1), while is it possible to maintain the same emission levels in the 
selected reference case of this study indicating partial removal of particulates in the capture unit. 

2.6.4 NOx emissions 

NOx emissions are present in all the power plants analysed. The NGCC power plant is the one 
with lowest emissions of NOx. When compared to Table 2.1, the NOx emissions are over 
predicted by the literature for this case. This reflects the wide variety on NOx control 
performance for NGCC plants. SCR can be incorporated in gas turbines as a post-combustion 
control of NOx emissions. However, the use of SCR depends on the legislation of each country. 
For most cases water steam injection and the use of low NOx burners is sufficient to reduce 
emissions to acceptable levels [94]. For this reason the NOx emissions shown in Table 1 are 
higher than the ones obtained in this study. 

With respect to the coal cases, the power plant with lowest NOx emissions is the USC PC 
oxyfuel. Also the results of this study are lower than the one reported in literature. The CO2 
cleaning process selected for this case has potentially lower emissions than the conventional NOx 
control systems (SCR), which are commonly found in literature. The same trend is found in the 
USC PC power plant. The NOx emissions estimated in this work are lower than the estimates 
from the literature (0.36kg/MWhnet; equivalent to 119 mg/Nm3 in the exhaust gas). The process 
model assumes 95% NOx removal for the combination LNB & OFA & SCR, resulting in 
28mg/Nm3. Although this combination is commercially available, it has not been widely 
demonstrated as a combined technology. The removal efficiency might vary in operation from 
85% to 95%, which would lead to NOx concentrations in the exhaust gas between 28 and 84 
mg/Nm3, which are still below the emissions reported in the literature. 

Moreover, the results of this study show that NOx emission factors for the IGCC power plant are 
higher than for the USC PC power plant. This also contradicts the values retrieved from literature 
and shown in Table 2.1. One explanation is the lower efficiency of the IGCC power plant of this 
study compared to the average efficiency presented in Table 2.1. Moreover, the IGCC power 
plant of this study only includes pre-combustion NOx controls, which consist of diluting the feed 
to the gas turbine with nitrogen. New designs for IGCC plants might incorporate post-combustion 
SCR technologies to further reduce the NOx emissions. If SCR would be applied to the reference 
plant in this study, the NOx emissions for the IGCC case will be reduced from 0.39 kg/MWh 
(Table 6) to 0.11 kg/MWh, level comparable to the best performance of the USC cases. 
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Nevertheless, it is important to highlight that the use of SCR in coal IGCC systems is not yet 
guaranteed. Problems might arise in the form of ammonium sulphate deposits in the HRSG 
causing corrosion and plugging. For this reason SCR requires high sulphur removal to reduce 
sulphate formation to low levels. The new build IGCC plants are also designed with deeper 
sulphur removal to accommodate the SCR. These emission controls result in a substantial 
reduction in emissions for IGCC [123]. 

2.6.5 NH3 emissions 

One major impact of PCC technology is the emission of ammonia [124]. Ammonia is one of the 
degradation products of amines. The increase in ammonia emissions could be substantial, 
depending on the resistance of the solvent towards oxidative degradation, which is the main 
degradation pathway in the case of MEA [125]. Ammonia emissions are correlated to the 
dissolved metals in solution, specially Fe, therefore maintaining a clean solvent by conventional 
reclaiming is essential to secure low formation of volatile degradation products such as ammonia. 

2.6.6 Trace metals 

The effect of CCTs in trace metal emissions could not be evaluated in this work due to the 
absence of important data, such as the interaction of these air pollutants with the different CCTs. 
A comparison between the IGCC and USC PC cases without carbon capture technology was 
given in Figure 2.2. The emissions levels are comparable for both cases. 

Based on existing knowledge, it can be asserted that the removal rates for particulates have a 
direct effect in the removal rates of trace metals that are preferentially adsorbed or condensed on 
particles [93]. Therefore, most of the metals that are enriched in the fly ash during combustion 
will be captured in the downstream filters (ESP), which are present in all the coal fired power 
plants analysed.  

In the post combustion capture case, part of these metals is also removed in the capture unit. 
Recent pilot studies [65] show a deep reduction in fine particulates and metals for the CO2 
capture unit. Experiments were performed with a 30%wt MEA solution at 90% CO2 capture 
removal present in flue gas from the coal fired station at Esbjerg (Denmark). The reduction has 
been correlated to the reduction in fines and dust due to the washing and scrubbing effect of the 
absorber. In principle, the same trend should apply to the case of pre-combustion capture unit 
with similar absorber design. 

Mercury is a volatile metal that is present in the flue gas. Part of the emitted mercury absorbs in 
the unburned carbon in fly ash and will be removed in the ESP and the capture unit in the same 
way as the above mentioned metals. The fraction of mercury that does not absorb in the fly ash 
will be present in flue gas as elemental mercury or as oxidized mercury. The oxidized mercury 
solubilises in alkaline solutions (such as the ones used in the FGD and post combustion capture 
units). However, the elemental mercury is not soluble in these solutions and will not be removed. 
Nevertheless, no pilot studies have been found that have explicitly monitored mercury. 
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2.6.7 Other acid gases 

Estimates for hydrogen halides (HCl and HF) have been evaluated for the USC PC case 
following the modelling methodology. Confirmation on these estimates via the literature database 
was not possible due to the lack of relevant data at the scale and plant type defined in this case. 
For this reason, these values are indicative and should be carefully used. Emissions of HCl and 
HF decrease substantially when CO2 capture is integrated into the power plant. This is due to the 
acidic nature of these gases and the alkalinity of the solvent. This impact is also corroborated by 
recent pilot studies [65]. Nevertheless, more thorough measurements are needed in order to give 
an accurate estimate on the extension of this reduction. 

2.7 Conclusions 

This study has evaluated the emissions of three power plants with and without CO2 capture. The 
methodology assessment was based on the calculation of mass and energy balances of the power 
plants and the estimation of emissions factors for a selected number of air pollutants. When 
compared to existing literature data, it was found that the literature derived emissions were higher 
than the predicted values in this work for most cases with the exception of  the IGCC power 
plant. One possible reason for this observation, is the variability in different air pollution control 
techniques and its performance. The different trend found for the IGCC power plant was 
attributed to the lower efficiency of the plant selected for this study, compared to the literature 
average. 

With respect to air pollutant emissions, different effects have been identified depending on the air 
pollutant: 

• SO2 emissions are significantly reduced together with the reduction in CO2 emissions for 
all coal power plant cases. The extent of this reduction depends on the CCT technology 
applied. The USC PC oxyfuel case has near zero emissions of SO2. The USC PC with 
post-combustion capture shows a drastically decrease in SO2 emissions. The IGCC also 
shows SO2 emissions reduction but to a less extent than in the other cases. No SO2 is 
present in NGCC power plants (unless the initial fuel contains traces of sulphur). 

• NOx emissions are present in all cases investigated (including the NGCC power plant). 
NOx emissions increase due to the deployment of CO2 capture approximately to the same 
extent as the increase in fuel use for the post combustion cases (USC PC and NGCC). 
The other power plant cases show a reduction in NOx emissions (USC PC oxyfuel when 
compared to the USC PC with no capture) or no effect in the case of IGCC. 

• Particulates are only emitted in the coal cases and have been a case of contradiction 
between the literature (which predicts and increase in particulates emissions due to CO2 
capture) and the modelling (which predicts a decrease in particulates and fines when the 
capture technology is integrated). This is a trend observed for the three coal cases (USC 
PC with post combustion capture, USC PC oxy fuel and IGCC with pre-combustion 
capture). For post-combustion capture there are pilot studies that indicate a substantial 
reduction in particulates and fines and a reduction in trace metals that are typically 
adsorbed on particulates, such as Fe, Si, and As. 
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• Ammonia emissions significantly increase when CO2 capture (based on amine 
technology) is integrated into power plants due to amine degradation.  

• Mercury is a very volatile metal under coal combustion and gasification conditions. 
Under gasification conditions is mainly present in the form of elemental Hg (g). Under 
combustion conditions mercury can be in elemental or oxidised form (Hg2+). Only 
oxidized mercury is fully dissolved in alkali solutions and can be partially removed in the 
FGD and CO2 absorber. Elemental mercury can be adsorbed in the fly ash (Hgp) and char 
and be removed along with fines. The percentage of mercury that is removed in the air 
pollution control systems (APCS) depends on the speciation in the flue gas exhausting 
from the coal combustor and there are many factors that have an effect in the oxidation 
state of mercury. In the cases analysed, emissions are expected to be slightly reduced in 
the USC PC power plant with PCC and substantially reduced with oxy-fuel operation due 
to the CO2 cleaning process. In the IGCC case the emissions of this pollutant increase 
due to the application of CCT. 
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3 THERMODYNAMIC ASSESSMENT OF 
NOVEL AMINE BASED CO2 CAPTURE 
TECHNOLOGIES IN POWER PLANTS 
BASED ON EBTF METHODOLOGY 
ABSTRACT 
Post combustion CO2 capture (PCC) with amine solvents is seen as one of the possible 
technologies which can be implemented in the near term to significantly reduce CO2 emissions 
from fossil fuel power plants. One of the major concerns for its implementation at large scale 
in power plants is the high capital and operating costs of the technology. This chapter 
examines the performance of advanced supercritical (ASC) pulverised coal and natural gas 
combined cycle (NGCC) power plants with two post-combustion CO2 capture units. The 
capture units are based on chemical absorption with an advanced amine solvent, CESAR-1, 
which is an aqueous solution of 2-Amino-2-Methyl-Propanol (AMP) and piperazine (PZ), and 
the conventional Monoethanolamine (MEA) solvent. The comparison between the mentioned 
technologies is based on the technical assumptions and method provided by the European 
Benchmarking Taskforce (EBTF) methodology, which is a first attempt for establishing a 
common European Standard for comparative studies. The resulting net electric efficiencies for 
the power plants without capture are 45.25% and 58.3% for the ASC PC and NGCC cases 
respectively. When CO2 capture is applied, the net electrical efficiencies of the studied plants 
decreases. In the ASC power plant, the MEA capture unit decreases the efficiency by 11.7 
percentage points, while the CESAR-1 capture unit decreases the efficiency by 9.4 percentage 
points. For the NGCC power plant, the reductions are 8.4 and 7.6 percentage points for the 
MEA and CESAR-1 capture units respectively. Therefore, the evaluation of CESAR-1 under 
the EBTF standards shows a reduction on power production penalty of 25% for the coal fired 
plant and 12% for the gas fired plant compared to conventional MEA. 
 
This chapter is based on: 
E. Sanchez Fernandez, E.L.V. Goetheer, G. Manzolini, E. Macchi, S. Rezvani, T.J.H. Vlugt. 
“Thermodynamic assessment of amine based CO2 capture technologies in power plants based 
on European Benchmarking Task Force methodology.” Submitted to the Chemical 
Engineering Journal. 
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3.1 Introduction 

Carbon Capture and Storage (CCS) is seen as one of the promising technologies to abate CO2 
emissions from fossil fuelled power plants at a relatively high plant reliability and flexibility level 
[126, 127]. One of the promising CCS strategies is post-combustion capture (PCC) since it is 
more easily applicable to existing power plants. However, it must be outlined that oxy-fuel and 
pre-combustion routes can have other benefits such as reduced efficiency penalties [128, 129]. 

Among the different technologies that can be applied to PCC, the chemical absorption concept is 
indicated as one of the best options for short term implementation [16] because it is partially 
proven at smaller scale and it has been used for different purposes in the process industry [39]. 
There are various PCC technological options commercialized or under development [10]. A large 
effort is currently underway to improve the technology readiness of PCC and its integration with 
the power plants. Large scale demonstration projects are currently under development worldwide: 
e.g. the ROAD project in The Netherlands [130], the NRG project within Clean Coal Power 
Initiative in the USA [131] and the NewGenCoal Project in Australia [132]. Due to the research 
efforts, continuous improvements related to the efficiency of PCC technology are made. 
Therefore, the establishment and definition of baselines to assess the technical and economic 
potential of new solvents or processes is of importance. In this respect, baseline represents a 
realistic, reproducible and up-to-date performance of PCC technology that is used as a point of 
reference for other studies.  

The baselines for PCC are constantly under review in order to provide an updated analysis on this 
technology. For specific technologies, baselines are provided by vendors [133]. There are studies 
that compare the impact of specific amine scrubbing technologies on the efficiencies of different 
power plants [13-15, 29] and evaluate the potential improvements (either in solvent formulations 
or process design) of amine based systems [31]. More recent studies [134] have also provided an 
updated financial baseline for the implementation of CO2 abatement technology in power plants.  

Most studies focus on defining a baseline for a fixed percentage of CO2 removal, which varies 
upon study. Also, alternative capture process schemes based on the Monoethanolamine (MEA) 
solvent are found in the literature and compared to the same baseline [54-56]. These process 
schemes focus on decreasing operating costs and, generally, increase the process complexity. 
This multivariable system characteristic makes the assessment of amine technologies difficult, 
especially when it is desired to compare between different amine solvents. Other studies, such as 
Front End Engineering Designs or Conceptual Designs, give the design and overall investment 
costs of the capture plant as a quote given by the suppliers of the technology [122]. 
Consequently, these studies cannot be used to assess the influence of process parameters on the 
overall technical performance. Some authors have overcome this issue by developing models for 
the analysis of capture processes with the MEA solvent [135-139]. Together with these studies, 
which provided a very good insight of advantages and drawbacks of PCC technologies, there is 
also a growing need for harmonizing methodology and assumptions taken for the technical and 
economic evaluations of capture technologies, in particular when different concepts are being 
compared. For this reason, the European Commission created a public project to unify the 
modelling methodologies of the European projects involved in Carbon Capture within the 7th 
framework R&D Programme [90, 140, 141]. This effort has been done within the European 
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Benchmarking Task Force (EBTF) [21]. Models have been revised (e.g. in the CESAR [90] 
project) and the findings have been used to update the baselines.  

This work compares the adoption of an innovative amine based solvent, named CESAR-1 
(aqueous solution of 23% w/w AMP (2-amino-2-methyl-propanol) and 12% w/w PZ 
(piperazine)) [65] to standard MEA solvent. The assessment is based on the EBTF methodology 
which allows a fast assessment of potential capture solvents. This work also can be used also as 
baseline for assessing other prospective solvent systems in the future. The two solvents and the 
methodology are applied to two different type of power plants: Advanced Supercritical Coal 
(ASC) and Natural Gas Combined Cycles (NGCC). The revised technical and economic 
assumptions are consistent with the benchmarking work performed in other European projects. 

3.2 Plant description of the selected reference cases (ASC PC and NGCC) 

3.2.1 ASC PC power plant case 

The plant is based on an Advanced Super-Critical (ASC) Boiler and Turbine designed for a gross 
power output of about 819 MWe without any carbon capture. The general arrangement layout for 
the reference power plant is based on an inland site with natural draft cooling towers and delivery 
of the coal by rail. Figure 3.1 shows the power plant scheme. The flue gas that exits the boiler 
goes through selective catalytic reduction (SCR) to control the polluting nitrogen oxides (NOx), 
an electrostatic precipitator (ESP) for particulate removal, and flue gas desulfurization (FGD) to 
remove the pollutant sulphur dioxide (SO2) before being released to the atmosphere through the 
stack. Emission limits for NOx and SOx are assumed equal to 120 mg/Nm3 and 85 mg/Nm3 
(based on dry gas at 6% O2), respectively [21]. These values represent the average of the 
emissions levels given by the analysis of best available technologies for coal power plants of the 
European commission [121]. The mass flow rates and conditions of the streams illustrated in 
Figure 3.1 are shown in Table 3.1. 

3.2.2 NGCC power plant case 

The selected reference NGCC case for electricity production without carbon capture is based on 
two large-scale identical gas turbines (GT), “F class”, each equipped with a heat recovery steam 
generator (HRSG), and a single steam turbine. The plant layout is shown in Figure 3.2. This 
arrangement is commonly found among utilities, since it adds operational flexibility as required 
by a competitive electricity market [142]. The HRSG is a three pressure level and reheat type. 
Before feeding the gas turbine combustor, natural gas is preheated up to 160°C by means of feed 
water extracted from the intermediate pressure (IP) drum, increasing the overall plant efficiency. 
The fuel flow rate to the gas turbine combustor is set to obtain an assumed turbine inlet 
temperature (TIT) of 1360°C and air mass flow at compressor inlet is set at 650 kg/s. The 
characteristics of the main streams such as compositions and thermodynamic conditions are 
reported in Table 3.2. 
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Figure 3.1. Schematic layout of the ASC plant without carbon capture. SCR – Selective catalytic reduction. ESP 
– Electrostatic precipitator. FGD – Flue gas desulphurization. 

3.3 Capture plant description of the selected reference cases (MEA and 

AMP/PZ) 

3.3.1 Capture technology selection 

Most amine technologies are relatively comparable in terms of flow-sheet configurations. The 
thermal energy requirement for regeneration is one of the most important process parameters to 
consider when selecting a specific technology. The thermal energy for regeneration in the Fluor 
Econamine process (based on MEA and flue gas from coal fired power plants) has decreased 
from the early values of 4.2 GJ/t CO2 [133] to 3.2 – 3.6 GJ/t CO2 [15, 53] thanks to improved 
solvent formulations, advanced process configurations and the introduction of heat integration. 
These figures can be further reduced with advanced stripper configurations [54-56]. Besides 
thermal energy for regeneration, other aspects to consider are the availability and matureness of 
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the technology, solvent volatility, solvent toxicity, solvent degradation and cost. MEA is used at 
small scale in three existing power plants in the USA [143]. It has relatively low volatility and is 
less toxic than other solvents such as piperazine [66]. Moreover, properties of MEA solutions 
have been widely published in the literature. For these reasons, MEA is historically used as the 
standard solvent for PCC evaluation and it is a competitive baseline, despite other solvents 
having a lower thermal regeneration energy (e.g. PZ has been reported to consume 2.6 GJ/t CO2 
[63]). With respect to the capture process configuration, a standard flow-sheet of a 30%wt MEA 
process is used as baseline. The thermal energy consumption of this process is around 3.6 to 3.7 
GJ/t CO2 captured, based on the results of [65]. The energy consumption of the CESAR-1 
solvent, for a standard flow-sheet of a 23%wt AMP and 12%wt PZ process is around 3.1 GJ/t 
CO2 [65]. 

Table 3.1. Mass flow rate, pressure, temperature and composition of the main fluxes of the ASC reference plant 
(Numbers refer to Figure 3.1). 

Point 
Mass 
flow T P Composition, %mol. 

[kg/s] [°C] [Bar] Ar N2 O2 CO2 H2O SO2 
1 66.6 15.0 - See coal composition as in Appendix 9.1.3 
2 686.6 15.0 1.0 See Air composition as in Appendix 9.1.1 
3 753.2 377.0 1.0 0.90 74.10 2.90 14.90 7.20 0.00 
4 780.5 128.0 1.0 0.90 74.20 3.80 14.10 6.90 0.00 
5 782.0 128.0 1.0 0.90 72.00 3.70 13.70 9.70 0.00 
6 607.4 306.1 320.0         100.00   
7 607.4 600.0 270.0         100.00   
8 497.1 364.6 64.0         100.00   
9 497.1 620.0 60.0         100.00   
10 440.4 263.6 5.2         100.00   
11 360.1 32.2 4.8·10-2         100.00   
12 0.1 9.0 - Ammonia 
13 2.2 18.0 - See Air composition as in Appendix 9.1.1 

Notes: 
Net Power Output 758.6 MWe. 
Net Electric Efficiency 45.25% LHV. 

3.3.2 Capture plant description 

The capture plant is designed to capture 90% of the CO2 contained in the flue gas. Figure 3.3 
shows a generic scheme on how the standard capture process is designed for both solvents: MEA 
and CESAR-1. For the solid fuel case, the flue gas SO2 content was assumed to be reduced to 
approximately 30 ppmv for the case without CO2 capture. Further reduction to 10ppmv is 
necessary for amine solvents and can be achieved by up-grading the FGD unit or by adding an 
SO2 polishing step upstream the CO2 absorber. For the present study case, FGD system 
modification was considered. As shown in Figure 3.3, the flue gas is initially pre-treated in the 
direct contact cooler. At this unit the flue gas temperature is reduced to a suitable level for 
absorption. In the absorber, the flue gas is brought into contact with the solvent. The CO2 is 
chemically bound to the amine solvent and leaves the column at the bottom. The clean flue gas 
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exits the absorber and it is washed in the washing section to avoid solvent evaporation and 
balance water in the system. The loaded solvent is sent to the stripper via the lean-rich heat 
exchanger. In the stripper, the solvent is thermally regenerated. The vapour leaving the stripper is 
condensed at 40 ºC. The condensate is separated from the gas in a flash vessel (40 ºC, 1.6 bar) 
and recycled back to the stripper at the top stage (water reflux). The CO2 product gas, once 
separated from the condensate, is compressed, liquefied and pumped to 110 bar as set by storage 
requirements. 

 

Figure 3.2. Layout of the NGCC plant without carbon capture. NG – Natural Gas. HRSG – Heat recovery 
steam generator. 
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Table 3.2. Mass flow rate, pressure, temperature and composition of the main fluxes of the NGCC reference 
plant (Numbers refer to Figure 3.2); for point 5 (maximum cycle temperature) the table indicates the three most 
commonly used definitions in the international literature [142]. 

Point 
Mass 
flow T P Composition, %mol. 

[kg/s] [°C] [Bar] Ar N2 O2 CO2 H2O NOx 
0 650.0 15 1.01 

Air composition, as in Appendix 9.1.1 1 650.0 15 1.00 
2 523.4 417.5 18.16 
3 15.3 10 70 NG composition, as in Appendix 9.1.2 4 15.3 160 70 

5 538.7 
COT   1443.3 

17.6 0.88 73.71 10.47 4.87 10.07 1.4·10-3 a TIT    1360.0 
TITiso 1265.7 

6 665.3 608 1.04 0.89 74.38 12.39 3.96 8.38 1.4·10-3 
7b 153.7 559.5 120.9 - - - - 100 - 
8b 153.7 337.7 28 - - - - 100 - 
9b 185.0 561 22.96 - - - - 100 - 
10b 20.9 299 3.52 - - - - 100 - 
11b 205.9 32.2 4.8·10-2 - - - - 100 - 
12 6.8 230 28 - - - - 100 - 
13 665.3 86.8 1.01 0.89 74.38 12.39 3.96 8.38 1.4·10-3 
Net Power Output 829.9 MWe. 
Net Electric Efficiency 58.3 %LHV. 
a Value equivalent to 15 ppmv. 
b Two Gas Turbines. 
COT- Combustor outlet temperature. 
TIT -Turbine inlet temperature. 

The process scheme is essentially the same for both solvents studied in this work. However, there 
are some differences regarding flue gas cooling and washing sections that depend on the flue gas 
type and the solvent used. Flue gas cooling depends on the initial conditions of the flue gas and 
the solvent volatility. For the ASC case, flue gas at FGD outlet is water saturated. Flue gas 
cooling is achieved by direct contact with water where the excess of water is sent to water 
treatment system. The final temperature must be controlled in order to limit solvent emissions 
and close the water balance. Therefore, the temperature depends on the solvent used. The low 
volatility of MEA allows final temperatures of the exhaust gas of around 50ºC without major 
losses of solvent. These temperatures can be achieved without the gas cooling step. The water 
balance and exhaust gas temperature are maintained by a small water make-up in one washing 
section. When the AMP/PZ mixture is considered, the flue gas exit temperature must be reduced 
to 30ºC to avoid substantial evaporation of the solvent. In this case, the flue gas fed to the 
absorber column needs to be cooled to similar temperatures to avoid water accumulation in the 
system. After cooling, the flue gas is contacted in the absorber with the solvent mixture. Due to 
the high volatility of AMP, two washing sections are adopted to decrease the temperature of the 
flue gas leaving the absorber at 30ºC approximately. The final concentration of AMP in the off-
gas is below 1ppmv for this case. 
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Figure 3.3. CO2 capture section. Generic flowsheet for the two solvents investigated: MEA and CESAR-1. 

For the NGCC case, flue gas is not saturated with water. Therefore, flue gas cooling could be 
achieved by direct contact with water (as in the previous case) or via humidification. Regarding 
MEA, flue gas temperature is reduced to 40ºC with direct contact with water, resembling the coal 
case. With respect to the AMP/PZ mixture, the flue gas temperature is reduced to 40ºC by 
humidifying the gas. Two washing sections are used to reduce the temperature of the flue gas 
leaving the absorber to 40ºC approximately. The final concentration of AMP in the off-gas is 
below 3ppmv for this case. Although this case has higher AMP emissions, it requires less cooling 
water for gas cooling and does not generate a blow down waste water stream. In the case that 
environmental regulators do not allow this option, the direct cooling system could be also used in 
this case to reach temperatures of 30ºC in the flue gas leaving the absorber and consequently 
reducing AMP emissions to 1ppmv. The entrainment of solvent droplets or in the form of 
aerosols has not been included in this analysis. This aspect is also important from environmental 
and operational aspects. Nevertheless, choosing appropriate demisters reduces entrainment to a 
level that emissions can be predicted with the present models. 

3.3.3 Power plant integration 

The integration of PCC technology in the power plant will result in plant power output and 
efficiency reduction, regardless of the solvent system. In this work the capture plant has been 
integrated in the power plant cycle with the same degree of heat integration for all the solvents 
evaluated. Therefore, this evaluation shows the effect of the different solvent systems in plant 
performance. 
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The reboiler requires a steam pressure of 3 bar. The steam necessary to supply the reboiler is 
extracted from the steam turbine IP/LP crossover in both NGCC and ASC plants in order to limit 
steam turbine modification with respect to the reference case. The resulting steam pressure is at 
5.2 bar in the ASC case and 4.0 bar for the NGCC case. The steam is then suitably conditioned 
(through pressure reduction and attemperation) for reboiler use. Steam conditions at the reboiler 
entrance are 134ºC and 3.05 bar. The condensate is returned into the boiler feed water train in the 
ASC case and to the HRSG feed water train in the NGCC case. No advanced heat integration is 
included in the design. The investigated cases, assumed a new build power station with carbon 
capture; it is therefore considered that they would be designed simultaneously and the steam 
turbines would be optimised for steam extraction at nominal conditions. As the power plant is 
considered a base load power plant, the effect of the turbine re-design and steam extraction on the 
efficiency at part load has not been considered. 

3.4 Methodology 

The modelling procedures for the simulation of the power cycles and the capture processes are 
consistent with EBTF common framework document [21]. A summary of modelling parameters, 
including fuel and air composition, boiler, turbine and pump efficiencies can be found in 
Appendix 9.1. 

The mass and energy balances of the power cycles were carried out using a proprietary computer 
code (GS) developed by the GECoS group at the Department of Energy of the Politecnico di 
Milano to assess the performance of gas/steam cycles [144-147]. The code has been calibrated 
and is capable of generating accurate estimations of combined cycle’s performance. Calibration 
and accuracy have been described in previous publications [25, 148]. In the coal power plant 
case, ultrasupercritical live steam parameters (300 bar, 600/620 ºC) are selected according to 
today state-of-the-art large plants. The steam turbine plant consists of HP turbine, IP turbine and 
LP turbine with extraction points for regenerative heating of feed water and condensate. There 
are nine feed water heaters that produce boiler feed-water at 315ºC. For the gas power plant, the 
typology of gas turbine considered is large-scale “F class” 50 Hz. There is a triple pressure heat 
recovery steam generator (HRSG) with single reheat.  

The capture process technical data and performance are determined by simulation using Aspen 
Plus® commercial software. The E-NRTL thermodynamic package was selected to predict CO2 
solubility in the MEA solvent. MEA model parameters were retrieved from MEA data package 
released in 2008. The absorption process is modelled with three unit operations: direct contact 
cooler (simulated as a flash unit), absorber and water wash section (simulated with the ASPEN 
RadFrac® model). The RadFrac® model assumes a sequence of equilibrium stages. Stage 
efficiencies are considered during sizing of the equipment. The lean-rich heat exchanger is 
designed on the basis of a fixed overall heat transfer coefficient and a temperature approach of 
5ºC (cold in-hot out approach). The stripper is also simulated with the ASPEN Radfrac® model. 
The top two stages serve as a washing section. Moreover, the stripper is designed at a constant 
molar recovery ratio. This value is used to control the lean loading at which the process operates 
and its value was selected to adjust the specific heat consumption to the experimental optimum. 
The experimental values for specific heat consumption from Knudsen [65] were used to fine-tune 
the models. The CO2 compressor, consists of four inter-cooled stages with a fixed isentropic 
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efficiency for each stage equal to 85%. The Peng Robinson equation of state was selected to 
predict CO2 properties during compression. 

The results of the thermodynamic simulations are expressed in terms of the (net electrical LHV) 
efficiency, the CO2 capture ratio (CCR) and the CO2 avoided, given respectively by: 

𝜂 = Net Power
Thermal Power Input (LHV)

 3.1 

𝐶𝐶𝑅 = CO2 captured
CO2 at capture system inlet

 3.2 

CO2 avoided= 𝐸REF−𝐸CC
𝐸REF

 3.3 

Finally, a measure of the energy consumption related to CO2 capture is given by the Specific 
Primary Energy Consumption for CO2 Avoided (SPECCA, GJ/t CO2), which is defined as: 

𝑆𝑃𝐸𝐶𝐶𝐴 = 𝐻𝑅−𝐻𝑅𝑅𝐸𝐹
𝐸𝑅𝐸𝐹−𝐸

=
3600∙�1𝜂−

1
𝜂𝑅𝐸𝐹

�

𝐸𝑅𝐸𝐹−𝐸
 3.4 

Where HR is the heat rate of the plants, (kJLHV/kWhe), E is the CO2 emission rate, (kgCO2/kWhe), 
η is the net electric efficiency of the power plant and the subindexes REF and CC refer to the 
reference case for electricity production without carbon capture and the case with integrated 
carbon capture respectively (for the ASC PC and NGCC cases defined in Section 3.2). 

3.5 Results and discussion 

3.5.1 ASC PC power plant case 

The ASC case was simulated according to the procedures described in Section 3.4. The 
performance attributes of the power plant with and without carbon dioxide capture using the two 
solvent systems evaluated in this work are summarised in Table 3.3. Both solvent systems have 
been modelled to capture 90% of the CO2 in exhaust gases and have been integrated in the power 
plant cycle with the same degree of heat integration (Section 3.3). 

The power plant has a steam turbine output of 819 MW, with about 60 MW of auxiliaries of 
which 50% is due to the feed-water pump. The resulting net electric efficiency is 45.25% with 
specific emissions of 772 kgCO2/MWhe which are consistent with the state of the art of pulverised 
coal plants (advanced supercritical and ultra-supercritical plants) [7, 149]. When CO2 capture is 
applied, the steam turbine gross power output decreases, because of steam bleeding for solvent 
regeneration. Boiler and other components are not affected by CO2 capture.  

Regarding the MEA solvent, the steam turbine power output reduces approximately 130 MW (-
15%), while auxiliaries consumption remains constant except for heat rejection and extra 
condensate pump. CO2 capture consumptions account for 67.4 MW of which 44.8 MW are due to 
CO2 compressor work. The solvent recirculation pump requires 9.3 MW because of the high 
solvent flow rate and absorber height. Resulting efficiency penalty is 11.7% with 86.6% of CO2 
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avoided. The resulting avoidance is lower than the capture rate, because it is calculated as a 
function of specific emissions, at the same time dependent on the overall plant efficiency, which 
decreases compared to the reference case. 

The innovative solvent named CESAR-1 requires less reboiler heat duty than MEA with benefits 
for steam turbine gross power output (+35.7 MW than MEA case). Another advantage is the 
higher capacity, thus reducing solvent flow rates and recirculation pump consumption. The 
resulting net electric efficiency is 35.9% (+2.4% higher than in the MEA case) with slightly 
higher CO2 avoided. Focusing on SPECCA, CESAR-1 has a primary energy consumption of 3.1 
GJ/tCO2, which is 25% lower than MEA. 

It is of importance to mention that the heat of regeneration obtained for MEA is consistent with 
the experimental value found by Knudsen [65]. However, the thermal energy for regeneration 
obtained for CESAR-1 is lower than the experimental value obtained by this author (Section 3.1). 
One possible explanation for this discrepancy is that the absorption column used by Knudsen [65] 
is designed for MEA, and, having CESAR-1 slower reaction kinetics than MEA, the 
approximation to equilibrium obtained in operation does not correspond to the real capacity of 
this solvent, resulting in higher heat of regeneration. The results presented in Table 5 are obtained 
by simulation. Regarding the CESAR-1 solvent, the specific heat of regeneration is reduced by 
27% compared to MEA. 

3.5.2 NGCC power plant case 

The performances of the NGCC case without capture and the investigated case with CO2 capture 
are presented in Table 3.4. The NGCC power plant without capture shows a net electric 
efficiency of 58.3% which is a value in the range of modern NGCC large power plants [142]. The 
predicted net electric efficiency penalty for MEA is 8.4 percentage points, predominantly due to 
lower steam turbine power output (65% of the impact), but also additional auxiliaries. Compared 
to the ASC case, the efficiency penalty is lower because of the lower specific emissions of 
natural gas as well as the fact that the steam turbine power share is about 35%, so penalization for 
steam extraction is lower. Adoption of CESAR-1 as solvent reduces the efficiency penalty for 
CO2 capture because of lower reboiler heat duty and reduced recirculating pump consumption. 

The calculated SPECCA for MEA is 3.36 MJ/kgCO2 which reduces to 2.94 MJ/kgCO2 for CESAR-
1 (12% reduction). Compared to the ASC case, the advantages of CESAR-1 over MEA are 
reduced. The main factors affecting this reduction can be found by analysing the different 
contributions to the overall energy consumption of the CO2 capture plant: 

• Reboiler duty, related to the thermal requirements to regenerate the solvent. 
• Auxiliary consumption of pumps and blower. Pump work is related to the solvent 

capacity. Lower capacities require higher solvent circulation and will lead to higher 
pump work. Blower work is related to absorber’s pressure drop, which has been fixed in 
the common frame work.  

• Compression work. It is equal for both solvent systems per unit CO2 captured, since the 
operating pressure of the regenerator is the same. 
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Table 3.3. Investigated Advanced supercritical pulverised coal power plant cases with two different solvents for 
CO2 capture: Power plant with no capture (ASC PC no capture), power plant with MEA capture process (ASC 
PC MEA) and power plant with CESAR-1 capture process (ASC PC CESAR-1). 

  ASC PC 
No capture 

ASC PC 
MEA 

ASC PC 
CESAR-1 

Power plant 
Steam turbine [MW] 819.18 686.85 722.56 
Feed water pump [MW] -32.05 -32.05 -32.05 
Forced fans [MW]  -3.50 -3.50 -3.50 
Induced fans [MW] -9.60 -9.60 -9.60 
Condensate extra pump [MW] -0.55 -0.28 -0.35 
Auxiliaries for heat rejection [MW] -6.32 -3.06 -3.95 
Pulverised coal handling [MW] -3.33 -3.33 -3.33 
Ash handling [MW] -1.89 -1.89 -1.89 
FGD auxiliaries [MW] a -3.32 -3.32 -3.32 
CO2 Capture plant 
CO2 compression [MW] - -44.80 -44.80 
Blower [MW] - -8.50 -8.50 
Pump auxiliaries [MW] - -9.30 -4.10 
Capture section heat rejection 
auxiliaries [MW]   -4.80 -5.40 

Performance summary 
Net power output [MW] 758.62 562.42 601.77 
Thermal power input [MW] 1676.55 1676.55 1676.55 
Net electric efficiency [%] 45.25 33.55 35.89 
CO2 emissions [kg CO2/MWhel] 771.90 104.30 97. 51 
CO2 avoided [%] - 86.48 87.37 
Solvent Regeneration energy [GJ/t 
CO2] 

- 3.70 2.71 

SPECCA [GJ/t CO2] b - 4.16 3.07 
Notes: 
a Flue Gas Desulphurization auxiliaries. 
b Specific primary energy consumption for CO2 avoided. 

Table 3.3 and Table 3.4 show the thermal requirements to regenerate the MEA and the CESAR-1 
solvents for the ASC Power plant and NGCC power plant respectively. As shown in these tables, 
the predicted MEA specific heat of regeneration is higher for the NGCC case than for the ASC 
case. The reason behind this difference is the lower content of CO2 present in the NGCC flue gas 
(ca 4%vol), which requires more energy for separation per unit of CO2 captured due to the lower 
driving force. 

Regarding the CESAR-1 solvent, the specific heat of regeneration is reduced by 27% for the ASC 
case and only 15% for the NGCC case. This reduction difference is explained by the different 
options used in the flue gas cooling unit. The NGCC case with CESAR-1 solvent uses a 
humidifier that reduces the temperature to only 47ºC. This option reduces the cooling costs but 
the absorber operates at a slightly higher temperature at the bottom of the absorption column than 
that of the MEA case. At higher temperature, the capacity of the CESAR-1 solvent is lower, 
resulting in a lower reduction of the regeneration energy compared to the ASC case, where both 
solvents use the same flue gas cooling option. 
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Table 3.4. Investigated Natural Gas combined cycle power plant cases with two different solvents for CO2 
capture: Power plant with no capture (NGCC no capture), power plant with MEA capture process (NGCC 
MEA) and power plant with CESAR-1 capture process (NGCC CESAR-1). 

  NGCC NGCC NGCC 
no capture MEA  CESAR-1 

Power plant 
Gas Turbine [MW] 2x272.12 2x272.12 2x272.12 
Heat Recovery Steam Cycle [MW] 292.78 215.67 226.5 
HRSC auxiliaries [MW] 3.42 3.41 3.41 
CO2 Capture plant 
CO2 compression [MW] - 22.60 22.60 
Blower [MW] - 14.96 14.96 
Pump auxiliaries [MW] - 4.65 2.89 
Heat rejection auxiliaries [MW] 3.74 4.37 4.27 
Performance summary 
Net power output [MW] 829.86 709.92 722.61 
Thermal power input [MW] 1422.57 1422.57 1423.57 
Net electric efficiency [%] 58.34 49.90 50.76 
CO2 emissions [kg CO2/MWhel] 351.67 41.10 40.40 
CO2 avoided [%] - 88.31 88.52 
Solvent Regeneration energy 
[GJ/tCO2] 

- 3.95 3.39 

SPECCA [GJ/tCO2] a - 3.36 2.94 
a Specific primary energy consumption for CO2 avoided. 

3.5.3 Comparison with other studies 

This section compares the results of the MEA solvent to the data available in the literature. The 
review is not exhaustive (since that is not the focus of this chapter). Instead, the most recent 
studies on this topic have been selected for comparison. Table 3.5 compares the main results of 
this study for the ASC and NGCC cases to other evaluations. Based on the comparison shown in 
this table, the estimated total power loss per unit of CO2 captured is comparable to the results of 
Le Moullec [55] in the ASC case. The small differences in steam turbine power loss (i.e. the 
turbine power loss due to the steam bleed necessary for the reboiler) arise from integration 
aspects, such as, pressure of the steam stream, conditioning of this steam stream and return of 
steam condensate in the boiler feed water line. Nevertheless, the estimated reboiler duty is 
similar. There are also differences in blower and pump consumption. These differences are 
mainly related to the assumed absorber pressure drop. The EBTF assumption is conservative (100 
mbar). The small difference in compression work might be related to different operating pressure 
in the stripper. 

Table 3.5 also compares the main results of this study for the NGCC case to the evaluation of 
Amrollahi et al.[54, 150]. In this case, the steam turbine power loss estimated in this work is 
about 15% higher than that found in the mention study. Different integration with the power plant 
could be one reason for this difference. However, differences in the estimated reboiler duties 
might also play a role. Although the reboiler duty is not explicitly mention in Amrollahi et al., 
this work has used Aspen Plus for simulation while Amrollahi and co-workers have used Unisim 
(Honeywell). Differences in the prediction of MEA properties might lead to different reboiler 
duties, which will explain the different results. 
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Table 3.5. Comparison of the ASC and NGCC results to other studies. Solvent is MEA 30%wt. 

  Units This 
work 

Le Moullec 
[55] 

This 
work 

Amrollahi et 
al. [150] 

Reference Power plant   ASC NGCC 
Gross power output MW 819.18 1200 837.02 391.3 
Net power output MW 758.62 not disclosed 829.86 384.3 
Gross efficiency LHV% 48.86 not disclosed 58.84 57.4 
Net efficiency LHV% 45.25 not disclosed 58.34 56.4 
Base case capture         
Reboiler duty a GJ/t CO2  3.7 3.6 3.95 not disclosed 
Abs pressure drop mbar 100 not disclosed 100 50 
Steam turbine power loss b GJe/t CO2  0.9 0.95 1.06 0.9 
CO2 compression GJe/t CO2  0.31 0.36 0.31 0.33 
Pumps & Blower GJe/t CO2  0.15 0.1 0.27 0.15 
Total GJe/t CO2  1.36 1.41 1.64 1.39 
Reference power plant + Capture plant       
Gross power output MW 819.18 1200 759.91 357.8 
Net power output MW 562.42 not disclosed 709.92 335 
Gross efficiency LHV% 40.97 not disclosed 53.42 52.5 
Net efficiency LHV% 33.55 not disclosed 49.9 49.2 
Efficiency loss % points 11.7 11.94 8.44 7.2 
Notes: All values are expressed per tonne of CO2 captured. 
a [137] reports 3.54-3.6 GJ/t CO2 for reboiler duty. 
b [56] reports 0.94 GJe/t CO2 and [137] reports 0.93 GJe/t CO2 for Steam turbine power loss. 

3.5.4 Sensitivity analysis 

As shown in the previous section, the selection of different design parameters of the equipment 
involved in the process, software type and thermodynamic package might influence the results. 
For this reason, a parametric sensitivity analysis was conducted with the models developed for 
this study. This sensitivity shows how plant efficiency varies to variations on reboiler duty, pump 
and blower efficiency and compressor efficiency.  

The sensitivity analysis was done by varying one single parameter at a time. The following 
variations were taken: 

• Reboiler duty: -10% to +10% of the nominal result 
• Pump efficiency: 75% to 85%  
• Blower and Compressor efficiency: 80% to 90%  

Results are summarized in Tables 3.6 and 3.7 for the ASC and the NGCC case respectively. As it 
is appreciable from the Tables, the parameter that mostly affects the results is the reboiler duty. 
For the MEA solvent, variations of 10% in the reboiler duty will change the net plant efficiency 
of the ASC and NGCC cases by 2.4 and 1.10% respectively. For the CESAR-1 solvent, the 
influence is lower, 1.7% and 1.20% respectively. This is important since different software types 
or amine property data packages might lead to different specific reboiler duty, as also discussed 
in [151]. 
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Table 3.6. Sensitivity analysis for the ASC case with MEA solvent and CESAR-1 solvent. Parameters varied are 
reboiler duty, pump efficiency, blower and compressor efficiencies. 

ASC case with MEA 

 
No 

capture 
BASE 
case 

Reboiler 
duty 

Pump 
efficiency 

Blower 
efficiency 

CO2 
compressor 
efficiency 

Reboiler duty [GJ/t CO2] - 3.7 3.3 4.1 3.7 3.7 3.7 3.7 3.7 3.7 
Pump efficiency [%] a - 80 80 80 75 85 80 80 80 80 
CO2 compressor efficiency [%] b - 85 85 85 85 85 85 85 80 90 
Blower Efficiency [%] b - 85 85 85 85 85 80 90 85 85 
Net efficiency [%LHV] 45.2 33.5 34.4 32.7 33.5 33.6 33.5 33.6 33.4 33.7 
ASC case with CESAR-1 
Reboiler duty [GJ/t CO2] - 2.7 2.4 3.0 2.7 2.7 2.7 2.7 2.7 2.7 
Pump efficiency [%] - 80 80 80 75 85 80 80 80 80 
CO2 compressor efficiency [%] - 85 85 85 85 85 85 85 80 90 
Blower Efficiency [%] - 85 85 85 85 85 80 90 85 85 
Net efficiency [%LHV] 45.2 35.9 36.5 35.3 35.9 35.9 35.9 35.9 35.7 36.0 
a Refers to hydraulic efficiency. 
b Refers to isentropic efficiency. 

 

Table 3.7. Sensitivity analysis for the NGCC case with MEA solvent and CESAR-1 solvent. Parameters varied 
are reboiler duty, pump efficiency, blower and compressor efficiencies. 

NGCC case with MEA 

  

No 
capture 

Base 
case 

Reboiler 
duty 

Pump 
efficiency 

Blower 
efficiency 

CO2 
compressor 
efficiency 

Reboiler duty [GJ/t CO2] - 4.0 3.6 4.4 4.0 4.0 4.0 4.0 4.0 4.0 
Pump efficiency [%] a - 80 80 80 75 85 80 80 80 80 
CO2 compressor efficiency [%] b - 85 85 85 85 85 85 85 80 90 
Blower Efficiency [%] b - 85 85 85 85 85 80 90 85 85 
Net efficiency [%LHV] 58.3 49.9 50.4 49.3 49.9 49.9 49.8 50.0 49.8 50.0 
NGCC case with CESAR-1 
Reboiler duty [GJ/t CO2] - 3.4 3.0 3.8 3.4 3.4 3.4 3.4 3.4 3.4 
Pump efficiency [%] - 80 80 80 75 85 80 80 80 80 
CO2 compressor efficiency [%] - 85 85 85 85 85 85 85 80 90 
Blower Efficiency [%] - 85 85 85 85 85 80 90 85 85 
Net efficiency [%LHV] 58.3 50.8 51.3 50.2 50.8 50.8 50.6 50.9 50.7 50.9 
a Refers to hydraulic efficiency. 
b Refers to isentropic efficiency. 

 

3.6 Conclusions 

This work has provided an updated reference for Post-Combustion Capture (PCC) from fossil 
fuel power plants based on standard MEA solvent. The underlying assumptions and methods 
were taken from the benchmarking effort of the European Benchmark Task Force (EBTF), which 
is a first attempt for establishing a common European Standard for benchmarking and 
comparison studies. Regarding the benchmark, the chapter has evaluated the performance of two 
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different types of power plants (Advanced Supercritical Pulverized Coal and Natural Gas 
Combined Cycle) with and without carbon dioxide capture unit. The results of energy balances 
are similar to the results obtained in other studies available in the literature. However, larger 
deviations have been encountered for the NGCC power plant. 

This work also shows the application of this method to a more advanced amine solvent, CESAR-
1, (mixture of AMP 23%wt and PZ 12%wt). Evaluation of this solvent under the EBTF standards 
shows a reduction on energy penalty of 25% for the ASC reference plant and 12% for the NGCC 
reference plant compared to the MEA baseline. On the basis of these results, the better 
performance of CESAR-1 solvent has been established. Nevertheless, the net efficiency of power 
plants with capture can be improved by better heat integration between capture and power plant. 
This later aspect has not been addressed in this evaluation. 

There are a number of important issues to consider when benchmarking new scrubbing 
technologies for post-combustion capture. The two main focus areas are the degree of heat 
integration and the characteristics of the solvent. With regard to the former, it is important to 
highlight that higher degrees of heat integration will further reduce the values for power penalty 
presented here. However, when one is concerned with comparing solvent scrubbing performance 
special care needs to be taken so all solvents are benchmarked under equal conditions. The 
standard adopted by EBTF considers a low degree of heat integration. Based on the performance 
here reported, a separate optimization could be undertaken to investigate the effects of heat 
integration for every solvent. 

The characteristics of the solvent are the other focus area. The design of the capture unit depends 
on the solvent characteristics such as solvent volatility and toxicity and on flue gas conditions 
and composition. These aspects need to be carefully considered per case so a plausible design is 
implemented. In this study, several modifications to the baseline process were included in the 
capture model for the CESAR-1 solvent due to its higher volatility. These modifications are 
intended to avoid substantial evaporative losses of this solvent. Finally, process economics are 
also important for the selection of the preferred technology. A separate study will be dedicated to 
estimate the economic viability of the described cases (Chapter 4). 
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4 ECONOMIC ASSESSMENT OF NOVEL 
AMINE BASED CO2 CAPTURE 
TECHNOLOGIES IN POWER PLANTS 
BASED ON EBTF METHODOLOGY 
ABSTRACT 
The objective of this chapter is to study the economics of advanced supercritical pulverised 
(ASC) coal and natural gas combined cycle (NGCC) power plants with post-combustion CO2 
capture units using novel and state-of-the-art solvents. The methodology includes process 
model developments using commercial simulation programs, which determine the 
thermodynamic properties of the selected power plants and the performance of the CO2 
capture units. The CO2 capture units are designed to operate using two different chemical 
solvents namely mono-ethanolamine (MEA) and CESAR-1 solvent, which is an aqueous 
solution of 2-amino-2-methyl-propanol (AMP) and piperazine (PZ). The results show that the 
techno-economic benefit of CESAR-1 vs. MEA is more significant for ASC than that for 
NGCC due to a higher concentration of CO2 in the flue gas. This follows from the fact that the 
switch from MEA to CESAR-1 solvents reduces the electricity cost by 4.16 €/MWh in the case 
of the ASC plant compared to 0.67 €/MWh in connection with the proposed NGCC plant. 
Based on the above figures, we can conclude that CESAR-1 reduces the cost of CO2 avoided 
compared to MEA by 6 €/t CO2 and 2 €/t CO2 for the selected ASC and NGCC plants 
respectively. In view of that, the techno-economics can be improved if the CO2 capture plant is 
designed to operate using the CESAR-1 absorption technology due to a reduction in the 
regeneration energy and the solvent recirculation rate (considering its higher CO2 net 
capacity). 
 
 
 
This chapter is based on: 
G. Manzolini, E. Sanchez Fernandez, S.Rezvani, E. Macchi, E. L.V. Goetheer, T. J.H. Vlugt. 
“Economic assessment of novel amine based CO2 capture technologies integrated in power 
plants based on European Benchmarking Task Force methodology” Submitted to the Applied 
Energy Journal. 
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4.1 Introduction 

Within the power generation sector, post-combustion capture (PCC) is one of the options in the 
portfolio of CO2 abatement technologies [10, 12] that will reduce CO2 emissions from fossil fuels 
in order to bridge the gap presented by switching from our current fossil-fuel dependency to a 
low-carbon energy generation. The broad number of innovations in the field, over five hundred 
patents have been published in the last thirty years [152], confirms the growing interest in 
technologies related to CO2 capture. Among the patented CO2 capture technologies, the majority 
relate to solvent development, in particular amines. The current state-of-the-art in PCC is amine 
based absorption systems because the technology is commercially available and it has been 
proven at smaller scale [16]. The major challenge facing implementation on a large scale is the 
high capital cost and operating cost of the technology together with an uncertain CO2 emissions 
regulation. Information about the cost of CO2 capture and storage is subjected to extensive 
research. There are works published in the literature assessing the economics of fossil fuel based 
plants performed by agencies and independent authors [15, 30, 31, 139, 153-155]. A recent work 
by Finkenrath [156] summarized and aligned the economic evaluation of fossil fuel based power 
plants with carbon capture and storage (CCS). The original values from Finkenrath [156] have 
been calibrated to match the assumptions of this work (values in €, 2008). The calculated average 
of the specific investment cost for ASC plants without capture is about 1398 €/kW (based on 
bituminous coal) with an increase of 60% when CO2 capture is applied. The increase is due to 
both higher capital investment costs and lower net power outputs. The resulting cost of electricity 
increases from 48 €/MWh for no capture case to 71 €/MWh with capture resulting in a cost of 
CO2 avoided of 36 €/t CO2. The specific costs of NGCC are significantly lower and equal to 674 
€/kW without capture which increases to 1204 €/kW for a capture case. The determined cost of 
electricity is 48 €/MWh and 59 €/MWh for no capture and with capture respectively. This 
corresponds to a CO2 avoidance cost of 44 €/t CO2. The cost of electricity increase in the first 
industrial scale CO2 capture plant installed in China confirmed the values shown above. In this 
particular case, the cost of electricity increase was quoted equal to 29% [157]. As a basis for 
comparison, the cost of CO2 avoided for renewable energies is in the range of 80-250 €/t CO2 
[158], making CCS a competitive technology from an economic perspective, when carbon 
abatement is required. 

All the costs described correspond to the state-of-the art chemical absorption process based on 
monoethanolamine (MEA). One important research area to improve PCC performance is the 
development of novel solvents that require less energy for regeneration and, therefore, lead to 
lower operating costs than that of the state-of-the-art technology [49, 60, 159]. This chapter 
examines the economic characteristics of two post combustion capture (PCC) technologies based 
on chemical absorption integrated within two different fossil fuel based power plants. The first 
technology is based on the innovative solvent named CESAR-1, which is an aqueous solution of 
2-amino-2-methyl-propanol (AMP) and piperazine (PZ) [65]. The second technology is based on 
monoethanolamine (MEA) and it has been used as a reference baseline for comparison. For both 
case studies, Advanced Supercritical (ASC) pulverized coal and natural gas combined cycle 
(NGCC) technologies have been selected for the economic analysis of post-combustion capture 
based on the mentioned technologies. The economic assessment will determine the impact of 
CO2 capture on the cost of electricity and resulting cost to avoid the emission of a unit of CO2 in 



Chapter 4 
 

 

51 

the atmosphere. This work seamlessly ties up with the thermodynamic assessment presented in 
our previous work [160], which established the potential of the innovative CESAR-1 solvent. 
Compared to the MEA baseline, CESAR-1 reduces the efficiency penalty points related to CO2 
capture by 2% in the NGCC case and by 6% in the ASC case. 

There are however, several issues regarding the reporting of CCS costs. As highlighted in the 
recent work by Rubin [161], there are differences in methodology, measures for cost estimates 
and underlying assumptions that are not always explicit in the published cost estimates. When 
assessing the potential of a new technology, as compared to an already published evaluation of a 
state-of-the-art technology, these issues are likely to influence the final evaluation of the new 
technology leading to a certain degree of confusion. With the aim of comparing novel capture 
technologies to a well-defined baseline, the European Benchmarking Task Force (EBTF) was 
created by the European commission to unify the modelling methodologies and to align both 
technical and economic assumptions taken in benchmarking studies of this type, within European 
projects involved in CCS [90, 140, 141]. 

The aim of this work is the comparison from economic point of view of the CESAR-1 solvent 
with the reference solvent, MEA. In line with the best practice guidelines of the European 
Benchmarking Taskforce (EBTF) [21], the adopted methodology provides a consistent and 
systematic framework for assessing the techno-economic performance features of power plants 
with CO2 capture. For the total plant cost assessment, two different methodologies have been 
adopted to determine the influence of the method on the results: top-down (TD) and bottom-up 
approach (BU). In the TD approach, the power plant specific costs were defined and agreed upon 
in joint effort by the European power plant companies supporting the study (as in the method of 
[135]). In the BU approach, the cost was estimated by economic models (as in the method of 
[25]). Further to the estimation of capital investment requirements and electricity costs, a series 
of sensitivity assessments are carried out to disclose the effect of dominant parameters such as 
capital investment, fuel price and capacity factor variations as well as discounted cash flow, and 
operating expenses on the electricity costs. Finally, the CO2 avoidance costs of the proposed 
technologies are calculated. 

4.2 The economic assessment methodology 

The cost assessment in this work is carried out using both top-down (TD) and bottom-up (BU) 
approach. The BU option relies on a detailed process flow, mass and energy balance, which 
comprises all the stream and equipment data. The generated information is used to obtain 
individual equipment cost data either through appropriate economic models published in the 
literature [162-165] or through specific vendor quotes for each equipment piece. Many chemical 
process development software packages such as ASPEN, Thermoflow and ECLIPSE [166-168] 
already include economic evaluation toolboxes for such a cost analysis. This type of cost 
estimates corresponds to the class II level as defined by Rubin [161]. With regard to the TD 
approach, historical data from past projects or similar works are gathered in relation to the 
performance data of the key components, such as the power block, flue gas cleaning train or CO2 
capture plant. Key components generally comprise several integrated equipment pieces and make 
up a significant share of the overall plant cost. Since it is not always possible to find identical or 
appropriate analogues, this approach has to be combined with adaptation methods using 
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mathematical models or cost indices, scaling and complexity factors. This type of cost 
assessment is similar to the class I cost estimate defined by Rubin [161]. On the grounds of the 
lack of experience and real-world scenarios, the cost estimation of the CO2 capture plant is 
implemented using only a BU approach. The cost for the power plant itself is assessed according 
to both TD and BU methods. The latter predicates a consistent baseline scenario. The TD 
approach, on the other hand, offers a kind of validation due to the availability in the literature 
[156] of a good number of real world analogues.  

The BU cost estimation presupposes a deep insight into major cost contributors – detailed 
equipment lists – and a good knowledge about the relationships among different cost elements. 
Since only the bare equipment costs are reflected in estimations, further cost factors (installation 
costs: Ii) such as civil, structural and erection costs as well as instrumentation, piping, valves, 
insulation, electrical and painting needs to be factored in as a percentage of the bare equipment 
cost. The values will vary from case to case and depend on the equipment types. The possibility 
of forgetting important elements is one of the major pitfalls. In general, the main cost 
contributors will account for the high percentage of incurring costs. The set of equations given 
below show simplified presentations of different cost types. The calculations factor in additional 
variables such as indirect costs, contingencies and owner’s costs as a portion of the total plant 
cost. Each individual equipment cost is derived from specific equipment costs (σk), as a function 
of the equipment performance rate (rk), which is made up of dominant variables. The equipment 
performance rate is made of a factor, which includes extra costs to the base design due to 
additional functionality and/or improved performance attributes such as material upgrades, 
additional facilities, or capacities. Moreover, depending on the project complexity, further factors 
can be added to the equation accounting for higher equipment integrations, soft costs, fixed and 
variable engineering costs etc.  

𝑇𝐸𝐶 = ∑𝜎𝑘(𝑟𝑘)  4.1 

𝑇𝐷𝑃𝐶 = 𝑇𝐸𝐶 ∙ (1 + 𝐼𝑘) 4.2 

𝐸𝑃𝐶 = 𝑇𝐷𝑃𝐶 + 𝑇𝐼𝑃𝐶 = 𝑇𝐷𝑃𝐶 ∙ (1 + 𝐼𝐶) 4.3 

𝑇𝑃𝐶 = 𝐸𝑃𝐶 ∙ (1 + 𝛽) 4.4 

TEC: Total Equipment Cost, αi: specific equipment cost, ri: equipment performance rate, TDPC: 
Total Direct Plant Costs, Ii: installation cost [%], EPC: Engineering Procurement and 
Construction cost, IC: indirect cost percentage relative to the TDPC [%], TPC: Total Plant Costs, 
β: contingency + Owner' s Costs [%] 

An indirect cost (IC) of 14% is applied to the total direct plant costs (TDPC) studied in this work 
making up the Engineering, Procurement and Construction (EPC) cost. The total indirect plant 
cost (TIPC) entails outlays such as service facilities, buildings, yard improvements etc. The EPC 
is further inflated to a total plant cost (TPC) including a contingency and an owner’s cost of 15% 
(β). 

Regarding the operational costs, the fixed and variable operating costs are induced based on 
material flow, labour and maintenance requirements. The raw materials and utility requirements 
were determined by detailed simulations of the power plants with and without CO2 capture[160]. 
The maintenance and labour cost have been determined using typical factors and constants from 
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unit operators and technology suppliers, which are validated over the years, and additional 
expenditures for overhead costs and insurance. These values were taken from the economic 
model in [139]. 

The economic assessment is based on the net present value calculation to achieve a breakeven 
electricity-selling price (COE). The COE represents the price that a generator must charge for the 
electricity supply to the grid system in order to achieve a net present value of zero. The 
calculation is carried out by subtracting the present value of the net incomes during the plant 
lifetime from the net present value of the total capital investment. The net income includes the 
revenue sources through the sale of electricity minus all the expenditures such as fuel, operating 
and maintenance costs, insurance premiums and taxes. The calculation also includes the interest 
rates incurred during the plant construction time. Table 4.1 summarises the main assumptions 
used in the calculation. The sale of potential by-products such as gypsum from the Flue Gas 
Desulphurisation (FGD) plant is not considered in this chapter. The values in the bracket show 
the range of values studied in the sensitivity analysis. Further parameters included in the 
sensitivity analysis comprise specific investments along with operating and maintenance costs.  

Finally, the CO2 avoidance costs are computed covering a plant capital investment requirement of 
±30% and a discounted cash flow of between 4% and 12%. This cost excludes the transport and 
storage charges as these strongly vary from case to case considering factors such as location, 
topography, geological formations and socio-economic aspects. Apart from improved COE and 
CO2 capture rates of the plants with CO2 capture, the calculation also accounts for CO2 capture 
energy requirements. Reductions in energy penalties will lower the CO2 avoidance costs. The 
CO2 avoidance cost can be calculated from: 

Cost of CO2 avoided =  (𝐶𝑂𝐸)CC−(𝐶𝑂𝐸)REF 
𝐸REF−𝐸CC

 4.5 

Where COE is the cost of electricity of the plants, (€/kWh), E is the CO2 emission rate, 
(kgCO2/kWhe) and the subindexes REF and CC refer to the reference case for electricity 
production without carbon capture and the case with integrated carbon capture respectively for 
the ASC PC and NGCC cases. 
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Table 4.1. The main economic assumptions used for the economic assessment of the ASC and NGCC power 
plants based on the EBTF recommendations [21]. 

Parameter ASC NGCC 
Discounted cash flow rate [%] 8 (4-12) 8 (4-12) 
Interest during the construction [%] 8 8 
Plant life time [Years] 40 25 
Plant location Europe Europe 
Plant capacity factor [%] 85 (40-90) 85 (40-90) 
Fuel cost [€/MWh] 3 (1.5-4.5) 6.5 (3.25-9.75) 
MEA cost [€/kg] 1.042 1.042 
AMP cost [€/kg] 8.0 8.0 
PZ cost [€/kg] 6.0 6.0 
Activated carbon [€/kg] 2.7 2.7 
Process water [€/m3] 6 6 
Labour cost [€/h] 45 45 
Construction period [years] 4 3 
Budget allocation first year [%] 20 40 
Budget allocation second year [%] 30 30 
Budget allocation third year [%] 30 30 
Budget allocation fourth year [%] 20 0 
Depreciation & tax  0 0 

4.3 Total cost assessment of ASC PC and NGCC power plants with CO2 capture 

based on MEA and AMP/PZ 

In this section, the total costs (investment and operational) of the proposed power plants with 
integrated carbon capture units are estimated. Following the methods described in the previous 
section, the capital investment requirements of the power plants are determined based on the TD 
and BU approaches. The cost for CO2 capture plants – MEA and CESAR-1 – are calculated using 
only a bottom-up approach (BU) due to the lack of sufficient historical data. The technical 
process characteristics of MEA and CESAR-1 absorption processes are described in our previous 
work [160]. The operational costs are estimated based on the utility requirements estimated in 
this technical assessment [160] and additional factors as described in the previous section. The 
costing model and capture process adopted for CESAR-1 is the same as the one developed for 
MEA. Nevertheless, there are some differences regarding the solvent loss abatement system and 
solvent degradation with respect to MEA that are addressed in this section. 

The capture process is briefly summarised here once again. In the initial phase after the gas 
cleaning stage, the flue gas is cooled in a direct contact cooler (DCC) to 40 °C before it is fed to 
the absorber, which facilitates the optimum contact between the flue gas and the solvent. The 
CO2 in the flue gas chemically attaches itself to the solvent. The CO2 loaded product is extracted 
at the bottom of the absorption column. The remaining gas is clean and can be vented to the 
atmosphere after a final wash in order to avoid solvent evaporation. The loaded solvent is further 
processed in a stripper, where it can be thermally regenerated for further use. This process 
requires a lean-rich heat exchanger to pre-heat the solvent, reducing the stripper heat duty. The 
stripper is similar to a distillation column where the bottom product is the lean solvent. The 
overhead gas contains mainly CO2 and some amount of solvent vapours, which needs to be 
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condensed using a dedicated heat exchanger and a condenser drum. The condensate is pumped 
back to the stripper. The CO2 stream leaves the top of the condenser ready for compression. The 
circulation of the CO2 lean and rich solvents are maintained using dedicated pumps. This process 
is used for MEA and CESAR-1 solvents with the only difference of the solvent loss (higher for 
CESAR-1) abatement system. In order to limit the evaporation losses of CESAR-1 solvent below 
1-3 ppmv, two washing sections (instead of one for the MEA case) have been added on top of the 
absorber packing. 

Solvent degradation is relatively well understood for MEA [44, 45, 113, 116, 125, 169-171]. 
Several authors have studied the AMP and Piperazine solvent degradation in contrast to MEA. 
Lepaumier reports an overall degradation rate of AMP that is half of the degradation rate of 
MEA[172]. On the other hand, Piperazine is known to be more stable than MEA [173]. Based on 
the extrapolation of the values found from the mentioned references, the following assumptions 
are taken as the nominal loss for solvents, due to oxidative and thermal degradation, as well as 
the reaction with other acid gases: 

• AMP: 0.5 kg/t CO2 
• Piperazine: 0.05 kg/t CO2 
• MEA: 1.5kg/t CO2 [139] 

With regard to solvent costs, it seems difficult to predict accurate and standard market prices for 
AMP and Piperazine because these solvents are not traded as commodities. At relatively large 
quantities, Piperazine is sold at around 6 €/kg (Table 4.1). AMP is a more expensive solvent with 
a price estimated at around 8 €/kg (Table 4.1). 

4.3.1 Total cost assessment of the ASC PC power plant case 

The EPC cost of the reference ASC case without CO2 capture is approximated at around 1266 
M€ using a TD approach; cost breakdowns are shown in Table 4.2. As indicated, the boiler, 
which includes gas clean-up, fuel and ash handling as well as heat recovery, represents the 
element with the highest cost followed by the Balance of Plant and Civil works. The table also 
juxtaposes the cost estimations according to the BU approach. Similarly, the boiler, which 
includes fuel and ash handling, ESP (particulates control system), DeNOx (NOx control system) 
and FGD (Flue Gas Desulphurisation) constitutes the largest cost component followed by the 
balance of the plant. In both TD and BU approaches, the flue gas SO2 content was assumed to be 
reduced to approximately 30ppmv for the case without CO2 capture. Further reduction (necessary 
for amine solvents) can be achieved by upgrading the FGD unit or by adding an SO2 polishing 
step upstream the CO2 absorber. These options may require extra investment and auxiliaries’ 
consumption. The selection of any of these options depends on a close evaluation of solvent 
degradation and price. For the present study case, FGD system modification costs are considered 
relatively minor as compared to the other new equipment required in the capture plant [174]. 
Therefore, they have not been accounted for. The oxidative and thermal degradation of the MEA 
solvent and the solvent loss due to the irreversible reactions with SO2 and other acid gases was 
taken into account during the estimation of operational costs. 
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Table 4.2. Cost breakdown of EPC estimation for the reference ASC plant without CO2 capture. The table 
shows the percentage contribution to the EPC of the key plant components and the calculated cost for both 
estimation approaches (TD and BU). 

 
TD estimation 

% of EPC [175] 

TD 
estimation 

(M€) 

BU 
estimation 
% of EPC 

BU 
estimation 

(M€) 
Boiler  40 506.3 47 511.6 
Turbine Train 7 88.6 9 100.1 
Balance of Plant 21 265.8 14 155.7 
Generator 3 38.0 4 42.9 
Civil Works 13 164.5 8 84.8 
Electrical + Instrumentation  6 75.9 9 102.6 
Erection/Project Management 10 126.6 9 102.3 
Total EPC 100 1265.7 100 1100.0 

 

In connection with the CO2 capture plant, the cost estimation is only performed according to a 
BU approach. Table 4.3 shows the main equipment types, cost and the total equipment 
investment requirements for both MEA and CESAR-1 absorption processes. The main advantage 
of the CESAR-1 solvent over MEA is its higher net capacity, 94 kg CO2/m3, versus the MEA 
baseline, 44 kg CO2/m3 (for ASC power plant flue gas). However, due to environmental 
constraints the limit of amine emissions of the used solvent (MEA, AMP, PZ) was set to around 1 
ppm by volume or less in line with other studies [176, 177]. The previous modelling work [160] 
predicted that 30 wt% MEA solvent solutions had extremely low emissions using a single wash 
stage (once through direct contact with process water). However, in connection with the CESAR-
1 solvent (AMP, PZ), the AMP emissions were found to be unacceptably high, using a single 
wash stage, due to its higher volatility compared to MEA. The solution to reduce emissions of 
AMP consisted of introducing a secondary wash stage, which has a height of 2.5m and the same 
diameter as the absorber. This height has been proven sufficient for an adequate mixing in the 
washing section [178]. The packing material selected for the washing section, Mellapak 250Y, is 
the same as the one used in the entire absorber. Moreover, each washing section consists of a 
pumped solvent loop. The pumps serving this recycle flow were also added to the equipment list 
(Table 4.3) and the pump consumption was taken into account in the total auxiliary power 
consumption of the capture plant. In the case of MEA, an alternative washing equipment was 
chosen (gas impingement scrubber), which has not been used in the CESAR-1 case due to its 
lower washing efficiency. Once all the extra equipment is considered, Table 4.3 shows that the 
overall equipment cost for the CESAR-1 capture plant is lower than that of MEA. The cost 
differences reflect the physical requirements. The main contributors to the equipment cost 
(absorber, LRHX and stripper) are considerably smaller (cheaper) due to the higher solvent net 
capacity of CESAR-1. Table 4.4 shows the total capital requirements covering installation and 
indirect expenditures for establishing the capture plants. The result for conventional amine 
process (MEA) is calculated at around 173 M€, which is higher than CESAR-1. 
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Table 4.3. Detailed equipment cost (in million €) of the CO2 capture plant for the ASC case, designed for the 
MEA and CESAR-1 solvents. 

EQUIPMENT MEA CESAR-1 
M€ M€ 

Flue gas (FG) blower 2.36 2.17 
Lean solvent pump 1.04 0.47 
Absorber column 5.96 4.09 
Absorber Packing a 11.74 8.06 
Lean-rich exchanger b 10.6 3.54 
Lean Liquid cooler 1.50 1.12 
Reboiler 3.47 2.7 
Stripper 1.75 1.29 
Stripper packing 1.57 1.16 
Rich solvent pump 0.87 0.47 
Condenser 3.12 1.8 
Condenser fluid pump 0.05 0.03 
Cooling water pump 1.34 1.17 
Storage vessel  0.63 0.32 
CO2 compressor 25.9 25.9 
Scrubber 0.55 NA 
FG direct contact cooler (DCC)c NA 4.33 
FG cooling water cooler NA 1.62 
Absorber cooler NA 3.75 
Absorber. washing pumps NA 0.24 
Total equipment cost (TEC) 72.45 64.23 
a Structure packing Mellapack 250Y [179]. 
b Plate and frame heat exchanger of the Packinox type [180]. 

c Includes column, packing and pumps. 

Regarding operational costs, the operation and maintenance costs for the ASC power plant 
without CO2 capture is estimated at around 36 M€ per annum, according to the information 
provided by unit operators and technology suppliers [175]. This includes all variable and fixed 
costs. The variable operating costs reflect all the expenses for consumables such as catalysts, 
cooling and process water. By-products such as gypsum credit can serve as an additional income. 
However, this chapter does not include this revenue factor in the economic analysis. 

The estimation of the capture plant’s operating costs includes the variable costs for chemical 
solvents, which is based on the overall consumptions, and the fixed costs for maintenance and 
labour. Table 4.5 summarises the breakdown of the capture plant operating costs. Solvent 
degradation rates and costs have a significant impact on the capture plant’s operating costs. 
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Table 4.4. Overall cost of the installed CO2 capture plant for the ASC case based on the MEA and CESAR-1 
solvents. All assumptions are consistent with the EBTF common framework document [21]. 

 MEA 
M€ 

CESAR-1 
M€ 

Direct costs 
TEC 72.45 64.23 
Erection 35.50 31.47 
Instrumentation and Controls 6.50 5.78 
Piping 14.13 12.85 
Electrical Equipment and 
Materials 8.70 7.71 

Civil works 7.96 7.06 
Solvent Inventory 6.50 6 
TDPC 151.74 135.1 
Indirect costs 
Yard Improvements 2.28 2.03 
Service Facilities 3.03 2.7 
Engineering and Supervision 9.86 8.78 
Buildings  6.07 5.4 
TIPC 21.24 18.91 
EPC (TDPC+TIPC) 172.98 154.01 

Table 4.5 Operating and maintenance cost (O&M) of the CO2 capture plant for the ASC case. All assumptions 
are consistent with the EBTF common framework document [21]. 

 

MEA 
[M€] 

CESAR-1 
[M€] 

Fixed O&M Costs 
Maintenance and Repairs (M)a 5.08 4.5 
Operating Labour (OL) and Laboratory 
Charges b 1.24 1.24 

Operating Supplies 0.8 0.68 
Insurance c 3.05 2.72 
Plant Overhead Costs d 3.73 3.41 
Total Fixed O&M costs 13.9 12.55 
Variable costs   Raw Materials e 6.2 17.21 
Utilities f 9.1 5.29 
Total variable O&M costs 15.3 22.5 
Total O&M Costs 29.2 35.05 
a 2.5% of TPC [21]. 

b Total operating labour (OL) includes: Labour (2job/shift ) and Supervision (30% of OL) [21, 139]. 

Laboratory charges (10% of OL) [21, 164]. 

c 1.5% of TPC [21]. 

d 60% of M+OL [21, 164]. 

e Includes: Solvent Make-up (1.5 kg/t CO2 for MEA [139], 0.5 kg/t CO2 for AMP [this work], 0.05kg/t CO2 for 
PZ [this work]) and activated carbon (0.075kg/t CO2 for MEA solvent [139] and 0.0375 for CESAR-1 solvent 
[this work]) 

f Includes cooling water and process water [21]. 
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The higher resistance to degradation reported for the amines in the CESAR-1 solution [172, 173], 
implies a positive effect on the solvent replenishment costs. However, the costs of the amines in 
the CESAR-1 solution have a substantial impact in the variable costs of the CESAR-1 capture 
plant. As indicated in Table 4.5, the CESAR-1 plant requires higher operating costs compared to 
the MEA plant, due to the higher price of AMP and PZ. To reduce the operating and maintenance 
costs of the CESAR-1 plant, an optimised management of solvent is required in order to reduce 
losses and degradation. It is important to understand the implications of degradation and solvent 
management on the overall economics of CO2 capture. In the sensitivity analysis, the costs 
associated to the solvent losses and degradation are demonstrated in operating and maintenance 
costs. 

Considering the integration of the ASC plant with CO2 capture, some outlays such as the cost for 
power and utilities are already included as energy penalty in the overall economics. Furthermore, 
some plant components in ASC with CO2 capture are downsized requiring lower operating costs. 
For this reason, the overall operating and maintenance costs of the power plant with integrated 
CO2 capture are not automatically given as a sum of the annual expenses for the reference power 
plant and the CO2 capture unit requiring a more detailed analysis. 

The detailed results for capital investment requirements, operating costs and cost of CO2 
avoidance are summarised in Table 4.6. The total plant cost is derived as a sum of power plant 
and CO2 capture unit EPC with the addition of contingencies (10%) and owner’s costs (5%). As 
previously mentioned, the capital investment requirements of the ASC power plant without CO2 
capture are determined based on the TD and BU approaches. The TD approach, which is based 
on the information provided by a utility company, seems to provide a slightly higher capital cost. 
This could be due to a missing cost component outside the mass and energy balances (basis for 
the BU approach), which probably influences the final capital estimate. Other possible 
explanation is an over estimation in the budget quote provided (basis of the TD approach), due 
the timing and characteristics of the cost structure, where it was not completely clear which 
additional costs were included in each cost category. Therefore, higher contingency figures are 
recommended for plants with limited empirical knowledge base. For novel plants, contingencies 
can be higher than 35% [181].The contingency and owner’s costs are fixed to 15%, since the cost 
estimation refers to an established technology without developing costs and unexpected issues. It 
is left to the readers to consider and apply appropriate correction factors. 

Comparing to the specific investments previously published in the literature for MEA, the results 
shown in Table 4.6 fall within the expected range. The adjusted capital investment (€ 2008) for 
ASC PC with MEA based CO2 capture unit is reported to be in the range of €2100/kW and 
€3550/kW for plants with nominal outputs between 500 MW and 800 MW [156, 182-184]. The 
higher values correspond to smaller plants. 

Due to lower energy requirements for solvent regeneration and higher net capacity, the use of 
CESAR-1 solvent improves the plant efficiency and the plant cost leading to lower specific plant 
cost. The variable operating cost for CESAR-1 solvent is, however, higher due to the higher price 
of the solvent’s components. 
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Table 4.6. The summary of the economic details of the ASC power plant without capture (Conv.) and the ASC 
power plant with MEA based capture (MEA) and CESAR-1 based capture (CESAR-1). 

    Top-down Bottom-up  
Parameter Unit Conv. MEA CESAR1 Conv. MEA CESAR1 
Power balances and emissions 
Gross power output MW 819.18 686.85 722.56 819.18 686.85 722.56 
Net power output MW 758.62 562.42 601.77 758.62 562.42 601.77 
Thermal input MW 1676.55 1676.55 1676.55 1676.55 1676.55 1676.55 
Net electric efficiency % 45.25 33.55 35.89 45.25 33.55 35.89 
CO2 emissions [kgCO2/MWh] 771.9 104.3 97. 51 771.9 104.3 97. 51 
SPECCA [MJ/kgCO2] - 4.16 3.07 - 4.16 3.07 
Economic assessment 
Power plant EPC M€  1266 1239 1247 1100 1077 1083 
Capture plant EPC M€ 0 173 154 0 173 154 
Total plant cost  M€  1456 1624 1611 1265 1411 1423 
SI (gross) €/kW 1777 2365 2229 1544 2055 1969 
SI (net) €/kWnet 1919 2888 2677 1668 2510 2364 
Fuel  M€/yr 133 133 133 133 133 133 
Fixed O&M costs M€/yr 27 41 42 27 41 42 
Var. O&M costs M€/yr 9 24 31.5 9 24 31.5 
Total O&M M€/yr 169 198 206.5 169 198 206.5 
Fixed O&M costs €/kWnet 36 73 70 36 73 70 
Var. O&M costs €/MWhnet 1.58 5.69 6.98 1.58 5.69 6.98 
COE [€/MWh] 56.29 86.91 82.75 52.87 82.40 78.49 
Cost of CO2 avoided [€/tCO2] - 45.9 39.2  44.2 38.0 

4.3.2 Total cost assessment of the NGCC power plant case 

The EPC cost of the reference NGCC case without CO2 capture is shown in Table 4.7. Based on 
the TD approach the EPC is approximated at around 514 M€. The original estimate provided by 
suppliers had to be up-scaled to account for the different power output between the present 
reference case and that of the estimate provided. Cost breakdowns are also shown in Table 4.7. 
Since the TD estimate was provided without cost breakdown, this was taken from a recent work 
of Gas Turbine World [185] which discusses NGCC cost assessment. Regarding the BU 
approach, the basic equipment cost of the gas turbines and heat recovery steam cycle were taken 
from [15] and cross-checked with [186]. With this approach, the most expensive component is 
the gas turbine, and equipment installation accounts for 36% of total plant costs.  

The individual equipment costs of the capture units are summarized in Table 4.8. Technical 
utility data are used to perform this cost estimation. The capture plant design is similar to that 
used in ASC (refer to Section 4.3 for a short description). The only difference, which had to be 
taken into account, is the gas composition – the flue gas in NGCC contains less CO2. Compared 
to ASC, the capture section in NGCC application is cheaper since the higher cost for the absorber 
are more than balanced by lower reboiler and CO2 compressor costs. In general, the absorption 
section is more expensive because the CO2 is more diluted, while regeneration and compression 
are cheaper for the lower amount of CO2 captured. Additional expenses such as piping, structural, 
and civil works, electrical, instrumentation and insulation costs are taken into account using 
appropriate multipliers and constants. Table 4.9 summarises the overall cost of the capture plant. 
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Using CESAR-1 the total plant cost is around 146 M€. The total plant cost using the MEA 
solvent is calculated at around 163 M€. The higher cost of the MEA capture plant is attributed to 
the elevated energy requirements for solvent regeneration and lower solvent net capacity. 

Table 4.7. Cost breakdown of EPC estimation for the reference NGCC plant without CO2 capture unit. The 
table shows the percentage contribution to the EPC of the key plant components and the calculated cost for both 
estimation approaches (TD and BU). 

 
TD 
estimation 
% of EPCa 

TD 
estimation 
(M€)b 

BU 
estimation 
% of EPC 

BU 
estimation 
(M€) 

Gas Turbine [M€] 27 138 22 99 
Heat Recovery Steam Generator [M€] 12 62 10 46 
Steam Turbine [M€] 11 54 9 43 
Heat Rejection & miscellaneous [M€] 18 92 11 50 
Installation costs [M€] 25 130 36 162 
Indirect costs [M€] 8 39 12 56 
EPC  100 514b 100 455 
a Since the supplier of the TD estimate did not provide a cost breakdown [187], the EPC cost breakdown has been taken 
from [185], based on a NGCC power plant with only 1 gas turbine, total power output of 555.1MW and specific total 
plant costs of 617.1€/kW. 
b The TD estimate has been up-scaled from the original value based on total power output. 

Table 4.8. Detailed equipment cost (in million €) of the CO2 capture plant for the NGCC case, designed for the 
MEA and CESAR-1 solvents. 

EQUIPMENT MEA  CESAR-1  
M€ M€ 

Flue gas (FG) blower 4.55 4.46 
Lean solvent pump 0.58 0.55 
Absorber column 10.53 6.70 
Absorber Packinga 16.90 10.75 
Lean-rich exchangerb 1.55 0.94 
Lean Liquid cooler 1.16 1.01 
Reboiler 2.90 2.51 
Stripper 1.97 1.47 
Stripper packing 0.94 0.70 
Rich solvent pump 0.57 0.55 
Condenser 2.92 2.28 
Condenser fluid pump 0.04 0.04 
Cooling water pump 0.89 0.84 
Storage vessel  0.50 0.34 
CO2 compressor 17.80 17.80 
Scrubber 1.05 0.00 
FG direct contact cooler (DCC)c 2.45 5.92 
FG cooling water cooler 0.68 NA 
Absorber cooler NA 3.64 
Absorber washing pumps NA 0.26 
Total equipment cost (TEC) 67.99 60.84 
a Structure packing Mellapack 250Y [179]. 
b Plate and frame heat exchanger of the Packinox type [180]. 

c Includes column, packing and pumps. 
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With respect to the operational costs, the information about the operating and maintenance costs 
for the reference case without CO2 capture are provided by unit operators and technology 
suppliers resulting in a total annual value of around €28 million. These costs are consistent with 
similar publications [31]. The operating costs of the capture plant are given in Table 4.10. The 
estimation includes the expenses for consumables and chemical solvent make-ups as well as costs 
for maintenance and labour. With regard to the NGCC plant with CO2 capture, the operating 
costs are not given as the sum of the capture and the reference plant since some components have 
to be downsized. The operating and maintenance costs for the power plant with a CO2 capture 
using MEA and CESAR-1 solvents is estimated at around €43 million and €48 million per annum 
respectively. 

Table 4.9. Overall cost of the installed CO2 capture plant for the NGCC case based on the MEA and CESAR-1 
solvents. All assumptions are consistent with the EBTF common framework document [21]. 

  
MEA 
M€ 

CESAR-1 
M€ 

Direct costs 
TEC 68.00 60.84 
Erection costs 34.00 30.42 
Instrumentation and Controls 6.12 5.48 
Piping 13.60 12.17 
Electrical Equipment and Materials 8.16 7.30 
Civil works 7.48 6.69 
Solvent Inventory 5.78 5.17 
TDPC 143.14 128.07 
Indirect Costs 
Yard Improvements 2.15 1.92 
Service Facilities 2.86 2.56 
Engineering and Supervision 9.31 8.33 
Buildings 5.72 5.12 
TIPC 20.04 17.93 
EPC (TDPC+TIPC) 163.18 146.00 

Table 4.11 summarises the cost results for the proposed plants. As in the case of the ASC power 
plant, the specific investment of the NGCC power plant without CO2 capture differs upon the 
estimated approach used. The TD approach provides also a higher capital cost than the BU 
approach. Whether this could be due to a missing cost factor within the BU approach or an 
overestimation of the TD approach is not certain. This reflects the need to consider carefully the 
cost method when dealing with economic data and consider the addition or manipulation of 
contingencies for cases that lack sufficient background knowledge. However, the results shown 
in Table 4.11 can be validated for the power plants without CO2 capture (Conv.) with already 
published data for both approaches. The adjusted cost provided in the literature (following a TD 
cost estimation approach) suggests values around €720/kW [188]. The chemical plant simulation 
software ECLIPSE (following a BU cost estimation approach) gives a value at around €665/kW 
[189]. 
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Table 4.10. Operating and maintenance cost (O&M) of the CO2 capture plant for the NGCC case. All 
assumptions are consistent with the EBTF common framework document [21]. 

  MEA 
[M€] 

CESAR-1 
[M€] 

Fixed O&M Costs 
Maintenance and Repairs (M)a 4.68 4.31 
Operating Labour (OL) and Laboratory 
Charges b 1.21 1.21 

Operating Supplies 0.70 0.65 
Insurance c 2.81 2.55 
Plant Overhead Costs d 3.10 3.22 
Total Fixed O&M costs 12.50 11.94 
Variable costs   Raw Materials e 3.17 10.54 
Utilities f 6.35 2.95 
Total variable O&M costs 9.52 13.49 
Total O&M Costs 22.02 25.43 
a 2.5% of TPC [21]. 

b Total operating labour (OL) includes: Labour (2job/shift ) and Supervision (30% of OL) [21, 139].Laboratory 
charges (10% of OL) [21, 164]. 

c 1.5% of TPC [21]. 

d 60% of M+OL [21, 164]. 

e Includes: Solvent Make-up (1.5 kg/t CO2 for MEA [139], 0.5 kg/t CO2 for AMP [this work], 0.05kg/t CO2 for PZ 
[this work]) and activated carbon (0.075kg/t CO2 for MEA solvent [139] and 0.0375 for CESAR-1 solvent [this 
work]). 

f Includes cooling water and process water [21]. 

Moreover, the capital requirements for the two CO2 capture plants are estimated using a BU 
approach. Regarding NGCC with a CO2 capture, the cost estimations in the literature indicate 
slightly higher costs between €1200/kW and €1300/kW [139]. This is due to a higher cost of the 
CO2 capture unit. However, the BU approach carried out in this work provides the confidence 
that the post-combustion plant can be established at lower costs. 

4.4 Economic assessment and sensitivity analysis of the selected case studies 

4.4.1 Economic assessment of the ASC power plant case 

The economics of the ASC fuel power plant are described in this section. The proposed reference 
power plant without a CO2 capture requires 4 years to build and it is expected to have a lifetime 
of 40 years. The default capacity factor is set to 85%. The assumed operating hours per annum 
are typical of early 2000, where large-scale fossil fuel power plant worked predominantly at base 
load, with hydro-power and small scale plants as peak-load. Recently, because of increased 
renewable energy penetrations in many locations, this value has significantly decreased. 
However, it is difficult to predict the future and the extent, how power plants with CO2 capture 
will be adapted to green-energy sources. The COE is calculated at around €56.29/MWh. A 
reduced lifetime to 25 years increases the cost by around €3.05/MWh. The calculated COE is 
close to similar work on power plants discussed in Section 4.1. 
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Table 4.11. The summary of the economic details of the NGCC power plant without capture (Conv.) and the 
NGCC power plant with MEA based capture (MEA) and CESAR1 based capture (CESAR-1). 

Parameter Unit 
Top-down Bottom-up  
Conv. MEA CESAR1 Conv. MEA CESAR

1 
Power balances and emissions 
Gross power output MW 833.6 756.5 767.33 833.6 756.5 767.33 
Net power output MW 829.9 709.9 722.6 829.9 709.9 722.6 
Thermal input MW 1422.6 1422.6 1422.6 1422.6 1422.6 1422.6 
Net electric 
efficiency % 58.34 49.90 50.76 58.34 49.90 50.76 

CO2 emissions [kgCO2/MWh] 351.67 36.15 35.52 351.67 36.15 35.52 
SPECCA [GJ/tCO2] - 3.30 2.91 - 3.30 2.91 
Economic assessment 
Power plant EPC M€  514 485 493 455 431 438 
Capture plant EPC M€ 0 163 146 0 163 146 
Total plant cost  M€  591 745 735 523 683 672 
SI (gross) €/kW 709 985 958 628 903 876 
SI (net) €/kWenet 712 1050 1017 630 962 930 
Fuel  M€/yr 244 244 244 244 244 244 
Fixed O&M costs M€/yr 24 35 37 24 35 37 
Var. O&M costs M€/yr 3.9 7.6 10.7 3.9 7.6 10.7 
Total O&M M€/yr 271.9 286.6 291.7 272.0 286.6 291.7 
Fixed O&M costs €/kW net 29 49 52 29 49 52 
Var. O&M costs €/MWhnet 0.63 1.43 2.01 0.63 1.43 2.01 
COE [€/MWh] 55.09 70.55 69.88 53.89 69.26 68.59 
Cost of CO2 avoided [€/tCO2] - 49.0 46.8  48.7 46.5 

Figure 4.1 shows a summary of the sensitivity assessment of the power plant without capture in 
connection with 30% variation in capital investment and 50% variations in fuel prices, discounted 
cash flow rates and operating and maintenance costs. The latter seems to have a relatively minor 
effect on the electricity costs. The capacity factor – not shown in Figure 4.1- has the highest 
impact on the economics resulting in a COE of around €92/MWh at a DCF of 8% if the assumed 
capacity factor used in this assessment is reduced by 50%. Considering the power plant cycling 
rates including shorter start-ups and shutdowns intervals, the above cost will further increase due 
to part load operations at lower efficiencies as well as higher operating and maintenance costs 
due to thermal stresses. This analysis does not include the costs of cycling. The capital 
investment and fuel prices have a moderate influence on the overall economics. However, the 
effect of capital investment on the electricity cost becomes more significant with increasing 
discounted cash flow rates (DCF) (not shown in Figure 4.1). That is why it is vital to secure 
favourable discounted cash flow rates, for example through government supports. 

The COE for the ASC plant with a CO2 capture using the MEA solvent is estimated at around 
€86.91/MWh. The use of CESAR-1 solvent improves the economics by €4.16/MWh resulting in 
an expected COE of €82.75/MWh. The COE is greatly influenced by plant efficiency. The lower 
energy requirements of the CESAR-1 solvent (compare to that of MEA) contribute to a reduction 
in the COE and CO2 avoidance costs. The overall sensitivity analysis is summarised in Figure 4.2 
showing specific investment and fuel cost variations as main parameters. The default COE value 
culminates to €91.5/MWh for MEA and €87.0/MWh for CESAR-1 if the plant lifetime is reduced 
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to 25 years (not shown in the figure). There are many other parameters affecting the economics. 
Capacity factor and DCF are among the most significant ones. Fixing all the other parameters to 
the default value, a low DCF value down to 4% will be conducive to achieving significantly 
lower electricity costs (€75/MWh for MEA and €72/MWh for CESAR-1). Plant operations below 
the base load will considerably affect the economics. A 50% lower capacity factor (3500 hours 
per annum) will lead to a much higher COE at around €142/MWh for MEA solvent and 
€135/MWh for CESAR-1. These values do not include the cost incurred due to the plant cycling. 

The CO2 avoidance cost for the ASC plant with CO2 capture using MEA solvent is around 
€45.87/t CO2, which is higher than average values found in literature (39 €/tCO2 assuming a 
currency exchange change €/$ of 1.3). The use of CESAR-1 solvent improves the avoidance cost 
to €39.25/t CO2. Figure 4.3 shows the CO2 avoidance cost sensitivity in relation to the discounted 
cash flow variation and different specific investments. The default value corresponds to the one 
given in Table 4.6 for TD approach. 

4.4.2 Economic assessment of the NGCC power plant case 

This section describes the economics of the proposed NGCC power plants. The assessment 
results in a typical COE of around €55.09/MWh for the power plant without capture considering 
a construction time of 3 years and a plant lifetime of 25 years. The determined COE is about 5 
€/MWh higher than the average cost determined in similar works even with similar investment 
costs. This is because, differently from ASC, more than 50% of COE in NGCC depends on fuel 
price (which is more expensive in EU than in America) [163]. Hence, the assumption on fuel 
price has significant impact on the overall result. 

Figure 4.4 illustrates the sensitivity assessment of the plant in connection with some dominant 
parameters. In contrast to ASC, a higher fuel price and lower capital investment is required for 
this technology. This characteristic makes the plant economics to be more sensitive to fuel price 
fluctuations than to other factors such as the capital investment, DCF or operating and 
maintenance costs. The effect of capacity factor is slightly below that of the fuel price. The 
NGCC plant with CO2 capture using MEA solvents requires a COE of €70.55/MWh. This is 
considerably lower than that of ASC due to lower capital requirements and higher efficiencies. 
Only a negligible cost improvement can be achieved by using CESAR-1 solvent in the NGCC 
plant with CO2 capture. This can be attributed to the fact that the gas composition unlike ASC 
contains lower amount of CO2 resulting in lower partial pressures. This property necessitates 
higher solvent recirculation rates and higher regeneration energy. Furthermore, the operating 
costs are increased due to a higher price of solvent’s amine components. The electricity price of 
NGCC with CO2 capture using CESAR-1 solvent is given at around €69.88/MWh. 
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Figure 4.1. The economics of the ASC power plant without capture. The figure illustrates the influence of single 
variations in specific investment (SI), fuel price (Fuel), operational and maintenance cost (O&M) and discount 
cash flow rate (DCF) on the cost of electricity (COE) at a constant capacity factor (85%). 

 

Figure 4.2. The economics of the ASC reference case using MEA and CESAR-1 solvents for CO2 capture. The 
figure illustrates the influence of single variations in specific investment (SI) and fuel price (Fuel) for both 
solvent systems (MEA represented by dotted lines and CESAR-1 represented by continuous lines) on the cost of 
electricity (COE) at a constant capacity factor (85%) and constant DCF (8%). 
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Figure 4.3. CO2 avoidance costs of the ASC reference case with MEA and CESAR-1 solvents. The figure 
illustrates the influence of single variations in specific investment (SI) and discount cash flow (DCF) rate for 
both solvent systems (MEA represented by dotted lines and CESAR-1 represented by continuous lines) on the 
CO2 avoidance cost at a constant capacity factor (85%). 

 

Figure 4.4. The economics of the NGCC reference case without CO2 capture. The figure illustrates the influence 
of single variations in specific investment (SI), fuel price (Fuel), operational and maintenance cost (O&M) and 
discount cash flow rate (DCF) on the cost of electricity (COE) at a constant capacity factor (85%). 
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Figure 4.5 shows the economic sensitivity of the plant using both solvent types. The COE 
sensitivity behaviour in connection with DCF is similar to Figure 4.4. The effect of operating and 
maintenance costs is however, amplified due to a higher costs of operating the CO2 capture plant 
resulting in a cost variation between €67/MWh and €75/MWh. With regard to the capacity factor, 
COE increases above €96/MWh at a capacity factor of 40%. As mentioned before, this value 
does not include the costs associated to plant cycling. The CO2 avoidance cost for the NGCC 
plants with CO2 capture using MEA solvent is estimated at around €48.98/t CO2 compared to that 
of CESAR-1 solvent, which requires €46.77/t CO2. The cost of CO2 avoided for MEA is close to 
data available in literature. The CO2 cost sensitivities are summarised in Figure 4.6. 

4.5 Conclusions 

The economics of advanced supercritical pulverised fuel (ASC) and natural gas combine cycle 
(NGCC) power plants with CO2 capture were evaluated using the novel solvent CESAR-1, which 
is an aqueous solution of AMP and PZ, and compared to the MEA solvent. The capital cost 
evaluation of the reference power plants without CO2 capture has been performed using both the 
bottom-up (BU) and the top-down (TD) approach. The former method uses the mass and energy 
balance to obtain individual equipment cost data through appropriate economic models. The TD 
approach, on the other hand, requires a good knowledgebase from past projects. 

With regard to the ASC reference case, the specific investment found by the TD approach is 
€1919/kWenet for the power plant without carbon capture. This value is incremented by 50% 
when MEA based CO2 capture is implemented and by 39% when the CESAR-1 based CO2 
capture is implemented in the power plant. The values for specific investment found by the BU 
approach are around 13% lower for all cases. With regard to the NGCC reference case, the 
specific investment found by the TD approach is €712/kWenet for the power plant without carbon 
capture. The specific investment increases by 47% when MEA based CO2 capture is 
implemented and by 43% when the CESAR-1 based CO2 capture is implemented in the power 
plant. When the BU approach was applied, the specific investments found to be 8%-12% lower, 
depending on the case. It is not clear why TD shows higher specific investments costs compared 
to the BU approach. This could be due to missing cost factors within the BU approach or an 
overestimation of the TD approach due to uncertainties or inaccuracies in past project quotes. 

The CO2 avoidance cost for the ASC plant with CO2 capture using MEA solvent is around 
€45.9/t CO2, which is reduced to €39.2/t CO2 with the use of CESAR-1 solvent. In the case of the 
NGCC plants with CO2 capture using the MEA solvent, the CO2 avoidance cost is estimated at 
around €49.0/t CO2 compared to that of CESAR-1 solvent, which requires €46.8/t CO2. The 
above values do not include the cost of transport and storage. The better performance of the 
CESAR-1 solvent over MEA is related to the higher net capacity of the solvent and the lower 
energy requirements for regeneration. 
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Figure 4.5. The economics of the NGCC reference case using MEA and CESAR-1 solvents for CO2 capture. The 
figure illustrates the influence of single variations in specific investment (SI) and fuel price (Fuel) for both 
solvent systems (MEA represented by dotted lines and CESAR-1 represented by continuous lines) on the cost of 
electricity (COE) at a constant capacity factor (85%). 

 

Figure 4.6. CO2 avoidance costs of the NGCC reference case with MEA and CESAR-1 solvents. The figure 
illustrates the influence of single variations in specific investment (SI) and discount cash flow (DCF) rate for 
both solvent systems (MEA represented by dotted lines and CESAR-1 represented by continuous lines) on the 
CO2 avoidance cost at a constant capacity factor (85%). 
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The study has finally implemented a series of sensitivity analysis to show the impact of dominant 
parameters on the COE and CO2 avoidance cost. Reduced CO2 avoidance costs necessitate 
measures such as government supported discounted cash flow rates and/or adequate CO2 market 
costs as part of the emission trading to ensure viability. In connection with the CESAR-1 solvent 
introduced in this study, it can be concluded that the techno-economics can be improved if the 
CO2 capture plant is designed to operate using this absorption technology due to a reduction in 
the solvent recirculation rate (connected to its higher CO2 net capacity) and in the regeneration 
energy within the system. The benefits become more significant when the flue gas contains 
higher concentrations of CO2 (such as the ASC case). 
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5 OPTIMISATION OF LEAN VAPOUR 
COMPRESSION BASED ON NET 
PRESENT VALUE MAXIMISATION 
ABSTRACT 
Many process schemes have been proposed in literature to decrease the energy demand of 
amine based carbon dioxide processes. These process schemes are generally analysed in terms 
of energy demand savings and compared to a common baseline based on the solvent 
monoethanolamine (MEA). In this work, the application of one of these process schemes 
(Lean Vapour Compression or LVC) has been evaluated and optimised based on maximising 
the net present value (NPV) of the process scheme savings (including capital investment), 
rather than minimising energy demand in the form of equivalent work. Two scenarios have 
been analysed. In the first scenario, the capture plant was fully adapted to the effect of LVC. In 
the second scenario, LVC is retrofitted to a basic capture plant design. For both scenarios the 
net present value (expressed in M€) of the process scheme over the whole plant life was 
calculated as a function of the LVC operating conditions. It was found that the NPV of the 
LVC process scheme is always positive and attractive from a financial point of view. The first 
scenario has been identified as the most attractive scenario for LVC application. Although the 
extent of the savings depends on design conditions and financial assumptions, this approach 
shows that the optimisation based on minimising equivalent work does not necessarily match 
the optimisation based on maximising net present value. 
 
 
 
 
 
 
This chapter is based on: 
E. Sanchez Fernandez, E. J. Bergsma, F. de Miguel Mercader, E. L.V. Goetheer, T. J.H. 
Vlugt. “Optimisation of lean vapour compression (LVC) as an option for post-combustion CO2 
capture: Net present value maximisation.” International Journal of Greenhouse Gas Control 
11S (2012) S114–S121. 
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5.1 Introduction 

Amine CO2 absorption systems are considered as the most suitable technologies to capture 
carbon dioxide from flue gases in the power sector. The reasons behind this technological choice 
are, among others, the availability and reliability of the technology (already proven at smaller 
scale) and the possibility of retrofitting existing power plants [16, 190]. One major hurdle in the 
implementation of these technologies at large scale is the cost of carbon dioxide capture, which 
prevents utility companies from making the necessary investments. This cost varies per capture 
process and per power production process [14, 135, 156, 191]. In the case of bituminous coal 
fired power plants the cost of electricity can increase in the range 46% - 77% [156]. The 
reduction of this huge impact in electricity cost will be a condition for the application of CO2 
capture as a carbon abatement technology. In order to reduce costs, one of the main focuses of 
CO2 capture research is the reduction of its energy demand. There are two main research lines to 
reduce energy demand: improvements in solvent formulation or improvement in the capture 
process for an existing solvent formulation. This research is concerned with the latter option. 

There are different process schemes proposed in the literature to decrease the operating costs of 
the CO2 capture process. Normally, new process schemes are evaluated and compared to a 
conventional amine scrubbing process based on monoethanolamine (MEA), which has become a 
common baseline for capture processes [21]. These schemes can be classified in three groups, 
depending on the type of modification introduced with respect to the baseline [106]: 

1) Operating modifications without addition of new unit operations to the process. 

2) Minor process modifications with limited number of new unit operations added to the 
process. 

3) Major process modifications. In this category fall the more complex changes to the 
capture process, such as, intermediate stripper heating (which requires full modification 
of the stripper), integration of stripper and compressor, etc. 

This work is focused on the second group and, more specifically on the LVC scheme. This 
scheme includes flashing the lean hot stream that leaves the stripper in a conventional amine 
scrubbing process, re-compressing the vapour formed and re-injecting it at the stripper’s base 
(definitions and description of a conventional MEA process are further explained in the following 
sections in this chapter). This simple arrangement allows for partially recovering the sensible heat 
of the hot lean stream in the form of latent heat and, it is anticipated, that has potential to reduce 
energy demand without increasing greatly process complexity. 

There are various studies in the literature that have addressed this process scheme and 
investigated its effect in capture performance in various ways. Van Wagener and Rochelle [192] 
included lean vapour compression in their study on stripper configurations. Their work is based 
on the minimisation of equivalent work in the stripper and indicates the benefits of stripping at 
higher pressures (above 6 bar). However, their evaluation is only concerned with the stripper 
optimisation and the absorber is left out of scope. Le Moullec and Kaniche [55, 106] have also 
investigated lean vapour compression in a technical evaluation of process options. This study 
includes integration aspects with the host power plant and shows a reduction in plant efficiency 
penalty from 11.95% (penalty points) to 11.2% (penalty points) for LVC, which is the highest 
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reduction given in their work when only minor modifications to the process are considered. 
Nevertheless, extra investments required for the application of LVC to the conventional MEA 
process are not taken into account in this study. The evaluation method is only based on the 
minimisation of the plant efficiency penalty. Karimi et al [137] have also included this option in a 
techno-economic review of process capture options. In this work, LVC is also addressed and the 
authors conclude that it will reduce equivalent work by 9.37% with respect to a standard MEA 
plant at the expense of increasing capital investment by 2.78%. In this case, the optimal operating 
conditions of the LVC are initially found by minimizing energy demand and capital investments 
are considered in a second stage for an energy optimized design. 

In this study, the effect of the application of LVC on a conventional MEA capture process has 
also been investigated. The focus in this chapter is on the design modifications, associated capital 
investments and optimisation of operating conditions. As opposed to the studies above 
mentioned, the method applied here consists in optimising process conditions based on financial 
analysis rather than energy analysis. The study is restricted to a conventional design of a MEA 
plant that could be easily implemented in relatively short term. Therefore, high pressure 
desorption has been left outside of this chapter’s scope. Two different scenarios are analysed: 
Optimised design of a standard MEA plant with LVC and retrofit of LVC to an existing standard 
MEA plant. For each scenario, operating conditions are evaluated and optimised based on 
maximising the Net Present Value (NPV) of the process modification.  

This chapter is organised as follows. In Section 5.2, the methodology is described. The reference 
capture process, LVC design boundary conditions and modelling technique are addressed in this 
section. The findings, which include among others the financial benefit of implementing LVC 
regardless the scenario considered, are summarized in Section 5.3. For the two scenarios 
considered, the energy demand of the process and the net present value of the process, are 
discussed and compared to other literature sources in Section 5.4. Finally, the conclusions are 
summarised in Section 5.5. 

5.2 Methodology  

5.2.1 Reference case plant description 

The scenarios analysed in this work are compared to a reference case, in which a 30%w/w MEA 
solution is used to capture 90% of the CO2 present in a given flue gas stream. The reference case, 
here referred to as a standard MEA plant, is schematically depicted in Figure 5.1. The plant 
processes 254 kg/s of flue gas containing 13.75 mol% CO2. This stream is a split stream of the 
flue gas generated by a 1070MW Advanced Supercritical coal fired power plant and is 250 MWe 
equivalent [122]. The flue-gas is fed to the absorber (C-01), where it is brought in contact with 
the solvent, which flows downwards over a packed bed. In order to minimise MEA losses, the 
CO2 lean flue-gas is washed and cooled in two washing beds at the top of the absorber. The 
resulting scrubbing liquid is cooled with cooling water in a separate cooler (E-05). The CO2 rich 
solvent is pumped to the stripper (C-02) via a counter current lean-rich heat exchanger (LRHX) 
(E-03). In the stripper, the chemically bound CO2 is removed from the solvent in a packed bed at 
the expense of reboiler heat. The reboiler (E-01) receives all solvent leaving the bed and partially 
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vaporizes the stream before feeding it to the stripper sump. Most of the water in the CO2 stream 
leaving the stripper is condensed (E-02) and fed to a washing section at the top of the stripper. 
The lean liquid is pumped through the lean-rich exchanger and cooled to 40°C in a cooler (E-04) 
before being sent back to the absorber. 

 

Figure 5.1. Standard MEA plant with LVC. Main unit operations in LVC, which are flash vessel (V-02) and 
compressor (K-02), are included in the dotted box. The rest of the equipment is included in a standard MEA 
process: Flue gas blower (K-01), absorber (C-01), rich pump (P-02), Lean pump (P-01) stripper (C-02), reboiler 
(E-01), condenser (E-02), lean-rich heat exchanger (E-03), cooler (E-04), washing section cooler (E-05), 
condenser drum (V-01). 

5.2.2 Lean vapour compression (LVC): Design boundaries and scenarios 

Application of LVC to the process described in the previous section requires additional 
equipment. The new LVC lines are highlighted in Figure 5.1. In this case, the hot lean solvent is 
flashed in an additional vessel (V-02). The resulting vapour is compressed (K-02) to a pressure 
slightly higher than the stripper bottom pressure and fed to the stripper base. An additional pump 
is added (P-01) to recover the pressure loss in the lean stream. 

The addition of the LVC has the following general implications to the process operation: 

• The reboiler duty decreases due to the extra stripping vapour coming from the LVC flash 
vessel. 

• Additional electricity is needed to drive the LVC compressor. 

• Condenser and LRHX duties decrease due to the loss of heat from the lean stream. 
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• The stripper needs to accommodate a slightly higher vapour flow compared to that of the 
standard MEA case. 

• Additional equipment is needed, such as a flash vessel, and compressor and a pump. 

Two different scenarios can be encountered if LVC is applied to the standard MEA plant: LVC is 
included in capture plant design or LVC is retrofitted to an existing capture plant. In the first 
scenario, it is assumed that the decision of adding an LVC process modification is taken prior to 
investment. Therefore, the design of the capture plant is affected by the process modification. 
Design modifications are taken into account to calculate new investment and process operating 
costs: 

• The stripper diameter might be increased to accommodate more vapour flow without 
losing separation efficiency. 

• The heat transfer area might be decreased for both LRHX and condenser when they are 
designed at a constant temperature approach (pinch). 

• The LVC compressor is a turbo-compressor. It has a specific working range. Outside of 
this range the required duty will be high. The LVC should be operated so that the 
efficiency of the compressor remains high.  

In the second scenario, it is assumed that the LVC is retrofitted to an existing plant or to an 
existing designed plant without any modifications in the affected equipment. The LVC 
compressor can still be designed to operate at its optimal range. However, the heat transfer 
equipment shall not be modified and remains identical to the standard MEA plant. This will result 
in relatively higher investment costs for LRHX and condenser, compared with the first scenario. 

Both scenarios are investigated in this study. The final pressure in the flash vessel determines the 
savings in energy and, at the same time, the capital investment. For both scenarios, the reboiler 
duty and the LVC compressor and pump work have been calculated as a function of flash vessel 
pressure. Moreover, the extra investment in additional equipment has been estimated as a 
function of flash vessel pressure. For the first scenario, design modifications to the heat transfer 
equipment have been also analysed for different flashing pressures in the flash vessel. 
Nevertheless, the effect on stripper diameter was not considered since the vapour stream 
generated in the flash vessel is small at the stripper and flashing pressures considered in this 
study. 

5.2.3 Modelling 

Simulations were performed with Aspen Plus ® version 7.1. The absorber is modelled with three 
equilibrium stages and the stripper is modelled with 8 equilibrium stages. This simulation method 
is an approximation to the phenomena that take place in absorption with chemical reaction. It is 
based on the minimum number of equilibrium stages, as derived from a pressure – liquid loading 
plot. The accuracy and applicability of this simulation scheme and its comparison to the rate-
based simulation procedure has been already discussed in other papers [136]. When the reboiler 
duty is the main parameter of interest, it was found that the simulation results of this approach are 
in good agreement with the results of the rate-based approach. The model parameters for both 
scenarios are listed in Table 5.1. The CO2 capture percentage is maintained at 90% capture by 
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manipulation of the solvent flow. The lean and rich solvent CO2 loadings are a result from the 
calculations. The CO2 recovery in the stripper is a design constraint added to the stripper to 
control the loading of the lean stream leaving this unit operation. It is defined as the ratio (mol 
basis) of the product streams to the feed streams for a specific component (CO2 in this case). The 
product stream in the present modelling case is only the lean stream leaving the stripper. Feed 
streams are the rich stream and the re-compressed vapour entering the stripper. 

Table 5.1. List of parameters that are fixed for all simulations of the capture plant. 

Parameter Value 
CO2 capture percentage 90% 
Solvent 30wt% MEA 
Absorber 
Feed Temperature /Pressure (flue gas and solvent) 40°C/1.1 bar 
Equilibrium stages absorption 3 
Equilibrium stages washer 2 loops of 3 stages 
Pressure drop  90 mbar 
LVC compressor 
Output pressure 1.9 bar 
Total efficiency compressor 77% 
Flue gas composition  
CO2 mol% 13.7 
H2O mol% 12 
N2 + Ar mol% 71 
O2 mol% 3.3 
Stripper 
Rich solvent feed stage 3 
Equilibrium stages stripping 6 
Equilibrium stages wash 2 
Pressure of stripper feed  4 bar 
Pressure drop  100 mbar 
Reboiler pressure 1.8 bar 
CO2 recovery in stripper 0.57 
Condenser temperature 40°C 

The energy analysis is performed in equivalent work. The total equivalent work for each 
simulation is calculated as follows: 

Weq=λ∙QR+WPUMP+WLVC 5.1 

In the equation above, QR is the specific reboiler duty, WPUMP is the estimated work for pumps 
and WLVC is the estimated work for the LVC compressor. The term λ accounts for the loss of 
turbine power due to steam extraction for the reboiler. This factor depends on the necessary 
steam quality. Since steam quality remains unchanged in this analysis, a constant value for λ of 
0.23 has been assumed. This value was derived from power plant and capture plant integration 
studies by [193] for the case where the steam temperature for heating the stripper is in the range 
120-150ºC. For the calculation of pump work pump efficiencies of 85% have been assumed 
(including mechanical and drivers efficiency). This is in line with similar studies [21]. For 
compressor and blower, efficiencies of 77% have been assumed [194]. 
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5.2.4  Economic frame work and analysis 

The costs and estimating methodology are directed toward the “study-level” estimate with a 
nominal accuracy of ± 30%. The purpose of the study-level estimate is to compare the different 
scenarios to the reference case. The estimating procedure relies in the calculation of the mass and 
energy balances of the different cases (as described in the previous section). The generated 
information is used in the calculation of main equipment design. Once mass and energy flows 
and main equipment data are available, equipment cost is estimated. 

There are different methods for cost estimation. The most accurate procedure is to request budget 
quotes from different vendors, specific to the location and conditions of each case. This method 
is unpractical when the number of cases is high. Instead, historical data from previous projects 
and/or vendor quotes can be used to estimate equipment cost specific to a given case. This latter 
option requires the manipulation of cost data to account for differences in scale, construction 
material, design pressure or time [164]. Finally, if no historic data points are available, cost data 
can be also obtained from various models published in the literature [135, 195] or from 
commercial software packages. 

The approach followed in this work consists in the construction of an in-house model based on a 
combination of the above mentioned options. At a first stage in model development, several 
vendors were approached to give quotes for the scale, construction materials and design 
parameters estimated for the reference case and the optimal case found for each scenario. These 
quotes were included in a historical database to create significant ground information. At a 
second stage of model development, different correlations published in the literature and/or 
suggested by vendors were used to fit the data. As a result of this fitting procedure, a set of price 
correlations was developed that allows for equipment price estimation under a broad range of 
operating conditions. All data in the historical database were manipulated in the following order: 
material correction, calibration to year 2010 by using the Chemical Engineering Plant Cost Index 
and currency exchange to Euro. Quotes were received during years 2009 and 2010. The ones 
from 2009 were calibrated also to the year 2010. All quotes were received in Euro. 

The economic analysis is based on calculating the energy savings with respect to the standard 
MEA plant and calculating the extra investment costs or savings for each particular case. Results 
are given in net present value (NPV) of the cash flows associated with each case over the entire 
project life time. The cash flow represents the savings obtained as a function of the flash 
operating pressure. They are estimated by calculating the difference in utility cost and investment 
compared to the reference case, according to the formulas: 

NPV = ∑ CFj
(1+IR)j

n
j=0  5.2 

CFj = ∆Energyj − ∆Depreciationj 5.3 

∆𝐷𝑒𝑝𝑟𝑒𝑐𝑖𝑎𝑡𝑖𝑜𝑛𝑗 = ∆𝑇𝐶HEX
20

+ ∆𝑇𝐶𝐿𝑉𝐶
10

+ ∆𝑇𝐶𝑉ESSEL
25

 5.4 

In the equations above, NPV is the net present value for a given case, CFj is the cash flow in year 
j, n is the number of years in the project, IR is the interest rate, ∆Energyj is the difference in 
utility costs (only steam and electricity) between a given case and the reference case for year j, 
∆Depreciationj is the difference of the depreciated total equipment costs between a given case 
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and the reference case for year j and ∆TCHEX, ∆TCLVC, ∆TCVESSEL, are the difference in total cost 
of heat exchangers (E-01, E-02, E-03), compressor (K-02) and vessel (V-01) between a given 
case and the reference case respectively. 

The parameters used in the calculation of NPV are listed in Table 5.2. Linear depreciation over 
the whole equipment life time has been used. Selecting the right value for equipment life time 
that corresponds to the estimated price is crucial in this analysis. For the LVC compressor the 
most convenient equipment choice is the turbo-blower with a pressure ratio up to 2. Most vendors 
consulted agreed that the life time of the turbo-blower is substantially lower than the other pieces 
of equipment in this process [196]. Equipment life time might be extended by purchasing a more 
expensive compressor for which materials are selected to extend the operating life of the 
equipment. This point is often overlooked in conceptual designs of this type. In this work, the life 
time of the relevant equipment was adjusted to the type of equipment selected as shown in 
equation 5.4 and Table 5.2. 

Table 5.2. Parameters for the economic evaluation of the different cases. 

Parameter Value Reference 
Installation factor 4 [164] 
Interest percentage 8% [21] 
Turbine power loss to reboiler energy 
[MWe/MWth] 

0.23 [193] 

Electricity [€/MWh] 50 [194] 
Project life time (years) 25 [194] 
Compressor life time 10 years [196] 
Flash vessel life time 25 years [164] 
Heat exchangers Life time 20 years [164] 

5.3 Results 

5.3.1  Case 1: Capture plant design adapted to LVC operation 

In this scenario, the LRHX was modelled at a constant temperature approach (i.e. constant 
LMTD). Several simulations were conducted with varying LVC flash pressure. Table 5.3 shows a 
summary of the equipment duties affected by the LVC. Due to the loss of latent heat in the lean 
stream leaving the stripper column, the temperature of the feed stream to this column also 
decreases. This phenomenon results in a reduction of condenser duty as the flash pressure 
decreases. The reduction can be as high as 44%. The reboiler duty also decreases with decreasing 
flash pressures. Energy savings up to 18% can be achieved in the reboiler. However, when the 
extra pump and compressor work are considered, the energy savings (expressed in total 
equivalent work) are limited to 7.3%. Moreover, the duty required in the LRHX decreases 
significantly with decreasing flash pressure. Based on the minimisation of equivalent work, the 
optimal pressure in the flash vessel is 1.1 bar. However, the changes in equipment duty also have 
an effect in the cost of equipment. 
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Table 5.3. Overview of equipment duties and equivalent work as a function of LVC flash pressure. Case 1: 
Design adapted to LVC. The total duty of equipment affected by the LVC operation is shown. Equipment names 
are followed by the corresponding tag in Figure 5.1. 

Flash 
pressure 

Reboiler  
(E01) 
MWth 

Pump 
 (P01) 
MWe 

Compressor  
(K02) 
MWe 

LRHX 
 (E03) 
MWth 

Condenser 
 (E02) 
MWth 

Equivalent 
work 

bar MJ/t CO2 
1.8 172 0.000 0.0 197 60 819.4 
1.6 164 0.182 0.2 166 48 789.2 
1.4 158 0.197 0.8 153 42 773.3 
1.2 150 0.214 2.0 149 40 760.4 
1.1 146 0.222 2.8 142 37 758.1 
1.0 141 0.227 4.0 132 34 759.2 

Table 5.4. Affected purchased equipment cost as a function of LVC flash pressure. Case 1: Design adapted to 
LVC. Equipment names are followed by the corresponding tag in Figure 5.1.  

Flash 
pressure 

Reboiler 
(E01) 

Flash vessel 
(V02) 

Compressor 
(K02) 

LRHX 
(E03) 

Condenser 
(E02 & V01) ∆(TCi)a 

bar M€ M€ M€ M€ M€ M€ 
1.8 1.30 0.00 0.0 1.11 0.31 0.00 
1.6 1.25 0.11 0.1 0.79 0.25 -0.25 
1.4 1.20 0.20 0.3 0.65 0.22 -0.20 
1.2 1.14 0.32 0.6 0.61 0.21 0.20 
1.1 1.11 0.39 1.0 0.54 0.2 0.47 
1.0 1.07 0.47 1.4 0.44 0.18 0.86 

a Total change in equipment cost: difference in total equipment cost between the reference case (at 1.8 bar), which is 2.72 M€ and any 
other given case. Only significant changes in equipment cost are considered. Values in this table do not include installation cost. 
Installation costs are included when calculating depreciation. 

Table 5.5. Calculation of NPV as a function of flash pressure. Case 1: Design adapted to LVC. Yearly energy 
cost, energy savings, equipment depreciation difference and NPV for each operating flash pressure. 

Flash pressure 
bar 

Energy 
cost 

M€/y 

Energy savings a 

M€/y 

Depreciation 
difference b 

M€/y 

NPV 
energy savings c 

M€ 

NPV 
total savings d 

M€ 

1.8 16.77 0.00 0.00 0.0 0.0 
1.6 16.23 0.55 -0.04 5.9 6.3 
1.4 15.84 0.93 0.00 9.9 9.9 
1.2 15.58 1.19 0.15 12.7 11.1 
1.1 15.54 1.24 0.27 13.2 10.3 
1.0 15.54 1.24 0.44 13.2 8.5 

a Difference in energy cost between the reference case (at 1.8 bar) and any other given case. 
b Equipment depreciation difference calculated with equation (5.4). 
c NPV calculated with equation (5.2) without taking into account the depreciation difference. 
d NPV calculated with equation (5.2) taking into account energy savings and depreciation difference. 

At each pressure, the investment costs have been estimated using the economic model described 
in Section 5.2.4. Table 5.4 lists the estimated purchased equipment cost of the items considered 
in this analysis. Compared to the reference case, costs of the reboiler, LRHX and condenser 
decrease with decreasing flash pressure. This reduction is explained by the lower duties of 
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reboiler and condenser and the loss of latent heat of the lean hot stream as shown in Table 5.3. 
Therefore, the heat transfer area of the mentioned heat exchange equipment can be reduced 
resulting in lower costs. Obviously, the cost for the LVC compressor, LVC pump and flash vessel 
increase when the flash pressure decreases due to higher pressure ratio for compression and 
pumping and higher vapour flow in the flash vessel. However, the cost of LVC equipment is 
compensated by the lower costs of reboiler, condenser and LRHX at pressures below 1.2 bar. 
Above that pressure, the cost of LVC equipment becomes dominant. 

The net present values (NPV) of the yearly savings due to the application of LVC have been 
calculated according to the procedure described in Section 5.2.4. The results are tabulated in 
Table 5.5. The variation of NPV with flash pressure is represented in Figure 5.2. The dash line 
represents the hypothetical case, where the investment in the extra equipment is not included in 
the calculation of annual savings. The solid line represents the actual case, where both investment 
and energy are included in the calculation of total savings. From the latter case, it can be 
concluded that the benefit of applying LVC is maximal at a flash pressure of 1.2 bar. Below that 
pressure the increase in energy savings is small compared to the increase in equipment cost 
(mainly the compressor). 

5.3.2 Case 2: LVC retrofitted to an existing plant 

In this scenario, the LRHX, condenser and cooler were modelled with constant heat transfer area 
and heat transfer coefficient and equal to the values used in the simulation of the standard MEA 
plant. Again, several simulations were conducted with varying LVC flash pressures. Table 5.6 
shows a summary of the equipment duties, which are similar to the first scenario (Table 5.3). The 
difference in maintaining the heat exchange equipment design unaltered (Table 5.6) or altered 
(Table 5.3) is not really appreciable in the equipment duties. Nevertheless, this study predicts 
0.5% lower equivalent work for this scenario around the optimal pressure (1.1 bar). 

Regarding the investment costs (Table 5.7), condenser, reboiler and LRHX remain unchanged 
and equal to the standard MEA case. However, extra investment cost needs to be added for the 
LVC compressor and flash vessel, which is also similar to the cost calculated in the previous 
scenario. Table 5.8 shows the NPV value for each flash vessel pressure. The NPV results are also 
plotted in Figure 5.3. Energy costs are comparable between both scenarios (Case 1 and Case 2). 
The investment costs are higher in this scenario, resulting in a lower final NPV than in the 
previous one. Also in this case, the flash pressure that minimizes the equivalent work is slightly 
lower than the one that maximises the NPV. 
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Table 5.6. Overview of equipment duties and equivalent work as a function of LVC flash pressure. Case 2: 
retrofit scenario. The total duty of equipment affected by the LVC operation is shown. Equipment names are 
followed by the corresponding tag in Figure 5.1. 

Flash 
pressure 

Reboiler 
(E01) Pump (P01) Compressor 

(K02) 
LRHX 
(E03) 

Condenser 
(E02) 

Equivalent 
work 

bar MWth MWe MWe MWth MWth MJ/t CO2 
1.8 172 0.000 0.0 197 60 817.5 
1.6 164 0.183 0.2 182 53 789.6 
1.4 157 0.195 0.8 168 47 770.6 
1.2 149 0.214 1.9 151 41 755.5 
1.1 145 0.223 2.8 144 38 754.0 
1.0 141 0.228 3.9 144 34 757.6 

Table 5.7. Purchased equipment cost as a function of LVC flash pressure. Case 2: retrofit scenario. Equipment 
names are followed by the corresponding tag in Figure 5.1. Only significant changes in equipment cost are 
considered.a 

Flash pressure 
bar 

Reboiler 
(E01) 

Flash vessel 
(V02) 

Compressor 
(K02) 

LRHX 
(E03) 

Condenser 
(E02 & V01) ∆(TCi)b 

M€ M€ M€ M€ M€ M€ 
1.8 1.30 0.00 0.00 1.11 0.31 0.00 
1.6 1.30 0.12 0.08 1.11 0.31 0.19 
1.4 1.30 0.21 0.25 1.11 0.31 0.45 
1.2 1.30 0.32 0.63 1.11 0.31 0.95 
1.1 1.30 0.39 0.97 1.11 0.31 1.35 
1.0 1.30 0.46 1.41 1.11 0.31 1.87 

a Note that the numbers given in this table do not include installation cost. Installation costs are included when calculating 
depreciation. 
b Total change in equipment cost: difference in total equipment cost between the reference case (at 1.8 bar), which is 2.72 M€ and 
any other given case.  

Table 5.8. Calculation of NPV as a function of flash pressure. Case 2: Retrofit scenario. Yearly energy cost, 
energy savings, equipment depreciation difference and NPV for each operating flash pressure. 

Flash pressure 
bar 

Energy cost 
M€/y 

Energy savings a 
M€/y 

Depreciation 
difference b 

M€/y 

NPV of energy 
savings c 

M€ 

NPV of total 
savings d 

M€ 
1.8 16.77 0.00 0.00 0.0 0.0 
1.6 16.20 0.57 0.05 6.1 5.6 
1.4 15.81 0.96 0.13 10.3 8.9 
1.2 15.50 1.27 0.30 13.6 10.3 
1.1 15.47 1.30 0.45 13.9 9.1 
1.0 15.54 1.23 0.64 13.1 6.3 

a Difference in energy cost between the reference case (at 1.8 bar) and any other given case.  
b Equipment depreciation difference calculated with equation 5.4. 
c NPV calculated with equation 5.2 without taking into account the depreciation difference. 
d NPV calculated with equation 5.2 taking into account energy savings and depreciation difference. 
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Figure 5.2. NPV of total savings, and energy savings against LVC pressure. Case 1: Design adapted to LVC 
operation. 

 

Figure 5.3. NPV of total savings, and energy savings against LVC pressure. Case 2: Retrofit of LVC to capture 
plant. 
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5.4 Discussion 

The results of this study show that the application of LVC in both scenarios will reduce the 
equivalent work necessary for capturing CO2. The reduction is slightly higher in the case that the 
LVC is retrofitted to the standard MEA process (7.8% compared to the standard MEA plant) than 
in the case that the design of the plant is adapted (7.3% compared to the standard MEA plant). 
Table 5.9 shows the comparison of these results to similar studies. The energy savings are 
expressed in difference in equivalent work between the reference case (generally similar to the 
standard MEA plant described in this work) and the LVC configuration. The results of this study 
are in line with the finding of others. The difference in numbers is related to the different 
conditions adopted for the stripper. 

Table 5.9. Energy savings of LVC as reported in other studies.  

Reference Energy savings a ∆P b Stripper Pressure 
% bar bar 

Karimi et al.[197] 8.39-9.36 0.85-0.9 2 
Le Moullec and Kanniche [55] 7.78 1.25 2.5 
This work 7.3-7.8 0.6 1.8 
a Reduction in equivalent work taking a standard MEA plant as basis. 
b Difference between Stripper pressure and LVC flash pressure. 

The operating flash pressure that minimizes equivalent work is 1.1 bar for both scenarios. If the 
reduction in energy was the only considered criterion for optimisation, the best scenario would be 
the retrofit of LVC to the standard MEA plant, because the reduction in energy is more 
significant in this scenario. However, when the trade-off between energy savings and additional 
capital investment is taken into account, it is found that the optimal flash pressure is 1.2 bar, 
which implies a pressure difference with the stripper of 0.6 bar. Moreover, when the NPVs of 
total savings for both analysed scenarios are compared, the best result is achieved when the plant 
design is adapted to the LVC addition. This example shows the efficacy of this approach. 

The differences between the two scenarios are small because the stripper pressure was fixed to 
1.8 bar. Therefore, there is small range of pressures to be considered in the optimisation. 
Nevertheless, higher differences can be expected when the difference between the operating 
pressure in the stripper and the flash vessel is increased. In that particular case, the approach 
followed in this work will lead to a better optimisation of operating conditions rather than the 
approach of minimising equivalent work. 

Moreover, the turbine power loss ratio is a very important factor in this type of analysis. For a 
very well integrated power plant the turbine power loss ratio could be as low as 0.20 
(MWe/MWth). This means that the energy savings will be contributing less to the NPV 
calculated, while the cost of the compressor will remain identical. This fact contributes to the 
disparity of the pressure that minimises equivalent work and the one that maximises the NPV. In 
the case of a poorly integrated power plant, this factor could be as high as 0.24 (MWe/MWth). 
The energy becomes a more dominant factor contributing greatly to the NPV. For this situation, 
the pressure that minimises the equivalent work will approach the pressure that minimises the 
NPV. 
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Besides the equivalent work and NPV minimisation, other aspects should be also addressed to 
better understand the LVC benefits. One of these aspects is operability and possible LVC trip 
(due to failure or maintenance). When the LVC is turned off, the operation of reboiler, lean-rich 
heat exchanger and condenser is affected. The resulting plant performance depends on whether 
the plant design was adapted to LVC operation (case described in Section 5.3.1) or the LVC was 
just retrofitted to an existing plant (case described in Section 5.3.2). In the case that plant design 
was adapted for LVC, the mean temperature difference in the LRHX will rise upon LVC shut 
down due to the higher energy in the lean stream. The reboiler duty also increases. There will be 
more flow to the condenser, which will increase its pressure drop, having an effect in the 
compression train. When not counteracted by adjustment of the reboiler and condenser, shut-
down of the LVC will lower the capture percentage of the plant. In the case that the LVC was just 
retrofitted to the plant, operation returns to nominal values when the LVC is shut off. The plant 
can be operated normally by increasing the steam supply to the reboiler and the cooling duty of 
the condenser and lean liquid cooler. This makes a capture plant with retrofitted LVC more 
flexible than the option where the plant is adapted to the lower duties and gives and additional 
advantage to this option. 

5.5 Conclusions 

In this work, the application of Lean Vapour Compression to a standard MEA carbon capture 
plant was investigated. The worked focussed on the financial analysis of this process 
modification and it can be used to make an informed decision on whether this process 
modification should be added or not to a current situation. 

Two scenarios were analysed. In the first scenario, the design of the capture plant was modified 
to accommodate the changes in duties resulting from LVC application. In the second scenario, 
the design was unchanged and the affected equipment was not modified. 

Under the conditions investigated, it was found that LVC will result in savings for both scenarios 
chosen for implementation. The operating conditions were optimised based on the NPV of the 
process design. It can also be concluded that the right choice of operating pressure in the LVC 
maximises the NPV. Under the investigated conditions, the optimal operating pressure is 1.2 bar 
for both scenarios. It was also found, that the optimisation of operating conditions based only on 
energy analysis could lead to a different result. 

Finally, the most attractive scenario from an economic point of view is the one where the capture 
plant is fully adapted. However, the retrofit scenario has other advantages, not quantified in this 
financial analysis, such as the flexible shut down of the LVC (for maintenance or reparation). 
This can make this scenario more attractive from a reliability point of view. 
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6 NOVEL CO2 CAPTURE PROCESS 
BASED ON PRECIPITATING AMINO ACID 
SOLVENTS 
 

ABSTRACT 
Amino acid salt based solvents can be used for CO2 removal from flue gas in a conventional 
absorption-thermal desorption process. Recently, new process concepts have been developed 
based on the precipitation of the amino acid zwitterion species during the absorption of CO2. 
In this work, a new concept is introduced which requires the precipitation of the pure amino 
acid species and the partial recycle of the remaining supernatant to the absorption column. 
This induces a shift in the pH of the rich solution treated in the stripper column that has 
substantial energy benefits during CO2 desorption. To describe and evaluate this concept, this 
work provides the conceptual design of a new process (DECAB Plus) based on a 4 M aqueous 
solution of potassium taurate. The design is supported by experimental data such as amino 
acid speciation, vapour-liquid equilibria of CO2 on potassium taurate solutions, and solid-
liquid partition. The same conceptual design method has been used to evaluate a baseline case 
based on 5 M MEA. After thorough evaluation of the significant variables, the new DECAB 
Plus process can lower the specific reboiler energy for solvent regeneration by 35% compared 
to the MEA baseline. The specific reboiler energy is reduced from 3.7 GJ/tCO2, which 
corresponds to the MEA baseline, to 2.4 GJ/tCO2, which corresponds to the DECAB Plus 
process described in this work, excluding the low-grade energy required to redissolve the 
precipitates formed during absorption. Although this low-grade energy will eventually reduce 
the overall energy savings, the evaluation of DECAB Plus has indicated the potential of this 
concept for post-combustion CO2 capture. 
 
 
This chapter is based on: 
E. Sanchez Fernandez, K. Heffernan, L. V. van der Ham, M. J.G. Linders, E. Eggink, F. N.H. 
Schrama, D.W.F. Brilman, E. L.V. Goetheer, T. J.H.Vlugt.”Conceptual design of a novel CO2 
capture process based on precipitating amino acid solvents”. Industrial &Engineering 
Chemistry Research 2013, 52, 12223-12235. 
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6.1 Introduction 

In the field of post-combustion CO2 capture from fossil fuel power plant exhaust gases, the 
conventional amine processes have well-known drawbacks. The major issues are the high energy 
required for solvent regeneration, the increased process complexity due to solvent volatility, and 
the possible air pollution directly attributable to the solvent, such as solvent emissions or 
emissions of degradation products [14, 198]. These issues justify the research effort to develop 
more effective and environmentally friendly processes for the separation of CO2 from flue gas. 
Amino acid salts have been identified as attractive solvents for this application due to their 
unique properties; lower toxicity, higher biodegradability than conventional amines [66], 
negligible volatility and, for certain amino acids, a high resistance to oxidative degradation [67]. 

Amino acid salts have been used in the past for acid gas removal in refinery applications. One 
example is the Alkacid process developed in the early 30s for the removal of H2S or CO2 [39]. In 
post-combustion CO2 capture application there are also alternatives to conventional amines. The 
PostCap process, recently developed by Siemens, has an energy consumption for regeneration 
around 73% of the conventional monoethanolamine (MEA) process [68]. TNO has also 
investigated processes based on the potassium salt of amino acids, showing increased stability 
and resistance to degradation over conventional MEA [67]. In the recent years, interest has grown 
in the performance of different amino acid salts for post-combustion capture and the CO2 
absorption characteristics for common amino acids and their properties are under extensive 
investigation [69-72, 74-77, 79, 199, 200]. During CO2 absorption, amino acid precipitates may 
be formed at high CO2 loadings because the pH of the solution decreases favouring the formation 
of the zwitterion species, which has limited solubility. Since the conventional absorption – 
desorption scrubbing process is not designed to handle solids, the vast majority of the studies 
with amino acid salts deals with homogenous solutions only, avoiding precipitation by reducing 
amino acid concentration below the saturation point when the solution is loaded with CO2. 

Nevertheless, precipitating amino acid solvents were suggested in the early 2000’s as a promising 
alternative to conventional amine processes [82]. The identified benefits were related to an 
enhancement of the specific CO2 capacity of amino acid salt solutions due to precipitation. As it 
follows from Le Chatelier’s principle, equilibrium can be shifted by removing one of the 
constituents in the reaction. In this case, one of the products of the reaction between CO2 and the 
amino acid is removed from the aqueous phase by precipitation. Consequently, the equilibrium 
shifts to favour the absorption of CO2 [88]. This effect can be seen in the experimental data of 
Kumar [71, 84]. In order to exploit this effect, Fernandez and Goetheer [81] have investigated a 
process configuration (named the DECAB process) that can accommodate solids. The DECAB 
process makes use of a spray tower to handle solids during absorption and a packed column to 
increase the CO2 removal efficiency. Both columns work in series. The authors provide a techno-
economic analysis of precipitating potassium taurate solutions as a tool to assess the overall 
capture performance concluding that, in terms of CO2 capture costs, the DECAB process 
configuration is comparable to that of the conventional MEA process. 

The present study investigates a novel process configuration (DECAB Plus) that provides a 
further improvement in precipitating amino acid based processes by separating and recycling a 
fraction of the liquid supernatant from the slurry formed during CO2 absorption and processing 
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only the latter in the stripper column. This modification allows for a change in pH in the CO2 
loaded solution that improves the CO2 desorption in the stripper column. The DECAB Plus 
process is designed, analysed and compared to a conventional MEA process. The conceptual 
design methodology has been followed, which required the experimental determination of the 
key properties that govern the absorption and desorption in precipitating amino acids. These 
properties were investigated on a 4 M aqueous solution of potassium taurate. The experimentally 
derived properties were used for process modelling and the evaluation of the process proposed. 
The models and procedures developed in this work have also been used to evaluate a standard 
MEA based process, which is used as baseline for process performance. The final assessment of 
this work shows the differences between the novel process and the conventional MEA process. 

6.2 Conceptual process design 

6.2.1 Process description 

The DECAB Plus process concept is based on the exploitation of the extra driving force for 
desorption that occurs when the pH of the solvent is reduced. The fundamental principle that 
allows this pH shift is the formation of a precipitate during the absorption of CO2 in amino acid 
salt solutions. Once a solid phase is formed, the liquid – solid ratio can be manipulated in order to 
obtain a CO2 rich solution of lower pH than the one formed during absorption. Different 
precipitate types can be encountered depending on the amino acid structure and solubility. Amino 
acids with a primary amino group, such as taurine, precipitate only the zwitterion species [84, 
85]. In other cases, the precipitate formed is potassium bicarbonate. This is the case of amino 
acids with a hindered amino group and relatively high zwitterion solubility, such as proline [85]. 
Independently of the precipitate type, the formation of a solid reaction product allows for phase 
separation (liquid from solid) and formation of a new rich solution with lower pH that promotes 
the release of CO2 during desorption. 

To describe and demonstrate the potential of this process, the selected solvent for the conceptual 
design is potassium taurate. The selection is based on taurine’s proven stability and relatively 
high specific capacity for CO2 [81]. The selection of solvent’s concentration generally implies a 
trade-off between capacity and kinetics. However, due to the extension of this work the later has 
been left outside scope and the discussion focusses on capacity. The concentration has been fixed 
to 4 M, concentration at which taurine has comparable capacity to MEA on a specific molar 
basis. 

Potassium hydroxide is assumed to dissociate completely in an aqueous solution. After complete 
reaction of equal molar amounts of taurine and KOH, the final solution will contain equal molar 
amounts of K+ and taurate. When CO2 is added to the system, amino acids in general, and taurine 
in particular, react forming the same species as amines. Precipitates of taurine zwitterion are 
formed when the solution reaches the saturation point [71, 84]. The following set of reaction 
equations is relevant for a CO2 – potassium taurate – water system (the precipitating species is 
emboldened): 
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Dissolution of Taurine in water: 

NH2CH2CH2SO3H𝒔
𝐾𝑠⇔ NH3

+CH2CH2SO3
-  (6.1) 

First dissociation constant of Taurine: 

NH3
+CH2CH2SO3H  

𝐾1⇔NH3
+CH2CH2SO3

- + H+ (6.2) 

Second dissociation constant of Taurine: 

NH3
+CH2CH2SO3

- 𝐾2⇔ NH2CH2CH2SO3
- + H+ (6.3) 

Water dissociation constant: 

H2O
K3⇔H++OH- (6.4) 

Dissociation of potassium hydroxide: 

KOH→K++OH- (6.5) 

Carbamate formation: 

NH2CH2CH2SO3
- + CO2

𝐾4⇔NHCOO-CH2CH2SO3
- + H+ (6.6) 

Bicarbonate formation: 

CO2 + H2O
𝐾5⇔HCO3

- +H+ (6.7) 

Carbonate formation: 

HCO3
- 𝐾6⇔ CO3

2- + H+ (6.8) 

Dissolution of CO2 in aqueous solution of potassium taurate: 

𝑃CO2
H
⇔ CO2 (6.9) 

 

After precipitation, taurine is concentrated in the solid phase. Therefore, the effect of partial 
removal of the liquid will result in a larger reduction of K+ compared to the reduction in taurine. 
Dissolution of the solid rich solution will induce a lower pH in the stream that is treated in the 
stripper due to a higher ratio of taurine to K+. 

This enhanced desorption concept can be achieved by the process schematically presented in 
Figure 6.1. In this case, the flue gas is treated with a solution of potassium taurate containing 1:1 
molar amounts of taurine and K+ in a spray tower contactor (or a spray tower and packed column 
in series). The result is a rich stream in the form of a slurry that contains taurine solids and a 
supernatant with the carbonated and potassium species. This slurry is treated in a solid-liquid 
separator (hydrocyclone or decanter) to partially separate the supernatant from the solids. The 
fraction of the liquid supernatant that is recycled is referred to as the recycle split fraction (RSF). 
The resulting slurry, enriched in taurine, is further processed in the stripper for desorption. The 
supernatant excess, enriched in potassium ions, is recycled to the absorber without passing 
through the stripper. The pH of the new rich stream is decreased before thermal desorption, 
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enhancing the release of the chemically bonded CO2. However, in order to induce this pH shift, 
the solvent capacity might be decreased since part of the remaining supernatant (containing 
carbonated species) is recycled to the absorption process. 

 

Figure 6.1. Schematic representation of the DECAB Plus process concept for CO2 capture based on potassium taurate. 
Enhanced absorption due to the precipitation of reaction products takes place in the absorber and enhanced desorption due to 
the induced lower pH for regeneration takes place in the stripper, after partial separation of the rich liquid stream and 
dissolution of the precipitates. The ratio of the total taurine concentration to the total potassium concentration in solution is 
indicated below the name of each stream. This ratio can be 1 (equimolar solution), higher than 1 (solution with more taurine 
than the equimolar solution and , therefore, lower pH) or less than 1 (solution with less taurine than the equimolar solution 
and, therefore, higher pH). 

6.2.2 Conceptual process design methodology 

The design and evaluation of the process illustrated in Figure 6.1 rely on the development of a 
conceptual model based on equilibrium that predicts absorption, solid-liquid separation and 
desorption performance. Prior to model development, substantial background information is 
required on the absorption capacity of the potassium taurate solvent, solid-liquid partition after 
absorption, the possible taurine to K+ ratios ([TAU/K]) that can be obtained in the new rich 
stream, the relation between these ratios and the pH of the solution and its influence in the 
Vapour-Liquid Equilibrium (VLE) of potassium taurate at stripper conditions. The design 
method, schematically represented in Figure 6.2, can be divided into four steps. The first two 
steps (Literature review and Solvent properties experimental determination) are concerned with 
the generation of the necessary information to develop the conceptual model. Based on this 
information, empirical correlations are derived, which describe the vapour-liquid-solid 
equilibrium of CO2 in potassium taurate solutions. These correlations are used to model absorber, 
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solid-liquid separator and stripper performance in the next step of the design method (Model 
development). In the last step (Process analysis), the model is used to predict process 
performance, estimating the mass and energy balances at different conditions. When necessary, a 
sensitivity analysis on certain process variables is carried out to optimise process performance. 
Besides potassium taurate, the same method is used to predict the performance of a conventional 
MEA capture process, with the purpose of validating the method and providing a basis for 
comparison. 

 

Figure 6.2. Workflow sequence for the conceptual process design of the DECAB Plus process. 

6.2.2.1 Literature review 

Besides the information already mentioned, other solvent data that are necessary for the design 
and have been retrieved from the available literature (Table 6.1). In the case of MEA (solvent 
used to give a baseline for comparison), the necessary information for modelling has already 
been published in literature. Table 6.1 shows the main properties of the molecules used in this 
study. 

6.2.2.2 Solvent properties experimental determination 

Vapour-Liquid-Solid Equilibrium (VL(S)E) data for potassium taurate are necessary to estimate 
solid-liquid partition and Vapour-Liquid Equilibrium (VLE) at different conditions. Generally, 
this requires the estimation, based on experimental data, of the different equilibrium constants 
that govern the liquid equilibria described in Section 6.2.1. However, for the purpose of 
conceptual design, this work has derived empirical expressions from experimental data, which 
represent the VL(S)E. This option provides relatively accurate information on solvent’s 
behaviour avoiding the extensive mathematical procedure of developing a thermodynamic model. 
As shown in Figure 6.2, the full description of the VL(S)E required three different experimental 
tests and the development of empirical functions for each type of test: 
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1) Calibration of taurine – KOH solutions: Although the dissociation constants of taurine 
have been reported in the literature at infinite dilution conditions [199, 201], the effect of 
electrolytes in solution needs to be accounted for in the estimation of pH. This requires 
the development of an activity model to take into account the non-ideal behaviour of 
strong electrolyte solutions. Alternatively, this conceptual design has used an empirical 
relationship between pH and the [TAU/K] molar ratio in solution. For this purpose, a 
hypothetical variable, pH0, was introduced (as shown in Figure 6.2), which represents the 
initial pH of a taurine – KOH solution. This pH was determined experimentally for 
solutions with known concentrations of taurine and KOH. After calibration of the results, 
a function denoted by f 1 is derived to predict pH0 at high concentrations, different 
temperatures and different [TAU/K] molar ratios. 

2) VLE tests: After the first calibration step, the VLE of solutions with different [TAU/K] 
molar ratios was measured at different temperatures, ranging from 40 to 130ºC. Results 
were fitted to an empirical function denoted by f 2 that relates the partial pressure of CO2 
to the liquid loading (α), temperature and pH0. 

3) Slurry tests: Slurry characterisation measurements were performed to derive the amount 
of solids formed as a function of liquid loading (α), temperature and taurine and KOH 
concentrations. The results were correlated in order to obtain a relationship denoted by f 3 
between the solids fraction (ws) and the liquid loading (α), temperature and taurine and 
KOH concentrations. 

The combination of f 1, f 2, and f 3, leads to a relationship between the solids fraction and the 
equilibrium CO2 pressure, enabling the full prediction of the VL(S)E. 

Table 6.1. Properties of Taurine, MEA (baseline) and water retrieved from literature and used in the conceptual 
design. The table indicates the range of validity of the property and the value used in the design. 

Property Component Range Value used Reference 
Molecular weight Taurine [-] 125.15 g/mol [-] 

Solubility Taurine 0-100ºC Function of 
temperature [202] 

Density Taurine 0-4 M,  
40-120ºC 

1270 kg/m3 
(4 M solution at 80ºC) [75] 

Heat capacity Taurine 6 M,  
40 - 120ºC 

2.7 kJ/kgK 
(6 M solution at 80ºC) [81] 

Crystallisation energy Taurine [-] 24.2 kJ/mol [203] 
Molecular weight MEA [-] 61 g/mol [-] 

Density MEA 5 M,  
40 - 120ºC 

980.26 kg/m3 
(5M solution at 80ºC) [204] 

Heat capacity MEA 5 M,  
40-120ºC 

3.86 kJ/kgK 
(5 M solution at 80ºC) [204] 

Vapour-Liquid 
equilibrium MEA 5 M,  

40-120ºC 

Function of CO2 
loading and 
temperature 

[205] 

Heat capacity Water > -72ºC Function of 
temperature [206] 

Latent heat Steam 100 – 120 
ºC 40.66 kJ/mol [206] 
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6.3 Solvent properties 

6.3.1 Calibration of Taurine / KOH solutions 

To correlate the [TAU/K] molar ratio to the initial pH of the solution (pH0), the pH of solutions 
containing different ratios of taurine and KOH was investigated at 4 M taurine concentration and 
different temperatures (21ºC and 40ºC). No attempt was made to model ionic activity. The 
results, presented in Figure 6.3, show that the pH decreases with increasing [TAU/K] ratio in 
solution. The experimental solutions of 4 M concentration, contained taurine solids for [TAU/K] 
molar ratios above 1.2. For [TAU/K] molar ratios below 1.2 all the taurine solids were dissolved. 
However, no effect was observed in the measured pH. This suggests that taurine precipitation (or 
dissolution) cannot be appreciated by merely following the pH line during a given experiment. 

All data points in Figure 6.3 were used to estimate the dependence of taurine’s second 
dissociation constant in equation (6.3) with temperature, according to the generic formula: 

ln�𝐾𝑗� = 𝐴 + 𝐵
𝑇

+ 𝐶 ∙ ln𝑇 + 𝐷 ∙ 𝑇  (6.10) 

Where A, B, C and D are empirical parameters. The results are shown in Table 6.2, together with 
the values for the water dissociation constant in equation (6.4) taken from Posey and Rochelle 
[207] and the estimated coefficients for the solubility product in equation (6.1), which result from 
correlating the data from Dalton [20] to equation (6.10). Based on these equilibrium constants, 
the pH0 and speciation of solutions containing taurine and KOH can be predicted, combining 
(6.1-6.5), and the electroneutrality equation (9.15). Figure 6.3 shows also the predicted pH0 with 
the equilibrium equations, which correlates acceptably with the experimental data. 

6.3.2 VLE tests 

Absorption of CO2 in potassium taurate solutions was measured in a well stirred jacketed 
autoclave at different temperatures (40 - 130ºC) and different [TAU/K] ratios. The detailed 
conditions of the experiments and the results can be found in Appendix 9.3.2. The partial 
pressure of CO2 in equilibrium has been fitted to the following empirical relationship of loading 
(α), temperature (T), and initial pH (pH0): 

𝐿𝑛�𝑃𝐶𝑂2
𝑒𝑞
� = 𝐴 + 𝐵

𝑇
+ 𝐶 ∙ 𝛼 + 𝐷 ∙ 𝛼

𝑇
+ 𝐸 ∙ 𝛼

2

𝑇
+ 𝐹 ∙ 𝐿𝑛(𝛼)

𝑇
+ 𝐺 ∙ pH0 + 𝐻 ∙ pH0

𝑇
 (6.11) 

In the equation above, 𝑃𝐶𝑂2
𝑒𝑞

 is the partial pressure of CO2 [kPa] in equilibrium with a given 
loading α [mol CO2/mol TAU], T is the absolute temperature [K], pH0 is the initial pH of the 
solution and A to H are empirical parameters. 
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Figure 6.3. Neutralization of taurine solutions with KOH. The figure shows the pH0 as a function of different 
[TAU/K] concentration ratios for two different temperatures. Solid and dashed lines represent the empirical 
model results. The empty markers indicate the presence of taurine solids in solution. 

Table 6.2. Estimates for the taurine dissociation constant, the water dissociation constant and the solubility 
product 

Parameter Solubility Product 
KS in equation (6.1) 

Taurine dissociation 
K2 in equation (6.3) 

Water dissociation  
K3 in equation (6.4) 

Parameters in equation (6.10) 
A 181.46 -4.61 132.9 
B -10521.11 -5000 -13446 
C -25.69 0 22.48 
D 0 0 0 
Regression results 
Number of observations 11 30 NA 
SSEa 0.017 6.9 NA 
ARD%b 1.88% 3.41% NA 
aSSE: sum of squared errors between the experimental and model values. Objective function used for the estimation of empirical 
parameters A to D 

bARD%: averaged relative deviation between the experimental and model values. 
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The generic expression in equation (6.11) is used to describe the experimental VLE data for 
potassium taurate (4 M) and the literature VLE data for MEA (5 M). However, not all the terms 
in equation (6.11) are necessary to describe both solvents. The last two terms, with coefficients G 
and H, are concerned with the influence of pH on the absorption equilibrium. When the initial pH 
of the potassium taurate solution is changed (for instance, by partial neutralization of taurine with 
KOH), the partial pressure of CO2 also changes due to the influence of pH on the distribution of 
species described in equations (6.1) to (6.9). This change in pH and consequent change in 𝑃𝐶𝑂2

𝑒𝑞
 

is well explained by the additional terms pH0 and pH0/T. The specific heat of absorption is 
derived by differentiating this expression with respect to 1/T: 

𝜕𝐿𝑛�𝑃𝐶𝑂2
𝑒𝑞
�

𝜕�1𝑇�
= ∆𝐻𝐶𝑂2

−𝑅
= 𝐵 + 𝐷 ∙ 𝛼 + 𝐸 ∙ 𝛼2 + 𝐹 ∙ 𝐿𝑛(𝛼) + 𝐻 ∙ pH0 (6.12) 

With ∆𝐻𝐶𝑂2 representing the specific heat of absorption [kJ/mol], R representing the gas constant 
[kJ/mol K] and the same empirical constants as in equation (6.11). Although equations (6.11) and 
(6.12) are not an accurate representation of the specific solvents considered, they provide solvent 
capacity and heat of absorption at different process conditions. As shown by Oyenekan and 
Rochelle [208], these expressions are also consistent with the thermal phenomena that occur 
during desorption: higher heats of absorption will require more reboiler duty for releasing the 
bonded CO2 but, at the same time, will require less energy for stripping steam since the partial 
pressure of CO2 increases. This trade-off is addressed in this approach, although the specific heat 
of absorption might not be consistent with calorimetry data [209]. 

Figure 6.4 shows the results for the CO2 absorption in 4 M taurine and 4 M potassium hydroxide 
solution at different temperatures. Solvent precipitation, indicated by empty markers, only occurs 
at 40ºC for CO2 loadings above 0.35 mol CO2/mol TAU (partial pressure of CO2 of around 1 
kPa) and at 60ºC for CO2 loadings above 0.5 mol CO2/mol TAU (partial pressure of CO2 of 
around 80 kPa). 

The effect of pH0 was investigated by CO2 absorption measurements in asymmetric solutions of 
taurine and KOH (i.e solutions containing different molar amounts of amino acid and base). 
Results in Figure 6.5 show the absorption isotherms for different asymmetric solutions of 
potassium taurate and different temperatures. At constant partial pressure of CO2, the loading 
decreases with decreasing KOH concentration (i.e. lower pH0) for any given temperature. In 
other words, changes in the molar ratio [TAU/K] can have a substantial influence in the partial 
pressure of CO2 in equilibrium with the solution. For a given loading, higher partial pressures of 
CO2 will be obtained during regeneration when the molar ratio [TAU/K] increases. This will 
result in less energy needs to strip out the CO2 from the solution. This important result constitutes 
proof of the concept described in Section 6.2.1. 

The results in Figure 6.4 and Figure 6.5 where fitted to equation (6.11) by multiple linear 
regression. The estimates for A to H coefficients are shown in Table 6.3, together with the results 
obtained by fitting MEA VLE data from the literature. The correlation between the experimental 
and calculated values is indicated by the correlation coefficient (multiple R) and the deviation is 
indicated in the averaged relative deviation (ARD%). This aggregate deviation (25%) is 
considered acceptable for the conceptual design, as the majority of experimental error is observed 
to occur at low pressure values only. 
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Figure 6.4. Absorption equilibrium of CO2 (VLE) in potassium taurate solutions at different temperatures 
measured in this work. The legend indicates the total concentrations of taurine (TAU) and potassium hydroxide 
(KOH) in solution. The empty markers indicate the presence of solids in the liquid phase at equilibrium. The 
continuous lines in the figure indicate the estimated partial pressure of CO2 based on equation (6.11) and the 
coefficients in Table 6.3. 

 

Figure 6.5. Influence of pH0 on the absorption equilibrium of CO2 (VLE) in potassium taurate solutions at 
different temperatures. The legend indicates the concentrations of taurine (TAU) and potassium hydroxide 
(KOH) in solution. The continuous lines in the figure indicate the estimated partial pressure of CO2 based on 
equation (6.11) and the coefficients in Table 6.3. 
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Together with the absorption of CO2, the water vapour pressure of aqueous solutions of 
potassium taurate can be measured using the same experimental installation. The water vapour 
pressure of amino acid salt solutions can be substantially lower than that of pure water due to 
their strong electrolyte nature. This effect was investigated by measuring the water vapour 
pressure of solutions with different concentrations of potassium taurate. The results, presented in 
Figure 6.6, show that the depression observed in vapour pressure is more relevant at high 
concentrations than at low concentrations. The following empirical expression was derived from 
the experimental data in order to explain this effect: 

0
22 1 OH

ss
sOH PxxC

T
xBAP ⋅








⋅






 ⋅+

⋅
+−=  (6.13) 

In this equation, 𝑃𝐻2𝑂 represents the vapour pressure of the solution [bar], xs is the sum of amino 
acid and base mol fractions in solution, T is absolute temperature [K], 𝑃𝐻2𝑂0  is the vapour 
pressure of pure water and A to C are empirical parameters. Equation (6.13) is 
thermodynamically consistent and it tends to the value of pure water vapour pressure when the 
mol fraction of amino acid and base tend to zero. The estimated values for the empirical 
coefficients in (6.13) are also listed in Table 6.3. 

 

 

Figure 6.6. Water vapour pressure for different solvents, measured in this work: potassium taurate (TAU-
KOH), MEA and pure water. The legend indicates the concentration of the solvents used. The continuous lines 
represent the estimated water vapour pressure with equation (6.13) and the coefficients in Table 6.3. 
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Table 6.3. Estimation of coefficients in equation (6.11) and equation (6.13) by multiple linear regression for 
potassium taurate (TAU) and MEA. 

Solvent TAU a MEA b TAU c 
Parameters Equation (6.11) Equation (6.13) 
A -15.44 42.49 0.47 
B 9419.69 -17691.20 67.86 
C 7.87 -30.10 -0.45 
D 1534.81 22210.31 NA 
E 1536.86 -5531.43 NA 
F 64.52 0.00 NA 
G 3.26 0.00 NA 
H -1561.50 0.00 NA 
Regression results 
Multiple R 0.984 0.989 0.989 
Standard Error 0.322 0.476 0.038 
Number of observations 118 112 179 
SSEd  2.49∙104 7.94∙107 0.059 
ARD%e 24.82% 41% 3.01% 

aDerived for potassium taurate solutions and temperatures below 120ºC. 
bDerived for 5 M MEA solution and temperatures below 120ºC. Based on data from Lee [205] and Shen and Li [210]. 
cDerived for potassium taurate solutions with concentrations ranging from 2M to 6M. 
dSSE: sum of squared errors between the experimental and model values. 
eARD%: averaged relative deviation between the experimental and model values. 

6.3.3 Slurry tests 

Slurry measurements were performed in order to determine the solid to liquid ratio in the 
potassium taurate – CO2 – water system, the dissolving temperature of the slurry formed and 
liquid pH at different conditions. Table 6.4 shows the results of the slurry tests. The conditions 
tested were lean and rich conditions and high taurine to KOH ratios at different loadings. The 
rich solution loading (0.482 mol CO2/mol TAU) was determined by the VLE expression in 
equation (6.11) and the coefficients in Table 6.3 considering conditions of 40ºC and 12kPa partial 
pressure of CO2 (typical coal-fired power plant flue gas conditions). At these conditions the rich 
solution contains 15% wt solids, which will completely dissolve at temperatures higher than 
76ºC. On the other hand, when the [TAU/K] molar ratio increases after the liquid solid separator, 
the dissolution temperature also increases. As shown in Table 6.4, for [TAU/K] ratios of 1.4, 
temperatures above 90ºC will be necessary if the loading is higher than 0.2 mol CO2 / mol TAU. 
This effect imposes a restriction in the attainable [TAU/K] ratio, since no solids can be fed to the 
stripper column. For this reason the [TAU/K] ratio was limited to 1.2 in the conceptual design. At 
this ratio no solids were observed above 110ºC for any loading. 
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Table 6.4. Slurry tests results for loaded solutions of potassium taurate.  

Molarity TAU/KOH (M) 4M/4M 4M/4M 5M/3.5M 5M/3.5M 5M/3.5M 
[TAU]/[KOH] ratio (-) 1.0 1.0 1.4 1.4 1.4 
Loading (mol/mol) 0.102 0.482 0.085 0.1 0.2 
Dissolution temperature (ºC) 25 76 71 80 90 
pH at dissolution temperature (-) 10.8 8.2 9 8.9 8.5 
Solid-Liquid partition (ws) at 40ºC 
(kg/kg) 0.000 0.149 0.122 0.149 0.167 

6.4 Model development 

A VLE Multi-Stage model (VLEMS) has been developed for aqueous solutions of 4 M potassium 
taurate and 5 M MEA and is used to evaluate the new process concept and compare it to a 
conventional MEA baseline. The model, implemented in Visual Basic, is divided into the 
different unit operations described in Section 6.2.1 (Figure 6.1). The absorber and the stripper are 
modelled as a counter current cascade of equilibrium stages, calculating the vapour-liquid 
partition and composition at every stage. The other unit operations (heat exchangers and 
separator) are model as mixing units, calculating the mass and energy balance at every unit but 
excluding flash calculations. The model assumptions and required parameters are discussed in the 
following sections. 

6.4.1 Model assumptions 

1) The only components that are considered in the VLE calculations are CO2 and water. 
Amino acids are non-volatile and in the case of amines, the vaporisation is neglected. 

2) Each stage is assumed to be well mixed and process conditions and gas and liquid 
composition are uniform in each stage. 

3) Temperature, pressure and material equilibrium is reached in each stage. 
4) The reboiler is considered as an equilibrium stage. 
5) Heat losses are not considered. 

6.4.2 Model parameters and inputs 

The CO2 partial pressure under different conditions is represented by the empirical expression in 
equation (6.11) and the coefficients in Table 6.3. A constant value for the Murphree efficiency is 
applied at every stage for CO2. In the same manner, the water vapour pressure of the different 
solutions is represented by the empirical expression in equation (6.13) and the coefficients in 
Table 6.3. No Murphree efficiency is applied to water. 

The pressure drop is taken into account by introducing a pressure drop per stage. Values for the 
pressure drop are taken from Kister [211] for structure packing in the form of pressure drop per 
HETP. The value of the pressure drop is assigned to each equilibrium stage (i.e. Theoretical 
plate) in the stripper. Since the absorber is considered to be a packing-free column, the pressure 
drop has been neglected.  
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The heat of absorption/desorption of CO2 is calculated with equation (6.12) and the coefficients 
in Table 6.3. The heat of vaporization of water and the heat capacity of steam are calculated with 
the equations from the Steam Tables of the IAPWS-IF97 industrial standard [206]. The molar gas 
heat capacity for CO2 is calculated with equations from the NIST database [212]. In the case of 
liquid enthalpy calculation, the overall heat capacity of the entire solution is used. A 
representative constant value has been used (Table 6.1). This method neglects the addition of 
CO2 to the liquid. Solvent density is considered equal for all trays and given a representative 
constant value (Table 6.1). 

A detailed description of the inputs used in the model can be found in Appendix 9.4. The 
equations per stage or mixing unit are the MESH equations: mass balance, equilibrium (only 
considered in absorber and stripper columns), summation of mol fractions in each phase and 
enthalpy balance. These equations are solved simultaneously, giving initial guesses for the 
temperatures, loading, pH0 and total molar flows per stage. The model calculates mass and 
energy balances, temperature and composition profiles and reboiler energy. An example of 
calculations for a single stage is given in Appendix 9.4. 

6.5 Results and Discussion 

The mass and energy balances for the DECAB Plus process (4 M potassium taurate) were 
calculated using the VLEMS model and compared to the baseline (5 M MEA). All cases were 
simulated considering a 90% removal of CO2 and using a closed flow-sheet to keep the overall 
CO2 and water balances to zero. The error in the overall enthalpy balance varied from 0.2% to 
1%, depending on the conditions and solvent used. This error arises from the approximations 
used to estimate enthalpies and it was considered acceptable for the purpose of conceptual 
design. 

6.5.1 Baseline case (5 M MEA) 

The MEA baseline case was simulated with reboiler conditions of 120ºC and 1.9 bar, which were 
found to be optimal in the experimental results of Knudsen [65]. These experimental results were 
obtained in a pilot plant with capacity to capture 1 t/h of CO2 from the flue gas generated at the 
coal fired power plant operated by Dong in Esbjerg (Denmark). The baseline case is based on a 
similar flue gas composition to the one treated in the Esbjerg pilot plant but at a larger scale 
(equivalent to a 250MW power plant). The results of the baseline simulation are presented in 
Table 6.5 together with the experimental data from Knudsen. The energy requirement of the 
MEA system is 3.7 GJ/t CO2, which is in line with the experimental result. A larger deviation 
from the experimental data is found in the cooling duty, due to the fact that the model developed 
for this work does not included a washing section at the absorber’s top, which contributes to the 
cooling duty. 
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Table 6.5. Baseline case (5 M MEA) results from the VLEMS model compared to the experimental data of 
Knudsen [65]. 

Parameter Unit Value   Value    
    (this work) (literature) 
CO2 recovery % 90% 88% 
Amine lean solvent 
loading 

mol CO2/mol 
MEA 0.21 0.22 

Amine rich solvent 
loading  

mol CO2/mol 
MEA 0.48 0.48 

Thermal heat required GJ/t CO2 3.66 3.60 
Solvent flow rate required  m3/t CO2 16.64 16.51 
Cooling duty GJ/t CO2 2.4 3.7 
CO2 production kg/h 177000 1090 

Notes: Reboiler conditions are 120 ºC and 1.9 bar (1.87 bar at Stripper’s top). 

6.5.2 DECAB Plus case (4 M potassium taurate) 

The simulations of this case were done under the same assumptions used for the baseline due to 
the lack of pilot data on the performance of this process. The reboiler pressure was varied from 
1.65 to 1.95 bar in order to find an optimum lean loading and solvent flow rate combination that 
minimises the specific reboiler energy. The optimisation of the lean loading is shown in Figure 
6.7. The lean loading that minimises the specific reboiler energy is found at 0.27 mol CO2/mol 
TAU, which corresponds to a reboiler pressure of 1.8 bar. At lower lean loadings, corresponding 
to pressures around 1.7 bar, the generation of stripping steam is substantially higher than at other 
pressures, resulting in a high water to CO2 molar ratio at the top of the stripper column. This 
requires relatively high reboiler energy per unit of CO2 desorbed. For pressures higher than 1.7 
bar, the lean loading increases. This reduces the specific energy required in the reboiler by 
decreasing the water to CO2 molar ratio. However, solvent capacity is also reduced. Therefore the 
lean solvent flow increases in order to maintain the CO2 removal rate at 90%. At higher lean 
loadings (pressures around 1.9 bar), solvent capacity is reduced to the point that the specific 
reboiler energy increases again due to the high solvent flow rate necessary to maintain the CO2 
removal rate. The specific reboiler duty at the optimum lean loading and 0% recycle split fraction 
is 3.3 GJ/t CO2. This value is 10% lower than the one of the optimised MEA baseline. 

After fixing the reboiler pressure at 1.8 bar, several simulations were conducted varying the 
recycle split fraction in the separator. This variable represents the fraction of the liquid 
supernatant that is recycled to the absorber column. The optimisation of this variable is shown in 
Figure 6.8. As already anticipated for the DECAB Plus concept, increasing the recycle split 
fraction reduces the specific reboiler duty. The optimum value is found at 30%. At this value, the 
specific reboiler duty is 2.4 GJ/t CO2 corresponding to a 35% reduction of the reboiler duty in the 
MEA baseline. 
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Figure 6.7. Optimisation of lean loading for the DECAB Plus case. The specific reboiler duty and the lean 
solvent flow are calculated and plotted as a function of lean loading for a constant CO2 removal rate of 90% and 
constant stripper temperature of 120ºC. The values for the MEA baseline are also shown for the optimum lean 
loading and 90% CO2 removal rate and stripper temperature of 120ºC. 

 

Figure 6.8. Optimisation of the recycle split fraction (RSF) for the DECAB Plus case. The specific reboiler duty 
and the solvent capacity are calculated and plotted as a function of the recycle split fraction (RSF) for a constant 
CO2 removal rate of 90% and constant stripper temperature of 120ºC. The values for the MEA baseline are also 
shown for the optimum lean loading, 90% CO2 removal rate and stripper temperature of 120ºC. 
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6.5.2.1 Effect of recycle split fraction on solvent capacity 

As shown in Figure 6.8, the recycle split fraction has also an effect on solvent capacity. It has 
been discussed in Section 6.2.1 that the recycled stream to the absorber contains carbonated 
species. Therefore, a lower process solvent capacity is to be expected. Nevertheless, for small 
values of the recycle split fraction the solvent capacity is increased. For instance, recycling 10% 
of the rich supernatant stream to the absorber increases solvent capacity by 16%. This counter-
intuitive effect is explained by the fact that the pH-shift effect in the stripper results in a super-
lean stream that combined with the recycled supernatant leads to a lower lean loading than in the 
case with no recycle. Therefore, the pH-shift effect off-sets the capacity loss at values of the 
recycle split fraction lower than 10%. At higher recycle split fractions the improvement in 
solvent capacity starts to decline until solvent capacity becomes lower than the initial at 0% 
recycle split fraction. 

6.5.2.2 Effect of the recycle split fraction on the absorption enthalpy 

Although all the data points presented in Figure 6.8 have a lower solvent capacity than the MEA 
baseline (59 g CO2/L), the specific energy consumption for the DECAB Plus concept is always 
lower than for the MEA baseline. The positive aspects of the DECAB Plus concept that explain 
these results are partially a lower water to CO2 ratio and mainly a substantial reduction in the 
absorption enthalpy. In order to analyse the last effect, the absorption enthalpy was calculated 
using equation (6.12) and the parameters in Table 6.3 at different CO2 loadings and initial 
solution’s pH (pH0). The results, presented in Figure 6.9, show a substantial reduction in 
absorption enthalpy as the initial pH of the solution decreases. One explanation for this 
phenomenon is the different ionic distribution in solution when the pH decreases. The solution’s 
lower pH is obtained by increasing the ratio [TAU/K] in solution. This implies that there are 
relatively fewer K+ ions in solution than in the original equimolar solution. In order to balance 
charge, the equilibria need to evolve to a situation were less negatively charged species are 
present in solution. This could be achieved by reverting the carbamate to taurate (equation 6.5), 
and the carbonate to bicarbonate (equation 6.7) yielding a solution that is richer in CO2 and 
bicarbonate. The carbonate-bicarbonate solvent system is associated with lower heats of 
absorption [209] which explains the reduction in absorption enthalpy shown in Figure 6.9. 
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Figure 6.9. Calculated absorption enthalpy at different pH0 and loadings. 

 

 

Figure 6.10. Influence of the recycle split fraction on the absorption enthalpy, water to CO2 ratio ([H2O/CO2]) 
and the taurine to potassium ratio ([TAU/K]). 
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Figure 6.10 illustrates the influence of the recycle split fraction on the absorption enthalpy and 
other factors such as the water to CO2 molar ratio calculated at stripper’s top stage conditions and 
the taurine to potassium ratio that results from the recycle of the liquid supernatant. Since the 
absorption enthalpy depends on the lean loading (Figure 6.9), the values presented in Figure 6.10 
are an average for loadings ranging from 0.05 to 0.6 mol CO2/mol TAU for each value of the 
recycle split fraction. Increasing values of the recycle split fraction lead to higher [TAU/K] ratios. 
This implies lower values of pH0 and, therefore, a reduction of the absorption enthalpy. As shown 
in Figure 6.10, the absorption enthalpy is reduced from 72 kJ/mol at 0% recycle split fraction to 
45 kJ/mol at the optimum value of the recycle split fraction (30%). On the other hand, the water 
to CO2 molar ratio at stripper’s top stage conditions decreases initially due to a higher partial 
pressure of CO2 that results from the reduction of pH0. This effect gradually decreases for values 
of the recycle split fraction above 20%. 

6.5.2.3 Energy requirements to re-dissolve the slurry 

It must be noted that the slurry feed to the stripper requires the input of low-grade energy to 
dissolve the taurine crystals. The DECAB Plus process, depicted in Figure 6.1, uses the energy 
from the hot lean stream to heat the rich stream that is fed to the stripper. The additional energy 
input required for the phase change is approximated by the dissolution energy, which is supplied 
in the separator heat exchanger. This energy is not included in the analysis since its quality is 
completely different to the steam quality required in the reboiler. In principle hot water of around 
80ºC could be used for this purpose. However, the energy requirements for the DECAB Plus 
process will need to be sourced efficiently to ensure minimal impact to the power plant. 

 

Figure 6.11. Influence of the recycle split fraction (RSF) on the specific separator energy. This energy is 
necessary to dissolve taurine crystals. 
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Figure 6.11 shows the specific energy requirements of the separator as a function of the recycle 
split fraction. The separator energy is linked to the required solvent flow rate which depends on 
solvent’s capacity. Therefore, the energy required in the separator decreases initially due to the 
improvement in solvent capacity and increases gradually for recycle split fractions above 15%. 

6.6 Conclusions 

In this work a new process for CO2 capture has been developed based on precipitating amino acid 
solvents. The novelty of the process consists of enhancing solvent regeneration by inducing a pH-
shift, which is achieved by partially separating the liquid and the solid fraction formed during 
CO2 absorption. A conceptual design based on 4 M potassium taurate has been presented together 
with the necessary experimental evidence to proof the concept. Also, the same conceptual design 
method has been used to evaluate a baseline case based on 5 M MEA. The DECAB Plus concept 
can lower the specific reboiler energy for solvent regeneration by 35% compared to the MEA 
baseline. The specific reboiler energy is reduced from 3.7 GJ/ t CO2, which corresponds to the 
MEA baseline, to 2.4 GJ/ t CO2, which corresponds to the DECAB Plus process. 

There are different effects related to the pH-shift during desorption that contribute to lower the 
reboiler energy: 

1) Solvent capacity increases by recycling small fractions of the liquid supernatant in the 
rich stream back to the absorption column. With respect to the case with no recycle, a 
10% recycle of the liquid supernatant leads to a 16% extra solvent capacity. This effect is 
gradually lost with increasing recycle fractions. 

2) The absorption enthalpy decreases by recycling fractions of the liquid supernatant in the 
rich stream back to the absorption column. The estimated absorption enthalpy for the 
case with no recycle is 72 kJ/mol, while for the optimum recycle split fraction, 30%, this 
absorption enthalpy is reduced to 45 kJ/mol. This is the effect that contributes the most to 
the reduction in the reboiler energy. 

The DECAB Plus process also requires 0.96 GJ/ t CO2 to re-dissolve the precipitates formed 
during absorption. Although this requirement is substantial, due to the high dissolution heat of 
taurine, the quality of this energy is relatively low, which reduces considerably the impact on the 
power plant efficiency. After full consideration of all the aspects involved in the conceptual 
design, the proposed process has lower energy requirements than the MEA baseline and it has 
potential to significantly reduce the energy required by the capture process by exploring different 
amino acid solvents. 
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7 ANALYSIS OF PROCESS 
CONFIGURATIONS FOR CARBON 
DIOXIDE CAPTURE BY PRECIPITATING 
AMINO ACID SOLVENTS 
ABSTRACT 
Precipitating amino acid solvents are an alternative to conventional amine scrubbing for CO2 
capture from flue gas. Process operation with these solvents leads to the formation of 
precipitates during absorption that need to be re-dissolved prior to desorption of CO2. The 
process configuration is crucial for the successful application of these solvents. Different 
process configurations are analysed in this chapter, including the addition of lean vapour 
compression, multiple absorber feeds and the use of different amino acids to the baseline based 
on potassium taurate. The analysis is carried out with an equilibrium model of the process that 
approximates the thermodynamics of the solvents considered. The results show that the 
precipitating amino acid solvents can reduce the reboiler duty needed to regenerate the solvent 
with respect to a conventional MEA process. However, this reduction is accompanied by an 
expenditure in lower grade energy needed to dissolve the precipitates. To successfully 
implement these processes into power plants, an internal recycle of the rich stream is 
necessary. This configuration, known as DECAB Plus, can lower the overall energy use of the 
capture process, which includes the energy needed to regenerate the solvent, the energy needed 
to dissolve the precipitates, and the energy needed to compress the CO2 to 110 bar. With respect 
to the energy efficiency, the DECAB Plus with lean vapour compression configuration is the 
best configuration based on potassium taurate, which reduces the reboiler duty for 
regeneration by 45% with respect to conventional MEA. Retrofitting this process into a coal 
fired power plant will result in overall energy savings of 15% with respect to the conventional 
MEA process, including compression of the CO2 stream to 110 bar. Potassium alanate was 
found to reduce the energy use with respect to potassium taurate under similar process 
configurations. Therefore, the investigation of potassium alanate in a DECAB Plus 
configuration is highly recommended, since it can reduce the energy requirements of the best 
process configuration based on potassium taurate. 
This chapter is based on: 
E. Sanchez Fernandez, K. Heffernan, L. van der Ham, M.J.G. Linders, D.W.F. Brilman, E. 
L.V. Goetheer, T. J.H.Vlugt. “Analysis of process configurations for CO2 capture by 
precipitating amino acid solvents”. Submitted to the Ind.Eng.Chem.Res journal. 
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7.1 Introduction 

CO2 capture based on absorption and thermal desorption on a large scale is considered a suitable 
technology for carbon abatement in the current energy sector (highly dependent on fossil fuels) 
[2, 92, 127]. Major drawbacks of this technology are the efficiency penalties and high operating 
cost, related to solvent regeneration and CO2 compression, which prevent commercial application 
at large scale [13, 155, 213]. The integration of CO2 capture into power plants results in a 
reduction of the net power plant efficiency which depends on the capture technology, power plant 
type and degree of heat integration [13, 156, 191, 214, 215]. Amine solvents are the most 
common industrial choice for low pressure absorption [39, 49, 216]. In the case of coal fired 
power plants reductions of plant efficiencies of 9 to 12 percentage points are expected for the 
conventional industrial standard monoethanolamine (MEA) [15, 31, 217]. MEA is also degraded 
in the presence of SO2, O2 and metal ions in solution with the formation of irreversible by-
products or degradation products [45], reducing the absorption capacity of the amine and 
increasing the emissions of undesirable products to the atmosphere [124]. 

Improvements to the costs of the conventional industrial standard (30%wt MEA solution) can be 
obtained by screening for solvents that have higher absorption capacity and rates (e.g. promoted 
tertiary amines and hindered amines such as promoted MDEA) [59, 60, 159, 218]. 
Improvements, both economically and environmentally, can also be made by developing solvents 
with a higher resistance to degradation and lower toxicity and volatility. Alternative solvents to 
amines are amino acid salts [68] and promoted potassium carbonate [195, 219, 220]. Besides the 
solvents suited for the conventional absorption-desorption process, other solvents that are under 
development are the phase change systems such as the carbonate precipitating processes [221], 
the de-mixing solvent technology [222], and precipitating amino acid salts [81]. Alternative 
process configurations have also been proposed to reduce capital and operating costs of the CO2 
capture process [223]. Numerous publications propose flow-sheet modifications to the 
conventional MEA industrial process in order to upgrade the process or its energetic integration 
with the steam cycle of the power plant [106, 137, 177, 224]. Frequent configurations to be 
evaluated are the modification of process operating conditions (e.g. stripper process conditions, 
lean-rich heat exchanger pinch) [55], the use of multiple absorber feeds or staged feed to the 
stripper (e.g. the split flow scheme) [225], and the use of the sensible heat contained in the exit 
streams of the stripper column (e.g. the lean vapour compression configuration) [226]. 

Precipitating amino acid solvents are a promising alternative to amines. In specific cases, a lower 
energy required to regenerate the solvent has been reported [227]. Other benefits when compared 
to MEA, are higher stability and lower corrosion in the case of taurine [228], higher absorption 
rates in the case of sarcosine [77] and proline [229]. Due to the non-volatile nature of these 
solvents, lower emissions are foreseen for processes based on precipitating amino acids. The 
simplest process configuration based on these solvents (DECAB) requires the use of a spray 
tower to handle solids during absorption. The precipitates are re-dissolved before desorption, 
which takes place in a conventional stripper [81]. The introduction of an internal recycle in this 
process configuration (DECAB Plus) can enhance the release of CO2 without modifications in the 
stripper [227]. 
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In this work, an evaluation and optimisation of different process configurations based on the 
precipitating amino acid solvents is presented. The evaluation has focused on two research 
directions; improvements in process configuration, and screening for alternative solvents with 
improved performance. The evaluation relies on an equilibrium based model, which includes all 
the necessary unit operations of the processes to capture CO2 from coal fired power plants’ flue 
gas. The model uses an approximate thermodynamic representation of the solvents investigated 
based on empirical correlations that have been derived from experimental data. Initially, an 
investigation of DECAB and DECAB Plus process conditions is presented based on potassium 
taurate. The key parameters of the processes are modified with the objective of decreasing the 
required energy for regeneration. After optimising the process conditions, two process additions 
are integrated and investigated. These include the lean vapour compression option and multiple 
feeds to the absorber. The performance of other amino acid solvents is also investigated for the 
DECAB process configuration. 

7.2 Baseline configuration (DECAB and DECAB Plus) 

CO2 absorption in aqueous amino acid salt solutions generally leads to the formation of 
precipitates, depending on the particular amino acid and the concentration in solution [84, 85]. 
The composition of the precipitates varies with the structure of the amino acid used to prepare the 
amino acid salt solution. It can contain mainly the pure amino acid, for primary amino acids, 
KHCO3, for highly hindered amino acids, or a combination of amino acid and KHCO3, for other 
amino acids [85]. This phase change can influence the equilibrium reactions in CO2 absorption 
and desorption contributing to reduce the energy use of the conventional absorption-desorption 
capture process. The chemistry of the reaction of CO2 with amino acid salts in the precipitation 
regime has been described by Kumar [82]. The identified effects related to precipitation are: (1) 
the enhancement of the specific CO2 capacity of amino acid salt solutions [71], (2) the 
acidification of the rich solution, which is not a direct effect of precipitation but is brought about 
by introducing a phase separation after precipitation that partially removes the supernatant and 
results in the concentration of the amino acid in the rich solution once the precipitates have been 
redissolved [86, 230]. The first effect, enhancement of CO2 absorption, occurs when precipitates 
are formed during absorption as a result of the chemical reaction of CO2 with the amino acid salt. 
The products of this reaction that have a limited solubility (the pure amino acid and / or the 
KHCO3) precipitate when the saturation point is reached. The removal of the solid reaction 
product from the liquid phase shifts the reaction equilibrium towards the production of more 
products. The result is a rich stream in the form of slurry that contains mainly the pure amino 
acid in the solid phase (for primary amino acids) or a mixture of pure amino acid and bicarbonate 
(for more hindered amino acids) and carbamate, bicarbonate, amino acid salt counter-ion (e.g. 
potassium, sodium) and remaining amino acid species in the liquid phase. The second effect, 
acidification of the rich stream, requires the processing of the slurry in a solid-liquid separator to 
partially separate the supernatant from the solids. This forms a concentrated slurry, which is 
heated to dissolve the amino acid precipitates. The resulting rich solution, enriched in amino acid, 
is further processed in the stripper for desorption. The supernatant excess, enriched in amino acid 
salt counter-ions, is recycled to the absorber without passing through the stripper. After 
dissolving the amino acid crystals, the pH of the rich stream is decreased before thermal 
desorption, enhancing the release of the chemically bonded CO2. 
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Figure 7.1. DECAB and DECAB Plus process concepts based on precipitating potassium taurate. The separator and recycle 
stream are only pertinent for the DECAB Plus concept. DECAB can be seen as a simplification of this flowsheet where the 
recycle stream is set to zero. The ratio of the total taurine concentration to the total potassium concentration in solution is 
indicated below the name of each stream. This ratio can be 1 (equimolar solution), higher than 1 (solution with less potassium 
than the equimolar and, therefore lower pH0) or less than 1 (solution with more potassium than the equimolar solution and, 
therefore, higher pH0). 

Figure 7.1 illustrates a generic precipitating amino acid process scheme based on the potassium 
salt of taurine that exploits both effects. The flue gas, containing circa 13 %v/v CO2 at 40ºC, is 
treated with a solution of potassium taurate with 1:1 molar amounts of taurine and KOH in a 
suitable contactor that can handle solids. This can be a spray tower contactor or a sequence of 
spray tower contactor and packed column [81]. The slurry that results from the absorption of CO2 
can be directly regenerated in the stripper, via the lean-rich heat exchanger, in a process concept 
known as DECAB [81]. In this case, the separator in Figure 7.1 is not needed. Alternatively, the 
slurry can be treated in the solid-liquid separator yielding two streams; new rich stream and 
recycle. The new rich stream is a slurry enriched in taurine, that has a taurine-to-potassium molar 
ratio ([TAU/K]) higher than 1. This stream is further processed in the stripper, where the CO2 is 
released, yielding the new lean stream. By re-dissolving the amino acid crystals, the pH of the 
new rich solution is decreased before thermal desorption, which results in higher partial pressures 
of CO2 at stripper conditions that facilitate desorption. The recycle stream is the supernatant 
excess enriched in potassium ions, that has a taurine-to-potassium molar ratio lower than 1. This 
stream is mixed with the new lean stream and is fed back to the absorber without passing through 
the stripper. Mixing the recycle and the new lean stream results in the initial lean stream that has 
a taurine-to-potassium molar ratio of 1. This process alternative is known as DECAB Plus. 
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The technical analysis of these process concepts with potassium taurate (Chapter 6) shows that 
the DECAB process concept can decrease the reboiler duty needed for solvent regeneration 
[230]. Compared to a conventional MEA process, the reboiler duty of the DECAB process 
concept is 10% lower. This duty can be further reduced with the DECAB Plus concept. Due to 
the internal recycle in this process concept, the rich stream that is regenerated in the stripper has a 
substantially higher CO2 equilibrium pressure due to the pH change that is induced by 
concentrating the amino acid. For this reason, a “super lean” stream is obtained in the stripper 
with less energy penalty. At the same time, the recycled stream that is fed back to the absorber 
contains a high concentration of CO2, which decreases the process capacity. With an optimum 
recycle, the first effect is dominant resulting in a 35% lower reboiler duty compared to a 
conventional MEA process [230]. Other effects of the internal recycle, which are linked to the 
change of amino acid speciation due to a lower pH, are the reduction in the heat of desorption 
and the reduction of the amino acid solubility in the new rich stream. The first effect contributes 
substantially to the reduction in regeneration energy, but the second effect limits the extension of 
the internal recycle (and its benefits) to avoid solids in the new rich stream that is fed to the 
stripper. Another point of attention is that DECAB and DECAB Plus processes require the input 
of low-grade energy to redissolve the solids formed during absorption. The energy needed for 
this phase change is approximated by the dissolution energy and is supplied to the new rich 
stream in the separator heat exchanger (Figure 7.1). This energy is of a relatively low quality 
compared to the steam quality required by the reboiler, and it could be supplied by low pressure 
steam (ca. 1 bar), hot water of about 80ºC or stripper reboiler condensate. However, in the case of 
potassium taurate, it is substantial in terms of volume, due to the high heat of dissolution of this 
amino acid salt [230]. For future development of these processes, the main points for 
improvement are the net capacity of the solvent, which becomes a dominant factor when high 
portions of the rich stream are recycled, the solubility of the amino acid, and the heat of 
dissolution of the amino acid. 

7.3 Alternative process configurations for DECAB and DECAB Plus 

The use of alternative process configurations or solvents could further reduce the energy 
requirements of DECAB and DECAB plus processes. The main focus for process improvement is 
the selection of process conditions that maximize process capacity, which in turn, will minimize 
the energy required by the reboiler for solvent regeneration. Moreover, the energy required by the 
separator heat exchanger to re-dissolve the crystals is linked to the required solvent flow rate, 
which depends on the solvent net capacity. Therefore, increasing the bulk solvent capacity will 
also reduce the energy requirements of the separator heat exchanger. The process modifications 
that have been analysed in this work are intended to improve the process capacity of the DECAB 
and DECAB Plus process concepts. The selected process modifications are; (1) optimisation of 
the operating conditions of the baselines, (2) the introduction of the lean vapour compression 
(LVC) configuration, (3) the use of multiple feeds to the absorber and (4) the use of an alternative 
amino acid solvent to potassium taurate. These options are discussed in the following sections. 
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7.3.1 Optimisation of the operating conditions of DECAB and DECAB Plus 

The modifications to the process operating conditions of the baselines have the objective of 
optimising the combined thermal and pH-shift effects during desorption. The thermal effect 
depends on the operating temperature of the reboiler and the pH-shift effect depends on the 
amount of precipitate that is formed during absorption, the temperature at which the solid-liquid 
separation takes place, and the fraction of the liquid supernatant that is recycled. For the purpose 
of optimisation, the reboiler temperature, the separator temperature and the flow of the recycle 
stream have been modified to analyse the combined effect of temperature and different [TAU/K] 
ratios on the reboiler duty. 

 

Figure 7.2. DECAB Plus process based on precipitating potassium taurate with LVC. The ratio of the total taurine 
concentration to the total potassium concentration in solution is indicated below the name of each stream. This ratio can be 1 
(equimolar solution), higher than 1 (solution with less potassium than the equimolar and, therefore lower pH0) or less than 1 
(solution with more potassium than the equimolar solution and, therefore, higher pH0). 

7.3.2 Lean vapour compression (LVC) 

The LVC option has been described and investigated for other solvent systems, such as MEA 
[54, 55, 137, 177, 226]. In this process concept, illustrated in Figure 7.2, the lean stream that 
leaves the stripper column is flashed adiabatically in a separate vessel. As a consequence of the 
pressure reduction, the solvent is partially evaporated. The vapour generated is re-compressed 
and re-injected at the base of the stripper column. The benefits of this process concept are that 
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part of the CO2 remaining in the lean stream is flashed, reducing the lean loading and that more 
steam is generated, reducing the necessary heat input to the reboiler. 

7.3.3 Multiple feeds to the absorber 

The DECAB Plus process concept with multiple feeds to the absorber is illustrated in Figure 7.3. 
In this configuration, the new lean stream that leaves the stripper column is divided into two 
streams. One of the streams is mixed with a fraction of the recycle stream and fed to the top of 
the absorber column. The other stream is mixed with the remaining fraction of the recycle stream 
and is fed at an intermediate stage within the absorber column. This alternative configuration 
results in two new streams (one lean and the other semi-lean) with different CO2 loadings and 
different [TAU/K] ratios. The lean stream has a lower CO2 loading than the corresponding lean 
stream in the DECAB Plus baseline configuration. This stream is fed at the top of the absorber 
column with the aim of increasing the absorption capacity at the top stages of the absorber. The 
semi-lean stream has an intermediate CO2 loading between the lean and the rich streams and is 
fed to an intermediate stage in the absorber column. This configuration also creates a pH gradient 
within the absorber due to the different [TAU/K] ratios. The top stages have a lower pH than the 
bottom stages. 

 

Figure 7.3. DECAB Plus process based on precipitating potassium taurate with multiple absorber feeds. The process areas 
with lower pH are located downstream the separator and at the top of the absorber. The ratio of the total taurine 
concentration to the total potassium concentration in solution is indicated below the name of each stream. This ratio can be 1 
(equimolar solution), higher than 1 (solution with less potassium than the equimolar and, therefore lower pH0) or less than 1 
(solution with more potassium than the equimolar solution and, therefore, higher pH0). 
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7.3.4 Alternative solvents 

Solvent regeneration in the DECAB and DECAB Plus processes relies on the thermal energy 
provided by the reboiler and the pH-shift effect described in Section 7.2, which helps to the 
reduction of this energy. Both thermal and pH-shift effects in these processes are influenced by 
specific amino acid properties. For the purpose of selecting a solvent that requires less 
regeneration energy, there are key solvent characteristics that are of importance, such as the net 
CO2 capacity of the solvent, the absorption rates, the heat of absorption, and the heat capacity of 
the solvent [70]. The extension of the precipitation reaction during absorption is important to the 
reduction of the regeneration energy, since the formation of more amino acid precipitates helps to 
decrease the pH of the new rich stream formed when a fraction of the supernatant is recycled. 
The precipitates need to be dissolved for the pH-shift effect to be effective. Therefore, the amino 
acid solubility, which is relevant to the precipitation, and heat of dissolution, which is relevant to 
the dissolution of the precipitates, are also important properties for the selection of an alternative 
solvent for these processes. 

With the aim of finding alternative solvents to potassium taurate, the properties of natural amino 
acids were screened in this work in order to improve process performance. The solvent screening 
strategy was based on the improvement of the process performance with no-recycle (i.e. no pH-
shift effect). The desired amino acid properties for a successful implementation in a DECAB-like 
process are high capacity for CO2, high stability, relatively higher solubility and lower heat of 
dissolution than taurine. In order to improve the CO2 capacity, amino acids with hindered amino 
groups were targeted, since they generally show higher absorption capacity than primary amino 
groups [218]. Other relevant characteristic is the precipitate type that is formed during the 
absorption of CO2. The more hindered amino acid species tend to form different precipitates than 
taurine. In some cases a mixture of amino acid and KHCO3 is formed [231], or in other cases, 
only KHCO3 is formed [85]. Although these precipitates are different to the baseline solvent they 
are seen as beneficial because they help to increase the net loading (recycling less CO2 to the 
absorption column), they will also induce a pH change (the combination of amino acid and 
HCO3

- is more acidic than the pure bicarbonate solution) and they offer the possibility of 
concentrating the rich solution in CO2. 

Table 7.1 shows a summary of the amino acids considered most relevant for this application 
based on these properties. The starting candidates selected were α-alanine or its derivative, 2-
methylalanine (2-aminoisobutyric acid), and the 6-aminohexanoic acid. The CO2 absorption 
equilibrium isotherms of solutions of the amino acids listed in Table 7.1 were measured in a well 
stirred jacketed autoclave at two temperatures (40 and 120ºC or 130ºC) and concentrations within 
the precipitation regime of the amino acids. The details of the experimental procedure and results 
can be found in Appendix 9.3.2. Absorption mass transfer rates are also important, however, they 
have not been included at this stage because the models developed for DECAB and DECAB Plus 
are based on equilibrium. Nevertheless, the relative absorption rates of the solvents with respect 
to a 30% wt MEA solution were inspected during the absorption experiments by comparing the 
time to reach equilibrium of the different solvents and MEA. This procedure was used to rule out 
solvents with substantially lower absorption rates than MEA. The precipitates formed during 
absorption where analysed by the phosphoric acid method in order to determine the presence of 
carbonates in the precipitates. The experimental procedure is described in Appendix 9.3.3. 
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Table 7.1. List of amino acids relevant for implementation in a DECAB process configuration. 

Amino Acid Formula Abbreviation Mw 
[g/mol] 

Melting 
point [ºC] 
[232] 

Solubility 
(25ºC) [232] 
[g/100mL] 

Taurine C2H7NO3S TAU 125 328.0 9.49 
α-alanine C3H7NO2 ALA 89 316.5 16.58 
2-aminoisobutyric acid 
(2-methylalanine) C4H9NO2 AIB 103 335.0 12.06-18.40 

6-aminohexanoic acid 
(ε-aminocaproic acid) C6H13NO2 6-AHA 131 205.0 50.50 

7.4 Model development 

An equilibrium process model (VLEMS) has been developed for aqueous solutions of amino 
acids and MEA and has been used for the evaluation of the different process configurations 
proposed in this work. The absorption and desorption performances are estimated by a series of 
equilibrium stages where the mass balances, enthalpy balance and equilibrium relations are 
simultaneously solved providing the temperature and composition profiles and the reboiler 
energy. The model is based on the following assumptions: 

1) The only components that are considered in the VLE calculations are CO2 and water. 
Amino acids are non-volatile and in the case of amines, the vaporisation is neglected. 

2) Each stage is assumed to be well mixed and process conditions and gas and liquid 
composition are uniform in each stage. 

3) Temperature, pressure and material equilibrium is reached in each stage. 

4) The reboiler is considered as an equilibrium stage 

5) Heat losses are not considered. 

The Vapour-Liquid-Solid Equilibrium (VL(S)E) data for the amino acid salts under investigation 
are necessary to estimate solid-liquid partition and Vapour-Liquid Equilibrium (VLE) at different 
conditions. In previous work [230], a conceptual design methodology was introduced, which 
required three different experimental tests: the pH determination of solutions containing different 
concentrations of amino acid and potassium hydroxide, the measurement of the VLE on those 
solutions at different temperatures and the determination of the weight of solids and solid type 
formed during CO2 absorption of those solutions. The results of each experiments were fitted to 
empirical expressions that provided the estimation of the VL(S)E at different conditions [230]. 

Table 7.2 shows the empirical expressions used to estimate the VL(S)E of CO2 in 4 M potassium 
taurate [230], 4 M potassium alanate (measured in this work) and MEA (from literature data 
[205, 210]) solutions and the correlations to estimate the water vapour pressure of these solutions 
under different conditions. In the equilibrium model, a constant value of 0.8 Murphree efficiency 
is applied at every stage for CO2. This value was selected to fit the experimental results of 
Knudsen [65] for MEA, which were conducted at the pilot plant of Dong at Esbjerg power plant 
station. For the other solvents (potassium taurate and alanate), the same value of the Murphree 
efficiency was used due to the lack of pilot plant experimental results with these solvents. This 
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assumption is equivalent to assuming similar absorption rates to MEA for these two solvents and 
could lead to loadings that deviate from those attainable at real operating conditions. Although 
this could be a limiting factor for future process implementation, it was considered acceptable for 
the conceptual design because the objective is to screen multiple solvents and process 
configurations. The model assumptions could be checked in future studies for an optimal solvent 
and process configuration. The heat of absorption/desorption of CO2 is calculated by 
differentiating Eq. 7.5 in Table 7.2 with respect to 1/T. The heat of vaporisation of water and the 
heat capacity of steam are calculated with the equations from the Steam Tables of the IAPWS-
IF97 industrial standard [206]. The molar gas heat capacity for CO2 is calculated with equations 
from the NIST database [212]. In the case of liquid enthalpy calculation, the overall heat capacity 
of the entire solution is used. A representative constant value has been used for taurine [75] and 
alanine [233]. This method neglects the addition of CO2 to the liquid. Solvent density is 
considered equal for all trays and given a representative constant value which has been derived 
from literature [233]. 

A number of process variables are important to the evaluation of the DECAB and DECAB Plus 
process concepts: 

• Taurine-to-potassium molar ratio ([TAU/K]) represents the ratio of the total 
concentration of taurine to the total concentration of potassium, which is equal to the 
concentration of KOH used to prepare the amino acid salt solution. 

• Initial pH of taurine – KOH solutions (pH0): represents the pH of an aqueous solution 
of taurine and KOH measured at 40ºC. It is related to the [TAU/K] as shown in our 
previous work [230]: 

pH0 = 𝑓 �[𝑇𝐴𝑈]
[𝐾+]

� 7.1 

• Recycle split fraction (RSF): represents the fraction of the liquid supernatant 
(excluding the solid phase) that is recycled to the absorber column. 

𝑅𝑆𝐹 = 𝐿𝑅
𝐿−𝑆

 7.2 

Here, LR represents the flow (kmol/s) of the recycle stream, L represents the flow 
(kmol/s) of the total rich stream leaving the absorber and S represents the flow 
(kmol/s) of the solid phase. 

• Specific regeneration energy: The energy necessary for regeneration, calculated by the 
process model considering the reboiler duty and the energy required to power the 
compressor, in the cases where the LVC is applied. An isentropic efficiency of 88% 
and a driver efficiency of 85% are assumed in the calculations of compressor power. 
The results are presented as steam equivalent (GJ/tCO2) energy that will result in the 
same turbine power loss than deducting the compressor power from the gross turbine 
power output, according to the formula: 

Qt=QR+𝑊Comp.

λ   7.3 

In the equation above, Qt is the total specific regeneration energy, QR is the estimated 
reboiler duty for solvent regeneration and WComp. is the estimated work for LVC 
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compressor. The term λ accounts for the loss of turbine power due to steam extraction 
for the reboiler. This factor depends on the necessary steam quality and is derived for 
each case from the power plant and capture plant integration correlations developed 
by Le Moullec [55]. Eq. 3 is only used to compare cases where the steam quality is 
similar. 

• Total power plant parasitic load: The integration of DECAB and DECAB Plus into 
coal fired power plants requires the use of two different energy sources. On one hand, 
the reboiler needs saturated steam at pressures between 3 and 4 bar, depending of the 
reboiler conditions. On the other hand the separator requires low grade energy for the 
dissolution of crystals. In this case, steam of very low pressure (circa 1 bar) has been 
used in order to provide the necessary energy required by the separator heat exchanger. 
The model developed by Le Moullec [55] was used to calculate the parasitic load to a 
hypothetical power plant with implemented capture based on DECAB and DECAB 
Plus. 

𝑊t = 𝑊R + 𝑊LVC +𝑊SEP + 𝑊COMP 7.4 

Here, Wt (kWh/tCO2) is the total power plant parasitic load, WR (kWh/tCO2) is the 
equivalent work needed for the reboiler, WLVC (kWh/tCO2) is the energy required by 
the LVC compressor, WSep (kWh/tCO2) is the equivalent work required by the 
separator and WCOMP (kWh/tCO2) is the energy required to compressed the CO2 from 
the pressure at the top of the stripper to 110 bar. 
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Table 7.2. Empirical representation of the VL(S)E for the different solvents under investigation (potassium 
taurate [KTAU] and potassium alanate [KALA]) and the corresponding solvent vapour pressures. The 
coefficients in equations 7.5 and 7.6 are obtained by multiple linear regression, which requires the linearisation 
of the equations. 

 
KTAU 

VL(S)E a 
KALA 

VL(S)E b 
MEA 

VL(S)E c 

KTAU 
Vapour 

Pressure d 

KALA 
Vapour 

Pressure e 

MEA 
Vapour 

Pressure f 
Parameter Eq. 7.5 Eq. 7.5 Eq. 7.5 Eq. 7.6 Eq. 7.6 Eq. 7.7 
A -15.44 16.02 42.49 0.47 -1.80 -5.939∙10-2 

B 9419.69 -6229.32 -17691.20 67.86 99.08 7.621∙10-3 

C 7.87 10.24 -30.10 -0.45 9.00 -1.90∙10-4 

D 1534.81 0 22210.31 0.00 0.00 2.137∙10-6 

E 1536.86 0 -5531.43 0.00 0.00 0.00 
F 64.52 0 0.00 0.00 0.00 0.00 
G 3.26 0 0.00 0.00 0.00 0.00 
H -1561.5 0 0.00 0.00 0.00 0.00 
Regression results 
Multiple R 0.984 0.986 0.989 0.989 0.985 0.986 
Standard 
Error 0.322 0.378 0.476 0.04 0.06 0.05 

Number of 
observations 118 28 112 179 227 300 

SSEg  24900 2633 7.94∙107 0.06 0.08 0.07 
ARD%h 24.8% 27% 41% 3% 5% 3% 
 

a Derived for potassium taurate solutions with [TAU/K] from 1 to 1.3 and temperatures from 40ºC to 130ºC 
[230]. 
b Derived for potassium alanate solutions, equimolar and temperatures of 40 and 120ºC (this work). 
c Derived for MEA30% wt based on the data from Lee [205] and Shen and Li[210]. 
d Derived for potassium taurate solutions with concentrations from 2M to 6M [230]. 
e Derived for potassium alanate solutions with concentrations from 2M to 6M (this work). 
f Derived for MEA solutions of 30%wt [230]. 
gSSE: sum of squared errors between the experimental and model values. 

hARD%: averaged relative deviation between the experimental and model values. 

Eq. 7.5 𝐿𝑛�𝑃𝐶𝑂2𝑒𝑞� = 𝐴 + 𝐵
𝑇

+ 𝐶 ∙ 𝛼 + 𝐷 ∙ 𝛼
𝑇

+ 𝐸 ∙ 𝛼
2

𝑇
+ 𝐹 ∙ 𝐿𝑛(𝛼)

𝑇
+ 𝐺 ∙ pH0 + 𝐻 ∙ pH0

𝑇
  

Eq. 7.6 𝑃𝐻2𝑂 = �1 − �𝐴 + 𝐵∙𝑋𝑠
𝑇

+ 𝐶 ∙ 𝑥𝑠� ∙ 𝑥𝑠� ∙ 𝑃𝐻2𝑂
0 

Eq. 7.7 𝑃𝐻2𝑂 = 𝐴 + 𝐵 ∙ 𝑇 + 𝐶 ∙ 𝑇2 + 𝐷 ∙ 𝑇3 

𝑃𝐶𝑂2𝑒𝑞 is the equilibrium CO2 partial pressure [kPa], 𝑃𝐻2𝑂 is the  vapour pressure of the solutions [bar], 
𝑃𝐻2𝑂0 is the pure water vapour pressure [bar], α is CO2 loading [mol CO2 / mol AmA] , T is temperature 
[ºC], pH0 is the initial pH of the solution, xs is the total mole fraction of amino acids and potassium in 
solution. 
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7.5 Results and Discussion 

7.5.1 Baseline case optimisation 

The optimisation of the lean loading without any recycle (DECAB configuration) at different 
reboiler temperatures is shown in Figure 7.4. The minimum specific reboiler duty occurs at a CO2 
loading of 0.26-0.27 mol CO2/mol TAU for every temperature. The effect of the reboiler 
operating temperature is not very substantial but is appreciable from the results in Figure 7.4. 
Higher reboiler temperatures lead to lower specific reboiler duties due to a more favourable water 
to CO2 ratio at stripper’s top stage conditions. For every temperature analysed in Figure 7.5, the 
reboiler pressure was fixed at the value that provides the optimum lean loading. Subsequently, 
the recycle split fraction (RSF) was varied from 0% to 50% in order to induce the pH-shift effect 
of the DECAB Plus process configuration. This broad range was selected in order to study the 
influence of the pH-shift effect in a broad operating range. The results of the slurry tests in 
previous work [230] indicate that the [TAU/K] ratio should be restricted to a range from 1 to 1.2 
to avoid the presence of any solids in the new rich stream fed to the stripper. The values of the 
RSF above 40% fall outside this range, however, they have been included in the simulations in 
order to develop a full understanding of the pH-shift effect. Figure 7.5 shows the optimisation of 
the RSF at different reboiler temperatures. The DECAB Plus process configuration reduces the 
specific reboiler energy by 27-29% depending on the operating reboiler temperature. For all 
temperatures, the value of the RSF that minimizes the specific reboiler duty is around 30%. For 
higher values of the RSF, the net capacity of the solvent is considerably reduced due to the 
recycle of the absorbed CO2 back to the absorber column. For these cases, the solvent flow needs 
to be increased substantially, to maintain the CO2 removal percentage at 90%, leading to an 
increase in the required reboiler duty. For the DECAB Plus configuration, lower reboiler 
temperatures lead to lower specific reboiler duties, despite the fact, that for the DECAB 
configuration (i.e. 0% RSF) the opposite behaviour was found. This change can be explained by 
the variation of the pH-shift effect with temperature. Figure 7.6 shows the influence of pH0 in the 
equilibrium partial pressure of CO2 at optimum lean loading conditions. When the pH0 is 
decreased, the equilibrium partial pressure of CO2 increases significantly. However, for higher 
values of temperatures the effect becomes less prominent, as indicated by the reduction in the 
slope of the PCO2 vs. pH0 lines represented in Figure 7.6. Therefore, the RSF has a more markedly 
effect on the reboiler duty at lower temperatures than at higher temperatures. 
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Figure 7.4. Optimisation of specific reboiler duty with respect to reboiler temperature for potassium taurate and 
DECAB process configuration illustrated in Figure 7.1. Simulations were performed at a constant recycle split 
fraction (RSF) of 0% and constant CO2 removal of 90%. 

 

 

Figure 7.5. Optimisation of the reboiler duty with respect the recycle split fraction (RSF) at different 
temperatures for the DECAB Plus process configuration illustrated in Figure 7.1. Simulations were performed 
at the optimum lean loading for every temperature and a constant CO2 removal of 90%. 
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For further optimisation of the DECAB Plus process, the reboiler temperature and the RSF were 
fixed and the separator temperature was decreased from 40ºC to 25ºC. The implications for the 
process are the precipitation of more solids, the need of extra cooling duty in the separator and 
the increase in the specific energy required to re-dissolve the precipitates. This modification 
results in higher [TAU/K] in the new rich stream for equal values of the RSF. Figure 7.7 shows 
the results for a reboiler temperature of 120ºC and 20% RSF. Although the optimal value found 
for this variable is 30% (Figure 7.5), the reduction in the reboiler duty when the RSF increases 
from 20% to 30% is not significant and it will imply the processing of a more dense slurry and a 
larger recycle stream (with implications to the sizing of the absorption process). Decreasing the 
separator operating temperature results in lower reboiler duties due to the extra pH-shift effect 
induced by a higher [TAU/K] ratio in the new rich stream. However, as indicated in Figure 7.7, 
this also increases the specific separator energy. 

7.5.2 Lean vapour compression (LVC) 

For the evaluation of the LVC addition to the DECAB and DECAB Plus concepts, several 
simulations were performed at different reboiler temperatures. The reboiler pressure was kept 
constant at the value that minimized the specific reboiler duty for every temperature. The 
pressure in the flash vessel was decreased gradually, starting from a value equal to the reboiler 
pressure, to atmospheric conditions. The results of these simulations are shown in Figure 7.8 for 
reboiler temperatures of 120ºC and 130ºC. Figure 7.8 shows the specific energy requirements of 
the reboiler, which include the energy required to power the compressor in the form of steam that 
would result in a power loss to the turbine equivalent to the LVC compressor power. When the 
rich stream is flashed, the reboiler duty necessary to regenerate the solvent is reduced due to the 
extra steam generated. The extra steam is then compressed to the reboiler pressure and fed back 
to the stripper. As shown in Figure 7.8, the total energy required for regeneration decreases with 
decreasing flash pressures. However, for flash pressures near atmospheric conditions, the energy 
required by the compressor becomes a dominant contributor to the total energy requirements and, 
therefore, the specific energy requirements raise. At 120ºC, a pressure difference between the 
reboiler and the flash vessel of 0.69 bar provides a minimum in the total energy required. At 
130ºC the minimum is reached at a pressure difference of 1.10 bar. The reduction in the specific 
energy requirements are 7.9% and 7.7% for 120ºC and 130ºC respectively. However, operating 
the reboiler at 130ºC requires condensing steam of higher pressure than at 120ºC. The 
implications of changing the steam quality are further discussed in Section 7.5.5. 
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Figure 7.6. Influence of pH0 in the equilibrium partial pressure of CO2. Simulations were performed at a 
constant loading of 0.26 mol CO2/mol TAU and different temperatures. 

  

Figure 7.7. Variation of the reboiler and separator duties with the separator operating temperature for the 
DECAB Plus process concept illustrated in Figure 7.1. Simulations are done at fixed reboiler temperature 
(120ºC), 20% recycle split fraction (RSF) and a constant CO2 removal of 90%. 
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Figure 7.8. Optimisation of LVC flash pressure for the DECAB process concept with LVC illustrated in Figure 
7.2. Simulations were performed at constant reboiler pressure corresponding to the optimal value for every 
temperature, no recycle split fraction (0% RSF) and a constant CO2 removal of 90%. 

 

 

Figure 7.9. Effect of LVC flash pressure on the specific regeneration energy for the DECAB Plus process 
concept with LVC illustrated in Figure 7.2. Simulations were performed at constant reboiler temperature 
(120ºC) and a constant CO2 removal of 90%. 
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The influence of LVC on the DECAB Plus process configuration was also investigated at 
constant reboiler temperatures and pressures. Figure 7.9 shows the influence of the LVC flash 
pressure on the specific regeneration energy at 120ºC and different values of the RSF. The effect 
of flashing the lean stream on the total energy required to regenerate the solvent is similar for 
every value of the RSF. In relative terms, the value of the initial specific energy is reduced from 
7.9% to 10.0% when RSF increases from 0% to 40%. 

7.5.3 Multiple absorber feeds 

This process configuration is most appropriate for the cases with a high RSF (above 30%) where 
the recycle of the absorbed CO2 back to the absorber column reduces considerably the net 
capacity of the solvent (Section 7.5.1). The configuration aims, a priori, to increase solvent 
capacity by using a stream at the top of the absorber of a lower CO2 loading. For this purpose, the 
recycle and the new lean stream leaving the stripper are split in two. One fraction of the recycle 
stream is mixed with the major fraction of the new lean stream from the stripper and sent to the 
top of the absorber (Figure 7.3). The remaining fraction of the recycle stream is fed at an 
intermediate stage of the absorber together with the remaining fraction of the new lean stream (if 
there is one). The effect of this configuration on the required reboiler duty is shown in Figure 
7.10. For this case, the RSF was fixed at 30%, which is a relatively high value at which the net 
capacity of the solvent starts to decline. The new lean stream was entirely sent to the top of the 
absorber and the fraction of the recycle stream that is mixed with it was gradually decreased from 
100% (all the recycle stream is mixed with the new lean stream resulting in a [TAU/K] of 1) to 
80% (only 80% of the recycle stream is mixed with the new lean stream resulting in a [TAU/K] 
higher than 1). By splitting the recycle stream, the pH0 in the lean stream decreases from 11.77 
(value that corresponds to the equimolar solution, [TAU/K]=1.00) to 10.54 (value that 
corresponds to a [TAU/K] = 1.02). The loading of the lean stream also decreases from 0.29 mol 
CO2 / mol TAU to 0.26 mol CO2 / mol TAU. However, this modification does not have a positive 
effect on the reboiler duty, which increases gradually. This is due to the effect that pH has on the 
equilibrium absorption of CO2. The equilibrium partial pressure of CO2 at the top of the absorber 
increases with lower pH0 and decreases with lower CO2 loadings. The reduction in the pH0 of the 
lean stream has a substantial impact on the reboiler duty due to the reduction in solvent capacity, 
which is not compensated by the reduction in lean loading obtained in this process configuration. 
Therefore, the multiple absorber feeds configuration leads to a higher reboiler duty than in the 
other process configurations. For this reason this alternative was discarded for further evaluation. 

  



Chapter 7 
 

 

125 

 

Figure 7.10. Effect of multiple absorber feeds on the reboiler duty for the DECAB Plus process concept 
illustrated in Figure 7.3. Lean stream loading and reboiler duty vs. pH0 in the lean stream. 

7.5.4 Alternative solvents 

The absorption capacity of a selected number of amino acids was investigated at 40ºC and 120ºC 
or 130ºC and compared to potassium taurate. Figure 7.11 and Figure 7.12 show the isotherms for 
the absorption of CO2 in these solvents. The majority of the solutions tested showed higher 
absorption capacity (on a mol-to-mol basis) than potassium taurate at partial pressures of CO2 
relevant for flue gas application (circa 10 kPa). With respect to regeneration, the 6-
aminohexanoic acid solution (6-AHA) showed lower partial pressures of CO2 than taurine at 
120ºC, which implies that more stripping steam will be required to regenerate this solvent with 
the consequent impact on the thermal regeneration energy. The 4 M 2-aminoisobutyric acid 
(AIB) solution required a temperature of 130ºC in order to obtain a similar isotherm to the other 
amino acids at 120ºC. The low CO2 partial pressures obtained initially at 120ºC indicated that this 
temperature was not suitable for an effective regeneration of this solution. Raising the 
temperature to 130ºC was not required when the AIB concentration was reduced to 2M, but this 
reduces the bulk capacity of the solution. 

The critical points for solvent precipitation were determined by visual inspection of the samples 
during CO2 absorption. These points are shown in Figure 7.11 by empty markers. In the 6-AHA 
sample, precipitates were formed at relatively high liquid loadings of 0.6 mol CO2 / mol AmA. 
This is to be expected since this amino acid is more soluble than the other amino acids tested. 
However, in the case of α-alanine and 4 M AIB, precipitation occurred at lower loadings than 
taurine, 0.26 and 0.15 mol CO2 / mol AmA respectively, despite these two amino acids are more 
soluble. Decreasing the concentration of AIB from 4 M to 2 M shifted the precipitation point to 
0.64 mol CO2 / mol AmA. These results have an effect on the application of these solutions to the 
DECAB and DECAB Plus processes. In the 6-AHA solution, precipitates are formed at a high 
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CO2 partial pressure, which decreases the enhancement effect during absorption. On the other 
hand, in the 4 M AIB solution precipitates are formed at very low CO2 partial pressures, which 
will require a deep regeneration to keep the lean loading below the critical point for precipitation. 
This issue can be solved by reducing the AIB concentration, but this will also reduce the bulk 
CO2 capacity of the solution. 

Considering the absorption and precipitation characteristics, the most promising amino acid 
tested is α-alanine. The potassium alanate solution tested had higher specific capacity than 
taurine and similar regeneration isotherm. Other attractive properties of α-alanine for its 
application in DECAB and DECAB Plus processes are higher solubility than taurine and much 
lower dissolution energy [234, 235]. Therefore, this amino acid was included in the process 
model in order to evaluate its performance in a DECAB configuration. 

The DECAB process based on 4 M potassium alanate is essentially the same as the one for 
potassium taurate, which has been described in Section 7.2. For process evaluation, the 
absorption data of CO2 on potassium alanate and the vapour pressure data of the potassium 
alanate solution where fitted to Eq. 7.5 and Eq. 7.6 in Table 7.2 respectively. The empirical 
correlations presented in this table were used to describe the VLE of this solvent. 

The precipitation characteristics of potassium alanate were further investigated by analysing the 
precipitates formed using titration to determine the amino acid concentration and the phosphoric 
acid analysis to determine the presence of bicarbonates in the precipitate. The potassium salt of 
α-alanine solution formed a slurry containing 21% wt (dry) solids of which 13% wt (dry) were 
bicarbonate species. The analysis procedure and experimental data are provided in Appendix 
9.3.4. The other necessary physical properties were retrieved from literature as explained in 
Section 7.4. 

For a DECAB configuration basis, the optimisation of the lean loading for potassium alanate at 
different reboiler temperatures is shown in Figure 7.13. The minimum specific reboiler duty 
occurs at a CO2 loading of 0.32-0.33 mol CO2/mol ALA. At this loading the specific reboiler 
duty for potassium alanate is lower than for potassium taurate (also included in the figure). 
Nevertheless, for loadings above 0.26 mol CO2 / mol ALA, precipitates will form at temperatures 
around 40ºC. Therefore, the loading needs to be restricted at that value to avoid precipitation of 
the lean stream when is fed to the absorber. The minimum reboiler duty is then 3.25 GJ/t CO2, 
with a reboiler temperature of 130ºC. With the addition of LVC to the process, the specific 
regeneration energy can be reduced to 2.81 GJ/t CO2. 
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Figure 7.11. Absorption equilibrium of CO2 (VLE) in aqueous amino acid solutions at 40ºC measured in this 
work. The legend indicates the total concentrations of amino acid (ALA – alanine, TAU – taurine, AIB – 2-
aminoisobutyric acid, 6-AHA – 6-aminohexanoic acid) and potassium hydroxide (KOH) in solution. The empty 
markers indicate the presence of solids in the liquid phase at equilibrium. 

 

Figure 7.12. Absorption equilibrium of CO2 (VLE) in aqueous amino acid solutions at 120ºC and 130ºC 
measured in this work. The legend indicates the total concentrations of amino acid (ALA – alanine, TAU – 
taurine, AIB – 2-aminoisobutyric acid, 6-AHA – 6-aminohexanoic acid) and potassium hydroxide (KOH) in 
solution. 
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Figure 7.13. Optimisation of specific reboiler duty with respect to reboiler temperature for potassium alanate 
and DECAB process configuration illustrated in Figure 7.1. Simulations were performed at a constant recycle 
split fraction (RSF) of 0% and constant CO2 removal of 90%. 

7.5.5 Evaluation of process alternatives 

This section provides an overview of the process concepts analysed in this chapter. Table 7.3 
shows the performance of the process configurations investigated and the most optimal process 
conditions of each configuration. The evaluation of a conventional 30% wt MEA capture process, 
based on the same model and assumptions as in the other process configurations, has been added 
to the table for comparison. The evaluation is based on the equivalent work of each 
configuration, which has been calculated with the model developed by Le Moullec [55] and 
includes the energy use of each process configuration, the work of the LVC compressor (when 
present) and the work to compress the CO2 to 110 bar. This model focuses on retrofitting a coal 
fired supercritical power plant of 1200MWe gross with re-superheating of the intermediate 
pressure steam. The steam for the boiler is drawn off between the IP and LP turbines at 5.9 bar, 
passes through an auxiliary turbine to reduce the pressure to the optimum working pressure in the 
reboiler and then cooled by pre-heating the power plant boiler working water before being fed to 
the capture plant reboiler boiler. The reboiler condensate energy (at around 135ºC) is also used in 
the pre-heating train of working water. A similar scheme could be used for the separator, 
assuming that the IP/LP turbine line has enough flow to supply the reboiler and separator and to 
operate the low pressure turbine. A throttle valve is used in the model to apply a pressure drop 
proportional to the flow rate of the drawn off to the working steam before it enters the low 
pressure turbine. In this way, the different qualities of steam required by the separator and the 
reboiler and the electricity supply for the pumps and compressors are considered. The 
consumption of the CO2 compressor (used to deliver the CO2 at a pressure of 110 bar) is also 
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calculated with this model, considering the differences in the delivery pressure of the CO2 stream 
from the stripper. 

Table 7.3. Predicted performance of various solvents and process configurations for 90% CO2 capture of coal 
fired power plant flue gas. 

Process 
configuration Solvent 

Reboiler S-L 
separatorb LVC Energy Work 

T Ps T RSF P QR QSep WR WLVC WSep WComp. WT 

ºC bar ºC % bar GJ/t GJ/t kWh/t kWh/t kWh/t kWh/t kWh/t 

Conventional MEAa 120 3.13 NA NA 1.9 3.66 0.00 309.8 0.0 0.0 93.6 403.4 
Conventional + 

LVC MEA 120 3.13 NA NA 1.2 3.18 0.00 272.7 9.2 0.0 93.6 375.5 

DECAB TAU 120 3.13 40 0% 1.8 3.31 1.01 282.7 0.0 63.4 95.2 441.3 

DECAB ALA 120 3.13 40 0% 1.8 3.37 0.56 287.4 0.0 35.4 95.2 418.0 

DECAB ALA 130 4.16 0 0% 2.5 3.20 0.55 301.4 0.0 34.7 85.4 421.5 

DECAB + LVC TAU 120 3.13 40 0% 1.1 2.86 0.93 247.5 12.1 58.3 95.2 413.1 

DECAB + LVC ALA 130 4.16 40 0% 1.4 2.52 0.54 242.1 18.2 34.5 84.2 379.1 

DECAB Plus TAU 120 3.13 40 20% 1.8 2.45 0.96 214.8 0.0 60.2 95.2 370.2 

DECAB Plus TAU 115 2.70 40 40% 1.8 2.39 1.24 199.7 0.0 77.0 100.7 377.4 

DECAB Plus TAU 120 3.13 25 20% 1.8 2.26 1.37 199.3 0.0 84.8 95.2 379.3 
DECAB Plus + 

LVC TAU 120 3.13 40 20% 1.1 2.07 0.88 183.5 9.9 55.1 95.2 343.6 

DECAB Plus + 
LVC TAU 120 3.13 25 20% 1.1 1.90 1.24 169.1 9.7 77.4 95.2 351.4 

a Developed in our previous work [230]. 
b Steam conditions for the solid-liquid separator are the same for all cases (1 bar saturated steam). 

The lean loading of the MEA and TAU process configurations was optimised to minimize the 
reboiler duty. In the case of alanine (ALA) the maximum lean loading was fixed at 0.26 mol CO2 
/ mol ALA, because precipitates will form in the lean stream at 40ºC and higher loadings. This 
loading is far from the optimum. Therefore, the reduction in the overall energy required by the 
DECAB process when the solvent is changed from taurine to alanine is not substantial. The major 
savings with respect to taurine rely on the lower heat of dissolution of alanine, resulting in lower 
energy required by the separator to dissolve the precipitates. The optimisation of operating 
conditions was based on the reduction of reboiler energy. Based on potassium taurate, the 
DECAB process configuration reduces the reboiler duty but at the expense of increasing the 
separator energy. Under the integration conditions suggested by Le Moullec [55], which might 
not be optimal for the integration of the separator energy into the steam cycle, there is no real 
gain in the overall energy use of the DECAB configuration as compared to conventional MEA. 

The addition of the LVC to the process reduces the overall energy requirements of the DECAB 
process configuration. In the case of potassium alanate, the required energy is lower than the 
MEA baseline with savings of 6%, which is similar to the savings obtained by adding the LVC to 
the MEA conventional process configuration. Nevertheless, the DECAB Plus configuration has a 
net beneficial impact on the energy use of the capture process. However, the reduction of the 
reboiler duty by RSF values over 20% or by reducing the separator temperature to room 
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temperature does not result in a reduction of the overall energy required by the capture process. 
The best configuration is the DECAB Plus with LVC, which provides 15% energy savings with 
respect to MEA, and 8.5% with respect to MEA with LVC. 

7.6 Conclusions 

DECAB and DECAB Plus are two novel process concepts based on precipitating amino acids 
that can reduce the regeneration energy required by the CO2 capture process. An analysis of 
process conditions and different configurations of these two process concepts has been conducted 
based on the necessary energy to regenerate the solvent. The configurations analysed contribute 
to decrease this energy with the only exception of the multiple feeds to the absorber. This 
configuration was aimed to increase the solvent capacity by using a lean stream at the top of the 
absorber column with lower loading than the DECAB Plus baseline configuration. However, the 
lower pH of this stream did not decrease the regeneration energy as expected. 

The developed process configurations also require low-grade energy to dissolve the precipitates 
formed during absorption. The energy requirements of the reboiler and the separator heat 
exchanger were added to calculate the overall energy requirements of the process. The DECAB 
process configuration based on taurine reduces the reboiler energy by 10% with respect to 
conventional MEA and by 12% when LVC is added. However, this reduction is accompanied by 
an increase in the energy required by the separator heat exchanger to dissolve the precipitates. 
Under the assumptions considered for the retrofit of these processes into power plants, which are 
based on a pre-existing model and are not optimal for the integration of the separator energy into 
the steam cycle, the final energy use of these process alternatives is higher than the conventional 
MEA process. Nevertheless, all the DECAB Plus configurations analysed reduce the overall 
energy use of the capture process with respect to the MEA baseline. The best process 
configuration in this study is the DECAB Plus process configuration based on potassium taurate 
with a reboiler temperature of 120ºC and solid-liquid separation at 40ºC. This alternative reduces 
the overall energy of the capture process by 15% compared to the MEA baseline with 
compression of the CO2 to 110 bar. 

Other amino acid solvents were investigated in this work in order to explore potential reductions 
in the energy required by the DECAB process configuration. Among the solvents investigated, 
the potassium salt of α-alanine was identified as a potential candidate for the application in the 
DECAB configuration. The performance of the DECAB configuration based on potassium 
alanate is better than potassium taurate due to the lower heat of dissolution of α-alanine. With the 
addition of LVC it reduces the energy penalty of the baseline by 6%. Considering the benefits 
that the DECAB configuration with potassium alanate has over potassium taurate, a DECAB Plus 
configuration based on this solvent has the potential to further reduce the energy requirements of 
the capture process. Moreover, a better integration within the steam cycle should reduce the 
energy figures presented in this work. 
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8 THE POTENTIAL OF PRECIPITATING 
AMINO ACIDS FOR CO2 CAPTURE 
ABSTRACT 
Amino acids can be used to capture CO2 with different configurations, providing several 
process improvements with respect to the MEA based capture process. In Chapters 6 and 7, 
alternative capture processes (DECAB and DECAB Plus) based on amino acid salts have been 
introduced for application to the post-combustion capture of CO2 from flue gas. Based on the 
data and models provided in Chapter 6, a comparison of different process configurations 
(conventional, DECAB and DECAB Plus) and solvents (taurine and alanine) is presented in 
this chapter. DECAB Plus has more potential to improve the performance of the capture 
process than the conventional and DECAB process configuration. Therefore, future research 
in amino acid salts should focus on developments in DECAB Plus. 
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8.1 Introduction 

CO2 capture based on chemical absorption can be retrofitted to existing power plants or 
integrated in new build power plants to remove the CO2 contained in flue gas. The readiness and 
know-how of this technology are relatively mature for implementation. However, specific 
research indicates that the impact on the net power plant efficiency will be substantial [155]. The 
current state-of-the-art in post combustion capture is a chemical absorption process that uses an 
aqueous solution of MEA. The integration of this process into a newly build ASC PC power plant 
reduces the net plant efficiency from 45% LHV to 34% LHV (Chapter 3). This reduction implies 
that more fuel is used to maintain the energy output of the power plant, which has two direct 
consequences. One is the increase in the cost of electricity, which increases from 56 €/MWh to 
87 €/MWh (Chapter 4). The second direct consequence is the change of the emissions profile of 
the power plant. The emissions of NOx increase 30% per unit electricity basis (Chapter 2). 
However, this is accompanied by a drastic reduction in SOx emissions, virtually 100%, and a 
94% reduction in the emissions of other acid gases, such as HF and HCl (Chapter 2). Another 
impact derived from the use of amines is the increase in amine and ammonia emissions, which is 
a degradation product. In the case of post-combustion capture using MEA, the latter is very 
substantial (Chapter 2). This thesis is focused on the mitigation of these impacts by investigating 
novel process designs for CO2 capture more efficient and environmentally friendly than the state-
of-the-art. 

One research line to improve the performance of CO2 capture is the development of solvents with 
lower energy use than the state-of-the-art. Hindered amines are an alternative option to MEA. An 
example of a solvent based on hindered amines is CESAR-1, which is an aqueous solution of 
AMP and piperazine. The integration of CESAR-1 into newly build ASC PC power plants will 
reduce the net plant efficiency from 45% LHV to 36% LHV, reducing the efficiency penalty of 
the capture process by 2% percentage points. However, the higher volatility of AMP requires 
more abatement measures than MEA in order to restrict the solvent emissions to the atmosphere 
(Chapter 3). An alternative research line to reduce the impact on the power plant efficiency is the 
development of process improvements that reduce the energy required for solvent regeneration. 
Different process configurations have been proposed for this [223]. One example is the lean 
vapour compression configuration, which requires flashing the hot lean stream leaving the 
stripper column, re-compressing the steam generated and recycling it back to the stripper column. 
The application of this configuration to the state-of-the-art MEA process will reduce the required 
energy for regeneration by 7-9% (Chapter 5). 

This thesis has introduced alternative capture processes based on amino acid salts. Amino acids 
are more biodegradable and less toxic than amines and have negligible vapour pressure [66, 236]. 
Therefore, it is anticipated that a capture process based on amino acid salts will have, a lower 
environmental impact than amines. The designed processes are based on the use of amino acid 
salts in the precipitation regime. Chapter 6 and 7 in this thesis provide new data and modelling to 
evaluate two process concepts, DECAB and DECAB Plus, in which the products of the reaction 
between CO2 and the amino acid salt partially precipitate. The results show a 35% reduction in 
the solvent regeneration energy that can be further increased to a 44% reduction by process 
optimisation. This substantial reduction in energy encourages further investment in the research 
of these process alternatives. 
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In this chapter, the potential of amino acid salts as solvents for CO2 capture is reviewed and 
discussed. The following sections describe different process configurations applicable to amino 
acid salts, which are quantitatively compared based on the impact on the net power plant 
efficiency. The evaluation provided is based on a number of assumptions and methodology 
described in detail in Chapters 6 and 7 in this thesis. These assumptions are based on the best 
available knowledge and the experimental evidence provided in Chapters 6 and 7. However, 
there are still uncertainties around the precipitation of amino acids can influence the performance 
presented for the various process configurations. Moreover, the formation of a solid phase in the 
process has associated costs and risks to handle the solids in a controlled manner. This may be a 
limiting factor in the implementation of the process configurations developed in this thesis. 

The following sections also discuss the potential of each process configuration based on amino 
acid salts to decrease the energy penalty of the capture process by future developments. The risks 
associated to the new processes and the evaluation provided in this thesis are described and 
guidelines for future process development are provided. 

8.2 Potential of amino acid salts as solvents for CO2 capture 

Amino acids can be used to capture CO2 under different configurations, providing several process 
improvements with respect to the state-of-the-art process as discussed in Chapters 6 and 7. 
Different process configurations applicable to amino acid salts are shown in Figure 8.1. New 
developments in any of these process configurations can bring improvements to the capture 
process. 

The conventional absorption and thermal desorption process configuration uses homogeneous 
solutions of amino acids in a similar way to amines. Interest in this process configuration is 
growing among the research community, which is reflected by the growing body of publications 
related to the topic of carbon capture with amino acid salts (Chapter 1). In this configuration, the 
concentration of the amino acid is restricted to the soluble regime. Amino acids can be applied as 
the main solvent component [229, 237, 238] or as promoters of other solvents, such as potassium 
carbonate [219]. Some amino acids have similar absorption capacity as conventional MEA and, 
depending on operating conditions, a higher absorption rate. Another advantageous aspect is the 
lower vapour pressure of aqueous solutions of amino acids, which can provide a more favourable 
water to CO2 ratio during regeneration with energy savings. 

Other possible process configurations are more advantageous than the conventional ones in terms 
of the energy required for regeneration. These process configurations include the DECAB 
process configuration, which requires solvent precipitation, and the DECAB Plus process 
configuration, which requires an internal recycle of the solvent after precipitation to manipulate 
the solvent composition for a more favourable desorption. These processes have been 
investigated in this thesis and have shown improvements in the reboiler duty required by the 
process to regenerate the solvent. As discussed in Chapters 6 and 7 of this thesis, the DECAB 
Plus process configuration improves the energy required for regeneration over conventional 
MEA.  



Potential of amino acid salts as solvents for CO2 capture 
 

 

134 

 

Figure 8.1. Development lines for CO2 capture processes based on amino acid salts. 

Besides DECAB and DECAB Plus, amino acids can also be used in other process configurations. 
In Figure 8.1, two new ideas for application of amino acids (SOPHIE and Air Stripping) have 
been grouped under the term “Enhanced desorption”, although they have not been investigated in 
this thesis. These processes include an improved desorption concept but do not require the 
precipitation of the amino acid during absorption. The SOPHIE process concept (Swing of pH), 
introduced for the first time in this thesis, creates more favourable desorption conditions by re-
circulating an amino acid around the stripper. The amino acid is partially recovered prior to 
absorption via crystallization. The remaining amino acid that is fed to the absorption column 
serves as promoter for other amino acid or alkali solutions such as potassium carbonate. An 
alternative to enhance desorption is the use of air to remove the CO2 from the rich solvent [239]. 
Due to the negligible volatility of amino acids, this step will partially remove the CO2 from the 
solvent without amino acid evaporation. The stripping air, containing higher concentrations of 
CO2 and water can be then recycled to the boiler for coal combustion, in a similar way as in the 
oxy-fuel technology (Chapter 2). 

Based on the data and models provided in Chapter 6, a comparison of different carbon capture 
process configurations (conventional, DECAB and DECAB Plus) and solvents (MEA, AMP/PZ, 
potassium taurate and potassium alanate) is presented in Table 8.1 The ASC power plant 
described in Chapter 3 of this thesis, has been used as reference power plant for the 
implementation of the selected processes. The net power plant efficiency for each case with 
capture has been estimated by subtracting the total parasitic load of each capture process 
configuration from the net plant efficiency without carbon dioxide capture provided in Chapter 3. 
The total parasitic load for the capture process configurations is estimated based on already 
existing correlations [55] that relate the total plant parasitic load for an ASC power plant to the 
flow and pressure of the steam necessary for regeneration, the compression work and auxiliary 
consumption of the capture process. The results in Table 8.1 show performance examples of the 
different development lines discussed above with the exception of “Enhanced desorption”, which 
is beyond the scope of this thesis.  
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The use of potassium taurate in a conventional configuration has been evaluated based on the 
VLEMS model (Chapter 6) and CO2 equilibrium absorption data for a 2.8 M potassium taurate 
solution. In this case the concentration of potassium taurate is restricted to 2.8 M. The 
experimental data are provided in Appendix 9.3.2 and have been obtained following the 
procedure described in that section. The integration of this process into an ASC PC Power plant 
results in a net efficiency reduction similar to that of conventional MEA. Process performance 
could be improved with the use of other amino acids with more capacity than taurine. Solvent 
screening studies have investigated the absorption capacity of amino acids. Results can vary 
widely due to the different screening methods, concentration and definition of capacity. 
Generally, the more promising amino acids with respect to absorption characteristics, sarcosine 
[69, 77] and proline [72, 229], have relative low stability. For stable molecules, like taurine or 
alanine, the absorption rates are generally lower than MEA [78, 240, 241]. In this process 
configuration, solvent CO2 capacity cannot be increased by increasing amino acid concentration 
in solution due to precipitation. Potential developments in this line could be the use of amino acid 
blends or derivatives of stable amino acids that have improved specific capacity or reaction rate. 
However, the lower solubility of amino acids will make it difficult to compete with the 
developments in amines in terms of the energy required to regenerate the solvent. Although, other 
aspects of amino acids, such as the lower toxicity and high biodegradability, may influence the 
decision of power plant companies, in order to implement a more environmentally friendly 
process. 

The DECAB process configuration has been investigated for both taurine and alanine, showing a 
modest reduction in the regeneration energy (Table 8.1). However, when the process is integrated 
into the power plant, the lower regeneration energy does not result in a reduction of the efficiency 
penalty of the capture process because of the energy required to dissolve the precipitated amino 
acids. Nevertheless, the DECAB Plus configuration (investigated only for taurine) reduces the 
required energy in DECAB by almost 0.9 GJ/t CO2. The addition of the LVC process 
configuration reduces the required energy by 1.3 GJ/t CO2, providing a reduction of the 
efficiency penalty similar to the CESAR-1 solvent investigated in Chapter 3 of this thesis. 

Alanine has some characteristics that are more advantageous over taurine; 1) The dissolution 
energy is substantially lower than taurine [234], 2) absorption rates are more favourable than in 
the case of taurine [78], 3) solvent capacity is higher than taurine (Chapter 7). Therefore, The 
DECAB Plus configuration for alanine (not investigated in this thesis) might decrease the energy 
for regeneration to values below that of taurine. Regarding the process configuration, DECAB 
Plus has more potential to improve the performance of the capture process than the conventional 
and DECAB process configuration. Future research in amino acid salts should focus on 
developments in DECAB Plus.  
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Table 8.1. Evaluation of different process concepts based on the VLEMS model for the capture process 
(Chapter 6) and its integration into the ASC PC power plant described in Chapter 3. 

Process configuration Solvent 
Regeneration 
Energy 

ASC Net 
efficiency 

GJ/t % LHV 
No capture NA NA 45.2 
Conventional MEA 3.66 32.6 
Conventional AMP/PZ 2.81 34.6 
Conventional TAU 3.69 33.5 
DECAB TAU 3.31 31.4 
DECAB ALA 3.20 32.0 
DECAB Plus TAU 2.45 33.6 
Conventional + LVC MEA 3.20 33.4 
DECAB + LVC TAU 2.86 32.3 
DECAB + LVC ALA 3.20 33.3 
DECAB Plus+ LVC TAU 2.07 34.3 

 

However, the results in Table 8.1 are subjected to a certain degree of inaccuracy in the 
assumptions taken for this evaluation. Solvent performance in Table 8.1 has been estimated based 
on equilibrium models. In Chapter 3, it was already mention that for the AMP/PZ solvent the 
estimated regeneration duty was lower than the experimental regeneration duty obtained in pilot 
experiments. A possible explanation for the discrepancy is the lower absorption rates of AMP/PZ 
as compared to MEA. The CESAR-1 solvent will require, therefore, an absorption column higher 
than that of MEA to provide the necessary contact time and area in order to approach equilibrium 
conditions. In this case, the experimental pilot plant was designed for MEA, and, therefore a 
substantial approach to equilibrium cannot be reached, resulting in a regeneration energy of 3.1 
GJ/t CO2 instead of 2.8 GJ/ t CO2. The risk associated to the use of equilibrium models is also 
applicable to taurine and alanine, since both amino acids have absorption rates lower than MEA 
under precipitation conditions [231].  

Other assumptions during the evaluation, such as the performance of the solid-liquid separator 
and the heat transfer equipment in DECAB Plus, have also an associated risk, since the operation 
of with solids is new to the process and there is no previous experience for capture processes of 
this type. The following section analyses the potential risks of precipitating amino acid solvents. 

  



Chapter 8 
 

 

137 

8.3 Risks associated with precipitating amino acid solvent processes 

The potential gains of the DECAB Plus process presented in the previous section, have been 
evaluated with an equilibrium model based on empirical data on the absorption of CO2 in 
precipitating amino acids solutions. To achieve the full potential of the analysed concepts, the 
absorption unit will have to provide the necessary contact area and time to obtain the predicted 
loadings. Moreover, the presence of solids in the process requires a substantial modification of 
the equipment used by the conventional absorption process. These modifications have an 
associated risk and may have an impact on the process performance presented in this work. The 
scheme in Figure 8.2 shows an analysis of the main risks associated with each unit operation in 
the DECAB Plus process. The following sections present a discussion on these risks and the 
necessary research to understand their impact on the process. 

Scaling up a suitable contactor for the absorption unit is an important risk in the development of 
the DECAB Plus process. The evaluation presented in Chapter 6 is based on an equilibrium 
model. The model uses Murphree efficiencies to take into account the lack of approach to 
equilibrium for solvents with similar absorption rates as MEA (see Chapter 6). For other solvents, 
the value used for Murphree efficiency should be validated by pilot plant absorption experiments 
in the same way as it has been done with MEA. The risks associated with scaling-up the 
absorption unit are having short contact times and slow solvent kinetics. These two facts will 
result in lower rich loadings than those predicted in this work with the subsequent impact in the 
reboiler duty (which will be higher) or in CO2 removal percentage (which will be lower than 
90%). Possible mitigation options are the use of a dual column system [81] or an increase of the 
absorption temperature in order to increase the absorption rate. However, the last option will also 
result in a loss of absorption capacity. 

Other risks associated to the presence of solids are related to the design of an efficient solid-
liquid separation. The main risks associated to this operation are blockage and erosion of the 
equipment, which will impair process operation. Moreover, having an inefficient separation, 
where some of the solids are carried over in the recycled liquid stream, will have an impact on 
the pH-shift effect predicted in this work (Chapter 6) resulting in higher reboiler duties than 
expected. The analysis of these risks requires a detailed evaluation of solid-liquid separation 
technology applied to this process. 

The design of heat exchange equipment is also important in order to obtain the performance 
provided in this work. Fouling and inefficient heat exchange are the most important risks 
associated with this unit operation. The impact on the process will also increase the reboiler duty. 

The mentioned risks have been quantitatively compared by analysing the sensitivity of the 
process performance to the assumptions taken in the evaluation of these unit operations. The 
VLEMS model described in Chapter 6 has been used for this purpose. The parameters that have 
been modified are the Murphree efficiency applicable to CO2 in each absorption stage in the 
absorber, the solid-liquid separation efficiency and the lean-rich heat exchanger efficiency. The 
separator efficiency has been defined as the fraction of input solids that remains in the rich stream 
(i.e. 100% efficiency is equal to zero carry over in the liquid). The heat exchanger efficiency is 
defined as the relative deviation from the temperature approach assumed in the process model 
(10ºC). 
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Figure 8.2. Analysis of risks per unit operation in the DECAB Plus process. 

 

The results are presented in Figure 8.3. As shown in this figure, the loss of efficiency in each unit 
operation has a negative impact on the reboiler duty estimated in this work. However, from the 
three parameters, the separator efficiency has a drastic impact on the reboiler duty. Therefore, 
future research should include the design of a solid-liquid separator that has zero carry over of 
solids in the recycle stream. 

8.3.1 Mass transfer characteristics of spray contactors 

The absorption unit requires the use of alternative contactor types to conventional packed 
columns, due to severe clogging and raise in pressure drop when a solid phase is formed. 
Alternative contactor types suited for the contact of three phases (gas, liquid and solid) have been 
evaluated by Fernandez et al. [81] indicating the use of spray tower contactors (in combination 
with packed columns) as best option available for the DECAB and DECAB Plus processes. 
Nevertheless, the mass transfer characteristics of spray column with amino acid salt solutions are 
unknown at this stage and constitute the principal risks to the implementation of these processes. 

 

 

Unit Operation Risks Impact Mitigation 

Absorption 
(Spray tower) 

Short contact 
times Lower rich loading 

Dual column concept 

Tangential flow spray columns 

Slow kinetics Lower mass transfer 
coeficient than MEA 

Alternative amino acids 

Absorption at higher temperatures 

Solid-Liquid 
separation 

Blockage or 
erosion Operation impaired Detailed technology selection study 

Inefficient 
separation Less pH-shift effect Detailed technology selection study 

Desorption Precipitation in 
the feed stream Operation impaired 

Desorption at higher temperatures 

Alternative solvents 

Heat tranfer 
equipment 

Fouling Increased 
maintenance Detailed technology selection study 

Inefficient 
exchange Lower DT approach Detailed technology selection study 
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Figure 8.3. Evaluation of the impact of Murphree efficiency, separator efficiency and heat exchanger (HEX) 
efficiency on the reboiler duty for the optimised DECAB Plus process with LVC (Chapter 7). 

The mass transfer characteristics of spray contactors have been investigated for different 
conditions and absorption processes. To determine the possibility of using a spray tower 
contactor and, therefore, evaluate the risk associated with the implementation of a new contactor 
type in the DECAB and DECAB Plus processes, preliminary experiments were carried-out in a 
spray column of 12 cm diameter and 50 cm height. This was used to qualitatively compare the 
mass transfer coefficient obtained for potassium taurate with that of MEA. The experimental set-
up and method used in these experiments are described in detail in Appendix 9.3.5. In this 
contactor type, the necessary contact area is created by spraying the liquid through a nozzle at the 
top of the column in the form of small droplets. The amount of droplets created and the size-
distribution of the droplets depends on the spraying nozzle. This is also described in Appendix 
9.3.5. 

The experiments were performed batch-wise with respect to the liquid and continuously with 
respect to the gas phase. Figure 8.4 shows an example of the transient profiles obtained during an 
experiment. The figure shows the CO2 content in the gas stream leaving the absorption column as 
a function of time for two experiments with MEA at different gas flow rates. Generally, upon 
liquid and gas contact (defined as time zero of the experiment) the CO2 content in the gas stream 
leaving the column decreased drastically from the initial 12% v/v (representative of flue gas CO2 
concentration) to 4 to 6% v/v depending on the gas flow rate used. As soon as the liquid is loaded 
with CO2, the capacity decreases. Therefore, the CO2 content in the absorption column exit starts 
to increase slowly until the initial concentration. At that point the solvent is fully saturated and 
equilibrium is reached. 
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Figure 8.4. Transient profiles obtained for MEA in the evaluation of mass transfer in a spray-tower contactor. 
The CO2 content in the absorption column outlet stream is plotted as a function of time. Experiments were done 
at 40ºC and 40 kg/h of liquid flow. G represents the volumetric flow of the gas mixture (12 %v/v CO2 in N2). 

Mass transfer experiments have been performed for two solvents: (5 M MEA and 4 M potassium 
taurate) at different gas flows and constant liquid flow and temperature (40ºC). The calculated 
mass transfer coefficients are shown in Figure 8.5 for both solvents. The overall mass transfer 
coefficient for MEA is higher than that of potassium taurate at same operating conditions. It is 
observed that the gas flow rate has no direct influence on the overall mass transfer coefficient for 
both solvents. This indicates that the overall mass transfer process is controlled by the mass 
transfer in the liquid phase. Moreover, the overall mass transfer coefficient for potassium taurate 
is 25% lower than the one for MEA. The MEA mass transfer coefficients in Figure 8.5 show 
substantial discrepancies with the data from Kuntz [242], who investigated the mass transfer for 5 
M MEA in a spray tower of 10 cm diameter and 50 cm height using similar nozzles to this study. 
The overall mass transfer coefficient obtained by Kuntz under fairly similar conditions (with the 
temperature as exception) is substantially higher than the one obtained in this study (factor 7). 
One of the reasons for this discrepancy could be the lower effective area realised in the current 
experimental set-up due to the wall effect. This indicates the need to investigate the mass transfer 
characteristics of spray columns with nozzles of different angles in order to minimise wall effect. 
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Figure 8.5. Overall mass transfer coefficient (volumetric) as a function of liquid loading. Experiments with 5 M 
MEA and 4 M KTAU (potassium taurate) at different gas flow rates (G). AmA represents the total 
concentration of amine or amino acid. 

8.3.2 Solid-Liquid separator 

Solid-liquid separation is crucial in the DECAB Plus process to induce the pH-shift effects 
analysed throughout this work. The characteristics of the slurry formed during absorption, such 
as solids shape and settling behaviour will determine the efficiency of the separation. Blockage 
and failure to separate efficiently solids from liquid are seen as the major risks of this operation. 
The impact on the process performance is high, therefore, a detailed technology study needs to be 
undertaken in order to understand this risk. Various methods and technologies are available to 
separate solids from liquids [243]. The two main categories are separation processes based on 
filtration and processes based on sedimentation. For the DECAB Plus process, the selected 
equipment needs to be suited for large scale (5-50 m3/h), continuously operated and the goal is to 
get a completely clear liquid. Based on this, the solid-liquid separation methods that could best be 
used are: Circular basin thickener, settling tank, hydrocyclones and low shear cross-flow micro-
filters [244]. Of these, the low shear cross-flow micro-filter has the highest liquid product quality. 

8.3.3 Heat transfer equipment 

Heat exchange is important for the DECAB Plus process, and has, generally a large impact on the 
plant costs. Therefore, it is important to make a conscious choice for a suitable heat exchanger. 
Important properties for the process are the heat transfer coefficient, heat exchange area, 
operating conditions, and price. In the case of the phase changing solvent that is part of the 
DECAB Plus process, a crucial property for the heat exchanger is also the handling of solids. 
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8.4 Alternative process concepts 

Alkaline salts can be used for acid gas removal due to their high basicity. For post-combustion 
application, alkali salts of weak acids offer many possibilities [39] and, similar to amino acid 
salts, there is no risk of emitting solvent molecules to the environment. An example of alkaline 
salt used for acid gas removal is potassium carbonate.  

The applicability of potassium carbonate to CO2 removal has been known for many years. The 
hot potassium carbonate process was developed in the 1950’s for the removal of CO2 and H2S. 
Potassium carbonate forms a buffer with the absorbed CO2, having generally higher capacity than 
primary amines [39] but substantially lower reaction rates. Increasing the absorption temperature 
to 75°C greatly increased the rate of absorption, resulting in the development of an economically 
commercial process to capture CO2 from synthesis gas, where absorption takes place at 
temperatures near the atmospheric boiling point of the potassium carbonate solution and 
regeneration takes place by flashing and steam stripping [39]. 

The major drawbacks of the use of potassium carbonate for post combustion application are the 
absorption reaction kinetics, which are very slow for economical removal of CO2, and the high 
CO2 content that remains in the treated flue gas. Moreover, the equilibrium partial pressures of 
CO2 are relatively higher for potassium carbonate solutions than for amines [39]. Therefore, these 
solutions require deep regeneration in order to obtain 90% CO2 removal in flue gas application. 
Promoters like DEA, glycine or piperazine have been tested for the enhancement of the 
absorption reaction rate of K2CO3, however, the regeneration of the solvent still constitutes an 
issue. A recent process from the University of Illinois, Hot-CAP, proposes the crystallisation of 
bicarbonate in the rich stream and desorption at temperatures at around 150ºC [245]. In this case, 
the quality of the steam needed is higher than when amines are used, but the CO2 stream is 
realised at high pressures, reducing the work required for compression. 

The most promising process concepts developed in this thesis are based on a modest reduction of 
the pH in the rich solution prior to desorption. This pH-shift effect, which is brought about by 
concentrating a pure amino acid species in the rich stream, has been proven to enhance and 
promote the desorption of CO2 (Chapter 6). Therefore, following the rationale of these concepts, 
a novel process idea can be derived, which uses amino acids to promote a pH-shift effect in alkali 
salt solutions such as potassium carbonate solutions. This process idea, here referred to as the 
SOPHIE process configuration, is a concept that aims at improving the potassium carbonate 
system by introducing amino acid salts into the process. The ideal pH for absorbing CO2 is basic 
(since CO2 is an acid gas) but, opposite conditions are desired for desorption (acidic). Most 
amines exhibit a substantial change in their dissociation constant when the temperature is 
increased from 40ºC to 100 – 120ºC creating a more favourable environment for the desorption 
of CO2 [246]. This effect is not very relevant for alkali salts such as K2CO3, leading to more 
unfavourable desorption conditions, which results in higher CO2 content of the regenerated 
solvent. The desorption of CO2 can be enhanced by inducing a pH change in the system (Chapter 
6), leading to lower regeneration energy. In the SOPHIE process concept (illustrated in Figure 
8.6), this pH shift is achieved by mixing the reactive salt (e.g. K2CO3) with an amino acid with a 
relatively low pKa that will decrease the pH of the mixture. The “pH swinging” salt needs to be 
recovered from the process before the reactive mixture is fed back to the absorber, in order to 
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maintain a basic pH for absorption. For this purpose a separation based on precipitation is 
proposed. The amino acid has to be precipitated at relatively low temperatures (<40ºC). Since the 
amino acid cannot be completely removed from the mixture, a low concentration of the amino 
acid will be present in the absorption mixture (equal to the solubility of the amino acid at the 
selected temperature for precipitation and pH of the solution). If the amino acid is, at the same 
time, selected with fast kinetics for CO2 reaction, it will promote the absorption rate and improve 
the absorption performance of the process. 

 

 

Figure 8.6. SOPHIE process configuration based on potassium carbonate and an hypothetical amino acid 
(AMA), which is present at higher concentrations in desorption, providing a low pH favourable for the realise of 
CO2, and at lower concentrations in absorption, promoting the reaction rates. CTB, represents the potassium 
carbonate conversion into potassium bicarbonate. 

8.5 Future research 

This thesis has addressed several aspects of current capture processes for post-combustion 
capture (Chapters 1 to 5). It has also evaluated novel capture process configurations based on 
precipitating amino acid solvents (Chapters 6 and 7). The evaluation has been provided at a 
conceptual level, based on an extensive number of experiments, which have provided first-hand 
knowledge on these process configurations. However, some assumptions had to be taken to cover 
various uncertainties in the evaluated process configurations. This chapter has analysed the main 
risks associated to the novel process concepts and the importance of the assumptions taken in the 
evaluation provided in Chapters 6 and 7. In this section, recommendations for future research are 
presented: 
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1) This thesis has shown that a reduction of the pH of the rich solution prior to desorption 
helps to reduce the energy use of the reboiler in the capture process (Chapter 6). Other 
process configurations, which have been just mentioned in this thesis as potential ideas, 
can also induced a pH-shift and provide improved performance. Future investigation on 
process concepts that can reduce the pH during desorption could lead to improvements in 
the capture process energy efficiency. 

2) Scaling-up a contactor for the DECAB Plus process is crucial for its implementation. An 
extended experimental study is needed to evaluate the kinetics of the reaction between 
CO2 and amino acid salts and the mass transfer characteristics of spray tower contactors. 

3) The process concepts presented in this thesis were based on the potassium salt of taurine. 
This amino acid has a number of limitations. One major drawback of taurine is its high 
heat of dissolution. The evaluation of other amino acids presented in Chapter 7, has 
indicated the potential of alanine to solve this issue. Further investigation on the DECAB 
Plus process based on potassium alanate is highly recommended. 
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9.1 EBTF summary of assumptions 

The EBTF (European Benchmarking Task Force) report is the result of a joint effort of a team of 
members of the CAESAR, CESAR and DECARBit FP7 projects [21]. It presents a compilation 
of assumptions and parameters for Carbon Capture projects evaluation, including material related 
to the costs and economics of carbon capture. The document also provides three technical study 
cases of power plants without and with CO2 capture. The evaluation of power plants with 
integrated post-combustion capture (Chapters 3 and 4) was based on two of the power plant cases 
presented in this document and the assumptions compiled in the Common Framework Document. 
The following sections provide a summary of the most relevant technical assumptions and 
parameters. 

9.1.1 Air 

Temperature (ISO), ºC 15 

Pressure (ISO), kPa 101.325  

Composition, dry molar fraction [%]  

N2 78.08 

CO2  0.04 

Ar  0.93 

O2  20.95 

ϕ  60% 

9.1.2 Natural gas 

Temperature, ºC 10 
Pressure, bar 70 

Molar mass, kg/kmol  18.0 

Composition, molar fraction [%]  

CH4  89.00 

C2H6  7.00 

C3H8  1.00 

C4-i  0.05 

C4-n  0.05 

C5-i  0.005 

C5-n  0.004 

CO2  2.00 
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N2 0.89 

S < 5 ppm 

High heat value, MJ/kg 51.473 

Low heat value (LHV), MJ/kg 46.502 

9.1.3 Coal, Douglas premium 

Proximate analysis, %  

Moisture  8% 

Ash  14.15%  

Volatiles  22.9% 

Fixed carbon  54.9%  

Ultimate analysis, % 

Carbon  66.52%,  

Nitrogen  1.56%,  

Hydrogen  3.78%,  

Sulphur  0.52%,  

Chlorine  0.009%,  

Oxygen  5.46%,  

High heat value (HHV), MJ/kg 26.23 

Low heat value (LHV), MJ/kg 25.17 

9.1.4 Technical parameters for power plants (ASC PC and NGCC) 

Boiler 

Pressure at boiler exit, bar 300 

Temperature at boiler exit, °C 600 

Single reheat pressure, bar 60 

Single reheat temperature, °C 620 

Boiler efficiency, %LHV 94.5 

Temperature losses from boiler to turbine, °C 2 

Gas Turbine  

Pressure ratio, 18.1 

Air flow rate, kg/s 650 
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TIT, °C 1360 

Heat Recovery Steam Generator 

Steam evaporation pressures, bar 130, 28, 4 

SH and RH temperature, ºC 565 

Condensation pressure, bar 0.048 

Pinch point ΔT, °C 10 

Sub Cooling ΔT, °C 5 

Minimum approach ΔT in SH and RH, °C 25 

Steam turbine 

HP Steam turbine efficiency, % 92 

IP Steam turbine efficiency, % 94 

LP Steam turbine efficiency, % 88 

Electrical & Auxiliaries 

Generator efficiency, % 98.5 

Mechanical efficiency, 99.6 

Electric consumption for heat rejection, % of rejected thermal power  0.8* 

9.1.5 Technical parameters for capture plants 

CO2 capture plant 

Booster fan pressure ratio 1.1 

Booster fan isentropic efficiency, % 85 

Booster fan driver efficiency, % 95 

Lean-Rich Heat exchanger ΔTmin, °C 5 

Absorption column pressure, bar 1.1 

Absorption column number of stages 3 

Absorption column pressure drop, mbar 50 

Stripper column pressure (bottom), bar 1.8 

Stripper column pressure drop, mbar 300 

                                                      

 

* This value is taken by EBTF assuming natural draft cooling tower 
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Stripper column number of stages 8 

Steam pressure for solvent regeneration, bar 3.2 

Pumps Head, bar 10 

Pumps Hydraulic efficiency, % 75 

Pumps Driver efficiency, %  95 

CO2 compression 

Final delivery pressure, bar 110 

Intercooled stages,  5 

Compressor isentropic efficiency,%  85 

Temperature for CO2 liquefaction, ºC 25 

Pressure drop for intercooler and dryer,%    

Pump efficiency,% 75 

 

9.2 Emission factors for air pollutants based on primary energy 

The following tables are a compilation of the information on emission factors of different energy 
conversion technologies and the removal efficiency of selected Air Pollution control Systems. 
Based on this information, specific values were selected for quantitative evaluation of the 
emissions of the selected power plant cases in this work (Chapter 2). Table 11.1 shows the 
selected values for the Emission factors (Ei) for use in equation (2.1). Table 11.2 shows the 
removal efficiencies (Ri) for use in equation (2.1). 
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Table 9.1. Emission factors, based on primary energy, for three selected energy conversion technologies: PC boiler, Gas turbine and IGCC gasification plant. 

Components PC boiler a Gas turbine b IGCC plant c 
Pollutants Units d Ei Reference Other sources Ei Reference Other sources Ei Reference Other sources 

CO kg/t 0.23 [103]  1.81 [103]        
SO2 kg/t S 17.10 [103] [247] 0.08 [103]   0.13 [123] [119, 248] 
SO3    [249]       
NOx kg/t 5.44 [103] [104, 247, 250] 7.08 [103] [109] 0.31 [123] [248]  
Chlorine ( HCl) kg/t 0.544 [103]         0.02 [119]   
Fluorine (HF) kg/t 0.068 [103]      0.00 [119]   
Dust (PM-10) kg/t A 11.26 [103] [247] 0.15 [103]   5.93∙10-3 [123]   
Antimony kg/t 1.41∙10-4 [251]         1.20∙10-4 [119] [100]  
Arsenic kg/t 1.32∙10-3 [103]       6.11∙10-5 [119] [111]  
Berylium kg/t 3.74∙10-5 [103]         2.73∙10-6 [119]   
Cadmium kg/t 4.34∙10-5 [103]        8.51∙10-5 [119] [111]  
Chromium kg/t 2.53∙10-4 [103]         7.96∙10-5 [119] [252]  
Cobalt kg/t 7.85∙10-5 [103]         1.64∙10-5 [119]   
Lead kg/t 1.32∙10-4 [103]         8.40∙10-5 [119] [111, 253]  
Manganese kg/t 2.53∙10-4 [103]        9.05∙10-5 [119] [252]  
Nickel kg/t 2.05∙10-4 [103]         1.20∙10-4 [119] [254] 
Selenium kg/t 1.69∙10-3 [103]        8.73∙10-5 [119] [111, 253]  
Zn kg/t 4.70∙10-2 [251]             [254] 
Copper kg/t 3.53∙10-4 [103]           [254]  
Thalium kg/t 5.88∙10-4 [251]               
Vanadium kg/t 4.94∙10-4 [103]           [252]  
Barium kg/t 1.69E-03 [103]               
Silver kg/t 5.88∙10-5 [251]             
Mercury kg/t 5.81∙10-5 [103]         5.02∙10-5 [119] [111]  
VOC kg/t      4.65∙10-2 [103]  1.53∙10-2 [248]   
Acetaldehyde kg/t       8.85∙10-4 [103]   5.24∙10-5 [119]   
Formaldehyde kg/t      1.57∙10-2 [103]   4.91∙10-4 [119]   
Benzene kg/t       2.66∙10-4 [103]         
Methane kg/t      1.90∙10-1 [103]         
a PC boiler, dry bottoms, tangential flow, bituminous coal.  
b Stationary gas turbine with steam injection. Ash is normally not present or is carried over the pipes. Sulphur is generally not present depending on fuel quality. Factors are suggested by AP-42 
[103] in the case of no information on fuel quality. 
c Emission factors from Williams [119] are derived from LGTI plant in Luisiana for an entrainment flow gasifier, wet scrubber for PM control, Selexol and Selectamine for sulfur control (98% 
removal), dilution for NOx control. Based on sub-bituminous coal. Factors are used directly in equation (2.1) assuming no additional effect for APCS. 
d For coal cases (kg/t coal dry). Sulphur and particulates emission factors are normalised to the sulphur and ash percentage in coal. e.g. for 0.95% sulphur content, emission factor is 17.10x0.95.  



Appendix 
 

 

151 

Table 9.2. Matrix of Air Pollutants and removal efficiencies in Air Pollutant Control systems (APCS). 

  APCS 
  ESP a LNB&OFA&SCR b FGD c MEA based CO2 capture unit d 
Air Pollutant Range References Ri Range References Ri Range References Ri Range References Ri 

PM-10  75% - 99.9% [15, 103, 251, 
255-257] 99.5%       50% [103] 50.0% 50% [103, 122] 50.0% 

SO2              85%-95% 
(98%) 

[103, 110, 174, 
256] 95.0% 99.50% [110, 139], [115] 99.5% 

SO3  50% [256] 50.0%       50% [103, 110, 249] 50.0% 99.50% [110, 139] 99.50% 

NO2       85%-95% [15, 103, 109] 95.0%       25% [110, 139] 25.0% 

Chlorine (HCl)                      
Fluorine (HF)             95% [103, 110] 95.0% 95% [103, 110] 95.0% 

Class 1 metals e 90%-99% [93] 99% f         This study 50% g >50% [65, 122] 20.0% 

Class 2 metals e 50%-76% [93] 75.0%             >50% [65, 122] 20.0% 

Total Hg / Class 
3 metals 97%-99% [93] 99.0%       90%-95%   

(95%) [103, 110] 90.0%       

Elemental 
mercury                    8% [120] 8.0% 

Oxidized 
mercury             80%-95% [110]   76% [110, 171] 76.0% 

Removal efficiencies (Ri) for use in equation (2.1) 
a ESP (Electrostatic precipitator)  
b LNB&OFA&SCR (combination of Low Nox Burners, Overfired air and Selective catalytic reduction) 
c FGD (Flue Gas desulphurisation) Efficiencies depend on technology and alkali reagant. Values based on limestone with ratio limestone to sulphur of 1.03 - 1.04 molCa/molS 
d Based on 30%wt MEA solution, 90% CO2 removal 
e Classification of metals based on volatility and condensability properties ([93], [101],  [103]): 
     Class 1: Elements that are approximately equally concentrated in the fly ash and bottom ash. Examples include manganese, beryllium, cobalt, and chromium. 
     Class 2: Elements that are enriched in fly ash relative to bottom ash. Examples include arsenic, cadmium, lead, and antimony. 
     Class 3: Elements which are emitted in the gas phase (primarily mercury and, in some cases, selenium). 
f Indications of trace metal removal is given in Sloss [93]. This study assumes removal metals adsorbed in particulates (Class 1) to be the same as the removal of PM-10. 
g This study assumes removal metals adsorbed in particulates (Class 1) to be the same as the removal of PM-10 for a wet scrubber [103]. 
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9.3 Experimental data and procedures 

To develop the models used in Chapters 6 to 8 in this thesis, various data were measured 
experimentally. The following sections describe the experimental methods used and provide the 
detailed results of the experiments. 

9.3.1 Calibration of Taurine / KOH solutions 

The pH of aqueous solutions of taurine and KOH has been measured to correlate the ratio of taurine 
to potassium [TAU/K] to the initial pH of the solution in the absence of CO2 (pH0). This pH is used 
in the estimation of the vapour-liquid equilibrium of solutions with different [TAU/K] ratios, which 
is required by the model described in Chapter 6. The pH was measured in a well stirred vessel at 
different temperatures (21ºC and 40ºC) and Taurine concentration of 4 M with a pH-meter (Hach 
Lange). Solutions were prepared by dissolving Taurine (Sigma-Aldrich 99.8% purity) in deionized 
water. The concentration of taurine was checked by titration, with a standard deviation in the 
determination of multiple samples of 0.06M. Known amounts of KOH reagent (Sigma-Aldrich, > 
86% purity) were added to the solution until full neutralisation of the amino acid. The exact purity of 
the KOH reagent was determined by titration with HCl. Purity was determined every time a new 
solution batch was prepared. The exact results of these experiments are presented in Table 9.3. 
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Table 9.3. Measured pH0 for different solutions containing taurine (TAU) and KOH. The presence of taurine solids 
is indicated in grey. 

Temperature 
[K] 

[TAU] 
[M] 

[KOH] 
[M] 

[TAU]/[K] 
[-] 

pH0 
[-] 

293.00 4.00 0.00 [-] 5.41 
293.00 4.00 0.31 12.80 8.95 
293.00 4.00 0.61 6.60 9.16 
293.00 4.00 0.88 4.53 9.35 
293.00 4.00 1.14 3.50 9.46 
293.00 4.00 1.39 2.88 9.56 
293.00 4.00 1.62 2.47 9.67 
293.00 4.00 1.84 2.17 9.73 
293.00 4.00 2.05 1.95 9.79 
293.00 4.00 2.25 1.78 9.86 
293.00 4.00 3.20 1.25 10.44 
293.00 4.00 3.40 1.18 10.46 
293.00 4.00 3.60 1.11 10.55 
293.00 4.00 3.80 1.05 10.62 
293.00 4.00 4.00 1.00 10.74 
313.00 4.00 0.00 [-] 4.62 
313.00 4.00 0.31 12.96 8.40 
313.00 4.00 0.60 6.68 8.67 
313.00 4.00 0.87 4.59 8.91 
313.00 4.00 1.13 3.54 9.21 
313.00 4.00 1.37 2.91 8.55 
313.00 4.00 1.60 2.49 9.26 
313.00 4.00 1.82 2.19 9.30 
313.00 4.00 2.03 1.97 9.45 
313.00 4.00 2.15 1.86 9.38 
313.00 4.00 3.20 1.25 9.67 
313.00 4.00 3.40 1.18 9.80 
313.00 4.00 3.60 1.11 9.95 
313.00 4.00 3.80 1.05 10.14 
313.00 4.00 4.00 1.00 10.21 

 

9.3.2 VLE data: Experimental set-up and procedures 

Absorption of CO2 in potassium salt of amino acid solutions was measured in a well stirred jacketed 
autoclave (illustrated in Figure 9.1). The vessel is constructed in glass and has a nominal capacity of 
0.965 L. The top flange is made of stainless steel and is bolted leaving an hermetic autoclave. The 
top flange is perforated to accommodate the stirrer, pH sensor (Hach Lange), pressure transducer 
(Keller PR-35XHTT-1, range up to 6 bar and deviation of 0.042% of the full scale), thermocouple 
and different pipelines. The temperature in the autoclave is controlled by controlling the temperature 
of the oil running in the vessel’s jacket. The solvent solution is loaded and unloaded through the 
same pipeline. The dosing of CO2 is controlled with a mass flow controller from Bronkhorst (2 
Nm3/h) with a nominal accuracy of 1% of the full range. 
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Figure 9.1. Schematic representation of the experimental set-up used in this work to measure the absorption of CO2 
in different types of solvents and the solvent’s vapour pressure. 

Absorption measurements were executed batch-wise. The solvent samples were prepared following 
the procedure described in Appendix 9.3.1. An exact amount of solvent (0.5L) was added for every 
experiment. At the beginning of each experiment, the vacuum line was used to establish a deep 
vacuum (ca -990 mbar) without boiling the solvent. The vessel was maintained at low pressure for a 
minimum of 10 minutes in order to discard air-in leakage. After this period, the autoclave was slowly 
heated up to the desired experimental temperature. During this process, both pressure and 
temperature were recorded in order to determine solvent’s vapour pressure. Once the temperature 
was stabilised at the desired value, a small pulse of pure CO2 gas was added to the autoclave. 
Temperature, pressure and pH were monitored online. When these variables were stable, a new CO2 
pulse was added. The criterion for steady state determination was pressure variation less than 6 mbar 
for at least 20 minutes. Since the solvents under investigation are alkaline salts, their vapour pressure 
is negligible and, therefore, the amount of CO2 loaded in the solvent is determined by the difference 
between the CO2 injected at a particular pulse (z) and the CO2 present in the gas phase after 
equilibrium has been reached, which is determined by subtracting the solvent’s vapour pressure from 
the total autoclave pressure, according to: 

𝑛𝐶𝑂2,𝐿
𝑧 = 𝑛𝐶𝑂2,𝐿

𝑧−1 + 𝑉𝐶𝑂2
𝑧 ∙ 𝑃𝑆𝑇𝑃

𝑅∙𝑇𝑆𝑇𝑃
−

𝑃𝐶𝑂2,𝐺
𝑧 ∙𝑉𝐺
𝑅∙𝑇𝑧

 9.1 

Where: 

𝑛𝐶𝑂2,𝐿
𝑧  is the amount of CO2 loaded in the solvent at pulse number z [mol]. 
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𝑛𝐶𝑂2,𝐿
𝑧−1 is the amount of CO2 loaded in the solvent at pulse number z-1 [mol]. 

𝑉𝐶𝑂2
𝑧  is the volume of CO2 dosed by the mass flow controller, calculated as the volumetric 

flow times the dosing time [Nm3]. 

𝑃𝑆𝑇𝑃 is standard pressure 101335 Pa. 

𝑇𝑆𝑇𝑃 is standard temperature 273.15K. 

𝑃𝐶𝑂2,𝐺
𝑧  is the partial pressure of CO2 in the gas phase. Calculated as the difference between 

the autoclave pressure and the water vapour pressure at the autoclave temperature [Pa]. 

𝑉𝐺 is the gas phase volume. Calculated as the autoclave volume minus the liquid volume. 

𝑇𝑧 is the autoclave temperature at pulse z, maintained constant [K]. 

The final solvent loading, after every pulse, is calculated as the ratio of CO2 loaded in solution 
(equation 9.1) and the amount of amino acid present in solution: 

𝛼𝐶𝑂2
𝑧 =

𝑛𝐶𝑂2,𝐿
𝑧

𝐶𝐴∙𝑉𝐿
 9.2 

Where: 

𝛼𝐶𝑂2
𝑧 loading of the solvent at pulse z. 

𝐶𝐴 concentration of amino acid, checked by titration. 

𝑉𝐿 liquid volume in the autoclave. 

This calculation method neglects the possible effect of the loaded CO2 on the vapour pressure of the 
amino acid solution. This procedure was benchmarked with absorption experiments of CO2 in 5 M 
MEA and compared to similar results published in the literature. Figure 9.2 shows the solubility 
results for 5 M MEA for two consecutive runs in the autoclave and its comparison to the data from 
the literature. The results indicate that the data obtained with our experimental set-up are as reliable 
as the given literature data. The results of the absorption of CO2 in different amino acid salts are 
shown in Tables 9.4 to 9.9. 
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Figure 9.2. Comparison of two experiments with 5 M MEA at 40ºC with the data (for the same conditions) of Lee 
[205] and Shen and Li [210]. 
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Table 9.4. VLE data for aqueous solutions of taurine (TAU) and potassium hydroxide (KOH) at different 
temperatures (1). The experiments where precipitation is observed are indicated in grey. 

T TAU   KOH α PCO2 T TAU   KOH α PCO2 

ºC [M] [M] [mol/mol]  [kPa] ºC [M] [M] [mol/mol]  [kPa] 
40.2 4.0 4.0 0.252 0.180 100.0 4.0 4.0 0.051 1.470 
40.2 4.0 4.0 0.303 0.280 100.0 4.0 4.0 0.077 0.559 
40.2 4.0 4.0 0.355 0.440 100.0 4.0 4.0 0.102 1.139 
40.2 4.0 4.0 0.406 0.740 100.0 4.0 4.0 0.127 1.434 
40.2 4.0 4.0 0.458 2.430 100.0 4.0 4.0 0.153 2.078 
40.2 4.0 4.0 0.508 5.700 100.0 4.0 4.0 0.178 2.733 
40.2 4.0 4.0 0.553 19.020 100.0 4.0 4.0 0.204 3.910 
40.2 4.0 4.0 0.593 47.120 100.0 4.0 4.0 0.229 5.481 
40.2 4.0 4.0 0.625 85.840 100.0 4.0 4.0 0.255 7.617 
40.2 4.0 4.0 0.632 96.050 100.0 4.0 4.0 0.280 10.514 

     100.0 4.0 4.0 0.306 14.485 
60.1 4.0 4.0 0.219 0.570 100.0 4.0 4.0 0.330 21.212 
60.1 4.0 4.0 0.263 0.830 100.0 4.0 4.0 0.356 28.820 
60.1 4.0 4.0 0.306 1.240 100.0 4.0 4.0 0.380 41.642 
60.1 4.0 4.0 0.350 2.050 100.0 4.0 4.0 0.404 62.202 
60.1 4.0 4.0 0.393 3.960 100.0 4.0 4.0 0.428 90.657 
60.1 4.0 4.0 0.435 9.390 100.0 4.0 4.0 0.450 132.181 
60.1 4.0 4.0 0.473 25.370 100.0 4.0 4.0 0.471 189.766 
60.1 4.0 4.0 0.505 56.000 100.0 4.0 4.0 0.491 264.240 
60.1 4.0 4.0 0.524 89.240 100.0 4.0 4.0 0.509 352.957 

          
80.0 4.0 4.0 0.229 1.862 120.0 4.0 4.0 0.092 0.868 
80.0 4.0 4.0 0.255 2.172 120.0 4.0 4.0 0.108 1.719 
80.0 4.0 4.0 0.280 2.908 120.0 4.0 4.0 0.123 3.059 
80.0 4.0 4.0 0.305 3.772 120.0 4.0 4.0 0.138 4.224 
80.0 4.0 4.0 0.330 5.203 120.0 4.0 4.0 0.154 5.769 
80.0 4.0 4.0 0.356 5.794 120.0 4.0 4.0 0.169 8.088 
80.0 4.0 4.0 0.381 8.510 120.0 4.0 4.0 0.184 10.120 
80.0 4.0 4.0 0.406 12.848 120.0 4.0 4.0 0.199 12.731 
80.0 4.0 4.0 0.430 20.055 120.0 4.0 4.0 0.215 15.858 
80.0 4.0 4.0 0.451 32.444 120.0 4.0 4.0 0.230 19.704 
80.0 4.0 4.0 0.474 53.709 120.0 4.0 4.0 0.245 24.271 

     120.0 4.0 4.0 0.260 29.348 
     120.0 4.0 4.0 0.274 35.945 
     120.0 4.0 4.0 0.289 43.193 
     120.0 4.0 4.0 0.303 53.154 
     120.0 4.0 4.0 0.318 62.201 
     120.0 4.0 4.0 0.332 74.767 
     120.0 4.0 4.0 0.346 88.589 
     120.0 4.0 4.0 0.360 106.700 
     120.0 4.0 4.0 0.374 125.127 
     120.0 4.0 4.0 0.387 152.091 
     120.0 4.0 4.0 0.401 180.512 
     120.0 4.0 4.0 0.414 216.064 
     120.0 4.0 4.0 0.426 256.183 
     120.0 4.0 4.0 0.438 301.991 
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Table 9.5. VLE data for aqueous solutions of taurine (TAU) and potassium hydroxide (KOH) at different 
temperatures (2). 

T TAU KOH α PCO2 T TAU   KOH α PCO2 

ºC [M] [M] [mol/mol]  [kPa] ºC [M] [M] [mol/mol]  [kPa] 

100.0 5.0 3.5 0.081 3.663 130.0 4.0 3.5 0.091 11.692 
100.0 5.0 3.5 0.101 5.434 130.0 4.0 3.5 0.106 15.773 
100.0 5.0 3.5 0.121 7.886 130.0 4.0 3.5 0.121 21.646 
100.0 5.0 3.5 0.141 11.007 130.0 4.0 3.5 0.136 27.782 
100.0 5.0 3.5 0.161 15.532 130.0 4.0 3.5 0.150 35.163 
100.0 5.0 3.5 0.181 21.742 130.0 4.0 3.5 0.165 44.000 
100.0 5.0 3.5 0.201 30.492 130.0 4.0 3.5 0.179 55.041 
100.0 5.0 3.5 0.220 43.066 130.0 4.0 3.5 0.193 68.040 
100.0 5.0 3.5 0.239 60.540 130.0 4.0 3.5 0.207 85.441 
100.0 5.0 3.5 0.258 86.771 130.0 4.0 3.5 0.220 104.746 
100.0 5.0 3.5 0.276 124.039 130.0 4.0 3.5 0.234 127.766 
100.0 5.0 3.5 0.293 175.324 130.0 4.0 3.5 0.247 154.049 
100.0 5.0 3.5 0.303 231.706 130.0 4.0 3.5 0.260 185.739 

     130.0 4.0 3.5 0.272 221.979 
120.0 4.0 3.8 0.015 1.915      
120.0 4.0 3.8 0.031 3.168 120.0 4.0 3.5 0.015 1.131 
120.0 4.0 3.8 0.046 5.655 120.0 4.0 3.5 0.030 2.341 
120.0 4.0 3.8 0.061 7.843 120.0 4.0 3.5 0.046 3.481 
120.0 4.0 3.8 0.076 10.776 120.0 4.0 3.5 0.061 4.735 
120.0 4.0 3.8 0.091 13.561 120.0 4.0 3.5 0.076 6.512 
120.0 4.0 3.8 0.105 21.432 120.0 4.0 3.5 0.091 8.746 

     120.0 4.0 3.5 0.107 11.448 
     120.0 4.0 3.5 0.122 14.588 
     120.0 4.0 3.5 0.137 18.652 
     120.0 4.0 3.5 0.152 23.347 
     120.0 4.0 3.5 0.167 29.106 
     120.0 4.0 3.5 0.182 36.100 
     120.0 4.0 3.5 0.197 44.761 
     120.0 4.0 3.5 0.212 54.934 
     120.0 4.0 3.5 0.226 67.756 
     120.0 4.0 3.5 0.240 83.352 
     120.0 4.0 3.5 0.254 101.928 
     120.0 4.0 3.5 0.268 124.787 
     120.0 4.0 3.5 0.282 151.340 
     120.0 4.0 3.5 0.295 180.944 
     120.0 4.0 3.5 0.308 217.334 
     120.0 4.0 3.5 0.320 260.036 
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Table 9.6. VLE data for aqueous solutions of taurine (TAU) and potassium hydroxide (KOH) at different 
temperatures (3). 

T TAU KOH α PCO2 T TAU KOH α PCO2 

ºC [M] [M] [mol/mol]  [kPa] ºC [M] [M] [mol/mol]  [kPa] 

40.0 2.8 2.8 0.402 2.813 80.0 2.8 2.8 0.073 0.197 
40.0 2.8 2.8 0.438 3.122 80.0 2.8 2.8 0.110 0.065 
40.0 2.8 2.8 0.475 4.195 80.0 2.8 2.8 0.147 0.196 
40.0 2.8 2.8 0.511 6.143 80.0 2.8 2.8 0.184 0.666 
40.0 2.8 2.8 0.547 9.321 80.0 2.8 2.8 0.220 0.776 
40.0 2.8 2.8 0.583 19.608 80.0 2.8 2.8 0.256 1.313 
40.0 2.8 2.8 0.617 36.804 80.0 2.8 2.8 0.293 2.231 
40.0 2.8 2.8 0.650 63.537 80.0 2.8 2.8 0.329 3.545 
40.0 2.8 2.8 0.682 101.064 80.0 2.8 2.8 0.365 5.572 
40.0 2.8 2.8 0.713 148.071 80.0 2.8 2.8 0.402 8.820 
40.0 2.8 2.8 0.743 205.189 80.0 2.8 2.8 0.437 14.954 
40.0 2.8 2.8 0.771 271.825 80.0 2.8 2.8 0.473 25.215 
40.0 2.8 2.8 0.798 347.207 80.0 2.8 2.8 0.507 44.791 
40.0 2.8 2.8 0.824 426.813 80.0 2.8 2.8 0.540 79.035 
40.0 2.8 2.8 0.849 508.782 80.0 2.8 2.8 0.571 132.444 

     80.0 2.8 2.8 0.599 212.702 

     80.0 2.8 2.8 0.625 298.326 
50.0 2.8 2.8 0.435 4.152 80.0 2.8 2.8 0.655 407.258 

50.0 2.8 2.8 0.472 5.786      
50.0 2.8 2.8 0.508 8.516 110.0 2.8 2.8 0.073 0.267 
50.0 2.8 2.8 0.543 15.030 110.0 2.8 2.8 0.110 1.200 
50.0 2.8 2.8 0.578 28.550 110.0 2.8 2.8 0.146 2.715 
50.0 2.8 2.8 0.611 55.295 110.0 2.8 2.8 0.183 4.453 
50.0 2.8 2.8 0.643 90.506 110.0 2.8 2.8 0.219 7.796 
50.0 2.8 2.8 0.673 142.812 110.0 2.8 2.8 0.255 12.530 
50.0 2.8 2.8 0.702 207.548 110.0 2.8 2.8 0.291 19.883 
50.0 2.8 2.8 0.729 285.273 110.0 2.8 2.8 0.327 31.119 
50.0 2.8 2.8 0.756 367.481 110.0 2.8 2.8 0.362 47.153 
50.0 2.8 2.8 0.780 455.485 110.0 2.8 2.8 0.397 72.551 

     110.0 2.8 2.8 0.430 108.903 

     110.0 2.8 2.8 0.462 160.491 

     110.0 2.8 2.8 0.491 231.119 

     110.0 2.8 2.8 0.518 320.029 

     110.0 2.8 2.8 0.546 397.426 
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Table 9.7. VLE Data for aqueous solutions of taurine (TAU) and potassium hydroxide (KOH) at different 
temperatures (4). 

T TAU KOH α PCO2 T TAU KOH α PCO2 

ºC [M] [M] [mol/mol]  [kPa] ºC [M] [M] [mol/mol]  [kPa] 

120.0 2.8 2.8 0.073 1.877 120.0 2.8 2.8 0.323 63.387 
120.0 2.8 2.8 0.109 3.538 120.0 2.8 2.8 0.357 92.406 
120.0 2.8 2.8 0.146 6.294 120.0 2.8 2.8 0.390 134.093 
120.0 2.8 2.8 0.182 10.024 120.0 2.8 2.8 0.421 190.664 
120.0 2.8 2.8 0.218 17.485 120.0 2.8 2.8 0.450 264.277 
120.0 2.8 2.8 0.253 26.761 120.0 2.8 2.8 0.477 350.711 
120.0 2.8 2.8 0.289 42.320      
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Table 9.8. VLE data for aqueous solutions of 2 aminoisobutyric acid (AIB) and potassium hydroxide (KOH) at 
different temperatures. The experiments where precipitation is observed are indicated in grey. 

T AIB KOH α PCO2 T AIB KOH α PCO2 

ºC [M] [M] [mol/mol]  [kPa] ºC [M] [M] [mol/mol]  [kPa] 

40.0 2.0 2.0 0.139 0.535 40.0 4.0 4.0 0.101 0.446 
40.0 2.0 2.0 0.208 0.763 40.0 4.0 4.0 0.151 0.981 
40.0 2.0 2.0 0.278 1.174 40.0 4.0 4.0 0.202 1.270 
40.0 2.0 2.0 0.348 1.628 40.0 4.0 4.0 0.252 1.877 
40.0 2.0 2.0 0.417 2.209 40.0 4.0 4.0 0.303 2.397 
40.0 2.0 2.0 0.487 2.825 40.0 4.0 4.0 0.354 2.436 
40.0 2.0 2.0 0.556 4.309 40.0 4.0 4.0 0.404 3.132 
40.0 2.0 2.0 0.625 6.611 40.0 4.0 4.0 0.454 3.691 
40.0 2.0 2.0 0.694 11.239 40.0 4.0 4.0 0.505 4.185 
40.0 2.0 2.0 0.761 26.350 40.0 4.0 4.0 0.556 4.677 
40.0 2.0 2.0 0.821 82.919 40.0 4.0 4.0 0.607 5.197 
40.0 2.0 2.0 0.858 267.153 40.0 4.0 4.0 0.657 6.090 

     40.0 4.0 4.0 0.708 7.653 

     40.0 4.0 4.0 0.758 9.298 
120.0 2.0 2.0 0.070 2.121 40.0 4.0 4.0 0.809 11.236 
120.0 2.0 2.0 0.139 10.135 40.0 4.0 4.0 0.859 16.493 
120.0 2.0 2.0 0.207 22.274 40.0 4.0 4.0 0.909 25.964 

120.0 2.0 2.0 0.275 40.932      
120.0 2.0 2.0 0.341 66.271 130.0 4.0 4.0 0.051 1.574 
120.0 2.0 2.0 0.405 101.480 130.0 4.0 4.0 0.076 2.810 
120.0 2.0 2.0 0.466 151.302 130.0 4.0 4.0 0.101 6.474 
120.0 2.0 2.0 0.526 219.296 130.0 4.0 4.0 0.126 7.190 
120.0 2.0 2.0 0.581 312.596 130.0 4.0 4.0 0.152 11.857 

     130.0 4.0 4.0 0.177 13.763 

     130.0 4.0 4.0 0.202 18.559 

     130.0 4.0 4.0 0.227 24.631 

     130.0 4.0 4.0 0.252 32.232 

     130.0 4.0 4.0 0.277 40.388 

     130.0 4.0 4.0 0.302 49.845 

     130.0 4.0 4.0 0.327 61.147 

     130.0 4.0 4.0 0.351 74.930 

     130.0 4.0 4.0 0.376 90.849 

     130.0 4.0 4.0 0.400 104.384 

     130.0 4.0 4.0 0.425 112.907 
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Table 9.9. VLE data for aqueous solutions of 6-amino hexanoic acid (6-AHA), α−alanine (α-ALA) and KOH at 
different temperatures. The experiments where precipitation is observed are indicated in grey. 

T ALA KOH α PCO2 T 6-AHA KOH α PCO2 

ºC [M] [M] [mol/mol]  [kPa] ºC [M] [M] [mol/mol]  [kPa] 

40.0 4.0 4.0 0.202 0.384 40.0 3.0 3.0 0.138 0.340 
40.0 4.0 4.0 0.231 0.384 40.0 3.0 3.0 0.207 0.786 
40.0 4.0 4.0 0.262 0.455 40.0 3.0 3.0 0.277 0.994 
40.0 4.0 4.0 0.318 0.635 40.0 3.0 3.0 0.346 1.659 
40.0 4.0 4.0 0.348 0.746 40.0 3.0 3.0 0.416 2.020 
40.0 4.0 4.0 0.377 0.887 40.0 3.0 3.0 0.485 4.915 
40.0 4.0 4.0 0.437 1.037 40.0 3.0 3.0 0.553 15.043 
40.0 4.0 4.0 0.497 1.881 40.0 3.0 3.0 0.620 32.011 
40.0 4.0 4.0 0.556 4.594 40.0 3.0 3.0 0.686 57.150 
40.0 4.0 4.0 0.615 10.958 40.0 3.0 3.0 0.746 134.806 
40.0 4.0 4.0 0.673 20.616 40.0 3.0 3.0 0.798 270.910 
40.0 4.0 4.0 0.707 28.058 40.0 3.0 3.0 0.839 496.692 
40.0 4.0 4.0 0.757 47.236 40.0 3.0 3.0 0.842 529.893 
40.0 4.0 4.0 0.803 80.337      

40.0 4.0 4.0 0.816 93.257      
40.0 4.0 4.0 0.821 100.236 120.0 3.0 3.0 0.102 0.536 

     120.0 3.0 3.0 0.153 3.125 

     120.0 3.0 3.0 0.204 0.015 
120.0 4.0 4.0 0.053 0.850 120.0 3.0 3.0 0.254 1.627 
120.0 4.0 4.0 0.097 3.083 120.0 3.0 3.0 0.305 8.323 
120.0 4.0 4.0 0.187 6.333 120.0 3.0 3.0 0.355 16.893 
120.0 4.0 4.0 0.215 9.178 120.0 3.0 3.0 0.403 38.256 
120.0 4.0 4.0 0.247 16.293 120.0 3.0 3.0 0.450 76.969 
120.0 4.0 4.0 0.273 23.107 120.0 3.0 3.0 0.494 143.699 
120.0 4.0 4.0 0.298 28.501 120.0 3.0 3.0 0.535 242.659 
120.0 4.0 4.0 0.336 44.599      
120.0 4.0 4.0 0.378 68.590      
120.0 4.0 4.0 0.415 110.688      
120.0 4.0 4.0 0.442 149.666      
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9.3.3 Slurry tests experimental procedure for samples loaded with KHCO3 

This experimental procedure was used to measure the amount of solids formed at equilibrium in 
potassium taurate solutions loaded with CO2. In this procedure, the loading of CO2 was mimicked by 
making a mixture of taurine, potassium carbonate, and potassium hydroxide in water. The amount of 
potassium carbonate added was determined by the desired loading and the remaining amount of 
potassium was added in the form of potassium hydroxide as the required molarity of potassium 
minus twice the added molar amount of potassium carbonate. The prepared slurry was heated up 
upon dissolution of all crystals, point at which temperature and pH were measured. The solution was 
then cooled to 40ºC, and the solids were separated from the liquid with vacuum filtration. The solid 
to liquid ratio was determined by weight. 

9.3.4 Slurry tests experimental procedure for samples loaded with a CO2/N2 gas mixture 

This experimental procedure was used to measure the amount of solids formed at equilibrium in 
potassium taurate and potassium alanate solutions loaded with CO2. For this purpose, a known 
amount of amino acid salt sample was placed in a beaker on a magnetic stirrer with integrated 
heating and temperature control. A mixture of 12%v/v of CO2 in N2 was flown into the solution at a 
constant flow controlled by a mass flow controller. The beaker and the stirrer were placed on a 
balance with accuracy of 0.01g in order to record the weight gain of the sample. Water evaporation 
was checked prior to the experiment by bubbling the same gas mixture in the amino acid salt solution 
at 40ºC. Water losses were determined by following the weight loss with time. 

The temperature was kept constant at 40ºC with the heater-stirrer. Temperature and pH were 
measured and recorded online through all the experiment. Steady state was assumed when no change 
in temperature or pH was observed for 20 min. At that point the solids were separated from the liquid 
by vacuum filtration. The wet weight of the solid fraction was first measured. Then, the solids were 
dried in the furnace at 180ºC. After drying the total weight of the solids was determined and a sample 
of the dried solids was redissolved in demineralised water. The CO2 content in this solution was 
determined by the phosphoric acid method. In this method, 5 ml of the solution is slowly injected 
into boiling phosphoric acid. N2 is used carrier gas, which transports the released CO2 to a Binos 200 
CO2 analyser from Emmerson with a controlled flow of 400 NL/hr. The CO2 concentration in 5 ml of 
solvent is calculated from the known flow of carrier gas and measured CO2 concentration. The results 
are expressed in KHCO3 mass, since this is the species commonly found in these amino acids [85]. 

The concentration of amino acid in the filtrate was determined by titration with HCl 0.1N in an 
automatic titrator TitralLab 965 from Radiometer. The concentration of CO2 in the filtrate was 
determined by the phosphoric acid method. Table 9.10 shows the results obtained with this procedure 
for potassium taurate and potassium alanate. 
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Table 9.10. Results of the slurry tests for the determination of the solids formed in solutions of 4 M potassium 
taurate and 4 M potassium alanate in equilibrium with a CO2/N2 gas mixture containing 12 v/v% of CO2 at 40ºC. 

  
Total Filtrate Slurry 

Equilibrium with 12% v/v CO2 at 40ºC. 4M potassium taurate 

Weight g 125.00 108.82 16.18 
TAU g (dry) 50.00 37.64 12.16 
KHCO3 g (dry) 7.87 7.60 0.27 
Loading mol/mol 0.45 0.57 0.06 
Ws (dry) % 10% 

  
  

Total Filtrate Slurry 
Equilibrium with 12% v/v CO2 at 40ºC. 4M potassium alanate 

Weight g 127.04 74.27 52.77 
ALA g (dry) 35.60 7.58 27.50 
KHCO3 g (dry) 13.28 8.04 5.24 
Loading mol/mol 0.75 2.15 0.39 
Ws (dry) % 26% 

   

9.3.5 Mass transfer experiments 

The experimental set-up used in these experiments is illustrated in Figure 9.3. The contactor is a 
jacketed column of 12 cm diameter and 50cm height. The necessary contact area is created by 
spraying the liquid through a nozzle at the top of the column in the form of small droplets. The 
amount of droplets created and the shape of the droplets’ distribution depend on the characteristics of 
the nozzle. The most common outcome in contactors of this type is the formation of two different 
regions. One region is formed by a distribution of droplets that create a large contact area (region 
located close to the nozzle). The other region is formed when the droplets hit the column wall and 
fall along it as a thin film. In this set-up, the liquid is collected in two portions at the bottom of the 
column. The portion of the liquid that falls along the column wall is collected in a separate duct to 
the portion of the liquid that falls over the cross sectional area of the column, enabling the evaluation 
of the spray pattern by observing the liquid portions of the spray and falling film regions. The nozzle 
(P-40) selected for the set-up is provided by BETE and has a substantial tested wall effect in this 
column (up 60% of the liquid flow is collected in the wall duct). The gas flow is supplied at the base 
of the column and consists of a mixture of CO2 and N2. The flow of each component is regulated by 
two independent mass flow controllers (Bronkhorst) with nominal flows of 2000 Nl/h and 200 Nl/h 
respectively). Prior to its injection in the column, the gas mixture is saturated with water at a 
temperature slightly above the experiment’s temperature. After contact with the liquid, the gas flows 
through a flow meter and an IR analyser to determine the flow and composition of the gas leaving the 
column. There is a condenser used to dry the mixture before the IR analyser. The liquid collected at 
the column’s base (both portions) falls to a tank from which is pumped again to the top of the column 
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via a filter, which retains the solids, and a heat exchanger (Swagelok) to control the liquid 
temperature. The column is maintained at constant temperature by circulating hot water in the jacket. 
The jacket temperature is controlled by a water bath. Temperature indicators are located at the inlets 
and outlets of the gas and liquid pipes to the absorption column. There is a pressure indicator in the 
gas stream leaving the column. Also, a pH-meter is located in the liquid line (Hach Lange). All 
variables mentioned are monitored online and recorded in a computer via a data acquisition card 
from Benchlink. 

 

Figure 9.3. Illustration of the set-up to measure CO2 absorption mass transfer in a spray column. 

The transfer of CO2 was measured in a dynamic experiment in which the gas flew once through the 
column while the liquid was recycled continuously through the column until saturation was achieved. 
It was considered that equilibrium had been reached when there was no change in the monitored 
variables (specially the CO2 content in the gas stream leaving the column) for a period of 30 minutes. 
At the beginning of each experiment, the gas mixture was adjusted by the mass flow controllers and 
its composition was checked by connecting the column’s gas inlet pipe to the CO2 analyser. At the 
same time, the liquid was circulated through the tank and heat exchanger, by-passing the column, 
until the desired experimental temperature was reached. At that point, the gas mixture was connected 
to the column and subsequently the liquid flow was connected to the column, moment marked as 
initial time of the experiment. All variables were monitored online and liquid samples were taken at 
frequent time intervals in order to determine the CO2 loading in the liquid as a function of time. The 
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CO2 content in each sample was determined by the phosphoric acid method. The mass balance was 
checked by calculating the liquid loading from the gas side measurements and comparing it to the 
results of the analysis of liquid samples taken at different intervals during the experiments. Regarding 
the precipitation of taurine, solids were observed after a loading of 0.3 molCO2/molAmA , which 
corresponds to the findings of the equilibrium measurements (0.35 molCO2/molAmA). 

The experimental results are presented in terms of the volumetric overall mass transfer coefficient 
(KGa) and are reported as function of liquid loading. The KGa is calculated by using the following 
equation: 

𝐾𝐺𝑎 = 𝐹𝐶𝑂2
∆𝑃
𝑅𝑇∙𝑉

  9.3 

Here, 𝐾𝐺𝑎 is the volumetric overall mass transfer coefficient (s-1), 𝐹𝐶𝑂2 is the molar flow (mol/s) 
transferred from the gas phase to the liquid phase (calculated from the difference in CO2 content 
between inlet and outlet, and the total inlet flow, which is assumed constant). ∆𝑃 is the averaged 
driving force for mass transfer, calculated as the logarithmic mean between the inlet driving force 
(extra partial pressure of CO2 over the equilibrium pressure at the inlet) and the outlet driving force 
(extra partial pressure of CO2 over the equilibrium pressure at the outlet). V is the volume of the 
absorption column. 

A total number of 6 experiments have been performed to measure the overall mass transfer 
coefficient (3 experiments with 5 M MEA and 3 experiments with 4 M KTAU). The operating 
conditions for each experiment and the results with MEA and KTAU are shown in Table 9.11. 

Table 9.11. Summary of mass transfer results. Experiments done with the P-40 nozzle at 40ºC. 

Solvent 

Concentration Liquid flow rate Gas flow rate KGa Loading PCO2 

M kg/h m3/m2h nL/h m/s 1/s mol/mol kPa 

MEA 5 37.14 3.27 2000 0.049 0.136 0-0.02 12 

MEA 5 40.01 3.52 2000 0.049 0.133 0-0.02 12 

MEA 5 41.36 3.64 3000 0.074 0.133 0-0.03 12 

KTAU 4 42.81 2.94 3000 0.074 0.102 0-0.03 12 

KTAU 4 40.04 2.75 2000 0.049 0.103 0-0.02 12 

KTAU 4 40.23 2.76 2000 0.049 0.103 0-0.02 12 

 

9.4 VLEMS model basic calculations 

In this work a model has been developed to estimate the performance of the DECAB Plus process 
based on equilibrium stages. The basic equations that the VLEMS model solves per stage are the 
MESH equations: Material balance, equilibrium expressions, summation equations and enthalpy 
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balance. An additional equation is added in each stage to calculate the initial pH of the solution (pH0) 
without considering the carbonated species. This variable is used as an input to the equilibrium 
expressions, empirically derived from experimental data, which allow the calculation of the 
equilibrium CO2 partial pressure at different temperatures. 

 

  

Figure 9.4. Illustration of a sequence of equilibrium stages in the VLEMS model. Stages are numbered from top to 
bottom (indicated by the sub-indexes). 

As an example, Figure 9.4 illustrates a cascade of equilibrium stages for which, single stage 
calculations are presented in equations 9.4 to 9.15 for an intermediate stage. Table 9.12 shows the 
main input parameters to model MEA and potassium taurate capture processes. 

Material balance over a stage, for CO2, water, taurine and potassium:
C
ii

C
ii

C
ii

C
ii yGxLyGxL ⋅+⋅=⋅+⋅ ++−− 1111  (9.4) 

Equilibrium expressions: 
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Summation equations: 

∑ =
C

c
iy 1 (9.8) 

1=∑
c

c
ix  (9.9) 

Enthalpy balance per stage: 
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⋅⋅+⋅=








⋅⋅+⋅ ∑∑ +++−− 11111  (9.10) 

Specific enthalpy calculations: The reference state adopted for enthalpy calculations is the 
temperature of the rich solvent entering the stripper column (liquid phase). The gas phase 
components enthalpy calculation, CO2 and water, requires the heat of absorption of CO2 and the heat 
of vaporization of water respectively. 

( ) C
irefii

C
i

C
i HTTTCph ∆+−⋅= )(  (9.11) 

In the equation above C represents CO2 or H2O. 

Absorption enthalpy: 

( )iii fΔH 0
3CO pH,2 α=  (9.12) 

Water heat of vaporization is considered constant (value given in Table 6.1) 

Constant2H =O
iΔH  (9.13) 

The liquid phase enthalpy is calculated considering a constant value of the liquid heat capacity (given 
in Table 1): 

( )refi
LL

i TTCph −⋅=  (9.14) 

Electroneutrality: 

( )∑ =⋅
i

iii pHCz 0,0  (9.15) 
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Table 9.12. Parameters used in the VLEMS model for two investigated solvents: MEA and potassium taurate. 

Variable Unit MEA Potassium taurate 

Absorber 
Flue Gas Flow Rate a: Nm3/h 708581 

Flue Gas Temperature: ºC 40 

Flue Gas Pressure: bar(a) 1.020 

CO2 removal % 90 

Number of Stages: [-] 4 

Murphree efficiency CO2 in absorber [-] 1 

Heat exchangers 

Temperature Lean cooler: ºC 40 

Temperature approach in LRHX (hot side): ºC 10 

Stripper 

Reboiler Pressure b: bar(a) 1.900 1.65-1.95 

Reboiler Temperature: ºC 120 

Condenser temperature: ºC 40 

Pressure drop per stage stripper c bar/stage 0.006 

Number of Stages d: [-] 5 

Feed Stage: [-] 2 

Murphree efficiency CO2 in stripper e [-] 0.8 

Solid liquid separator 

Recycle split fraction (RSF) [-] 0.00 0-50% 
a Based on ASC power plant 250 MW equivalent 
b Optimal operating conditions from Knudsen 34 
c Adjusted for 30 mbar total pressure drop 
d Excluding the reboiler 
e Selected to fit the data from Knudsen 34 
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NOMENCLATURE 
Abbreviations 

AGR acid gas removal unit 

6-AHA 6-aminohexanoic acid 

AIB 2-aminoisobutyric acid 

ALA α-Alanine 

AMA Amino acid 

AMAK+ Potassium salt of an amino acid 

AMP 2-amino-2-methyl-1-propanol 

APCS Air pollution control systems 

ARD% Average relative deviation 

ASC Advanced supercritical 

ASU air separation unit 

BU bottom-up approach for capital investment estimation 

CCQ carbon capture quotient 

CCS Carbon capture and storage 

CCTs Carbon capture technologies 

CESAR-1 amine based solvent (23% w/w AMP and 12% w/w PZ) 

DCC direct contact cooler 

DCF Discounted cash flow rate [%] 

EBTF European benchmarking task force 

EDA Ethylenediamine 

ESP electrostatic precipitator for particulates removal 

FG Flue gas 

FGD Flue gas desulphurisation 

GECoS Group of Energy Conversion Systems 

GT Gas turbine 

HETP Height equivalent to a theoretical plate 

HRSG Heat recovery steam generator 
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IGCC Integrated gasification combined cycle 

IP Intermediate pressure (bar) 

LHV Low Heat Value of an specific fuel 

LMTD Logarithmic mean temperature difference [ºC] 

LP low pressure (bar) 

LNB low NOx burners 

LRHX Lean-rich heat exchanger 

LRHEX Lean Rich Heat Exchanger 

LVC Lean vapour compression 

KALA Potassium α-alanate 

KTAU Potassium taurate 

MDEA Methy-di-ethyl-amine 

MEA Monoethanol amine 

NGCC Natural gas combined cycle 

NPV net present value 

OFA over fired air 

PC pulverised coal 

PCC  Post combustion capture 

PZ Piperazine 

RSF Recycle split fraction [%] 

SCR selective catalytic reduction 

S/L Separator Solid-Liquid separator 

SRU sulphur recovery unit 

SSE Sum of Squared Errors 

TAU Total amount of taurine species [mol] 

TD top-down approach for capital investment estimation 

USC PC ultra supercritical pulverised coal 

VLEMS Vapour-Liquid Equilibrium MultiStage model 

 

Symbols 

CF cash flow in a given project year [M€] 
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CCR CO2 capture ratio (-) 

CCp  specific heat of component C [kJ/molK] 

ΔDepreciation depreciation difference between the reference case and any other given case 

∆𝐻𝐶𝑂2 enthalpy of absorption, desorption [kJ/mol CO2] 

∆𝐻𝐻2𝑂 enthalpy of evaporation of water  [kJ/mol H2O] 

∆TC difference in total equipment cost between the reference case (at 1.8 bar), 
which is 2.72 M€ and any other given case 

ΔTmin Minimum temperature approach in lean-rich heat exchanger (cold side) (ºC) 

COE break-even cost of electricity [€/MWh] 

COT Combustor outlet temperature (ºC) 

E emission rate (kg CO2/kWhe) 

EPC engineering and procurements cost [M€] 

G  gas flow [kmol/s] 

OHh 2  enthalpy of water as vapour [kJ/mol H2O] 

2COh  enthalpy of carbon dioxide [kJ/mol CO2] 

Lh  enthalpy of solvent solution in stage i [kJ/mol solution] 

HR Heat Rate (kJLHV/kWhe) 

IC indirect cost factor [%] 

L  solvent flow [kmol/s] 

P Pressure [bar] 

𝑃𝐶𝑂2 partial pressure of carbon dioxide [bar] 

𝑃𝐶𝑂2
𝑒𝑞

 equilibrium partial pressure of carbon dioxide[bar] 

OHP 2  partial pressure of water [bar] 

pH0 pH of a solution containing taurine and KOH [-] 

PCO2 Equilibrium partial pressure of CO2 [kPa] 

Ps Steam pressure [bar] 

Q Specific thermal energy requirement [GJ/tCO2] 

Qr reboiler duty [GJth] 

Qduty Heat input to the boiler [kW] 
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r equipment performance rate [units depend on equipment type, e.g. for heat 
exchangers r is heat transfer area [m2]) 

SPECCA specific primary energy consumption for CO2 avoided (GJ/t CO2) 

T  temperature [ºC] 

TAU Total amount of taurine [mol] 

[TAU/K] molar ratio of total taurine to potassium ions [-] 

TDPC total direct plant cost [M€] 

TEC total equipment cost [M€] 

TIPC total indirect plant cost [M€] 

TIT turbine inlet temperature (ºC) 

TPC Total plant cost [M€] 

W Specific work requirement [kWh/tCO2] 

Weq equivalent work necessary to separate CO2 [GJ] 

𝑤𝑠 solid fraction [kg/kg] 

cx  liquid mol fraction of component c  

cy  gas mol fraction of component c in stage i 

Greek symbols 

α liquid CO2 loading [mol CO2 / mol AMA] 

β factor accounting for owner’s cost and contingency [%] 

λ turbine power loss to reboiler duty ratio [-] 

η Net electric efficiency of the power plant (%LHV) 

σ specific equipment cost as a function of equipment performance rate [M€] 

ϕ Relative air humidity (%) 

Super indexes 

c indicates a specific component: taurine, KOH, CO2, H2O 

G indicates the gas phase 

L indicates the solvent phase 

s total of amino acid and base species 

Subscripts 

i i-th year in cash flow calculations 
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i indicates the stage number (stages are numbered from top to bottom) 

k indicates a specific equipment piece 

HEX heat exchangers 

PUMP pumps 

VESSEL vessel 

REF reference power plant 

t total 

R reboiler 

LVC LVC compressor 

SEP separator 

COMP CO2 compressor 
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SUMMARY 
The environmental impact of CO2 emissions and its contribution to the greenhouse gas effect is a 
matter of global concern. Although there are uncertainties on the quantitative relationship 
between atmospheric CO2 concentration and global warming, it is expected that the CO2 
emissions will be closely regulated in the future as a precautionary action. This implies a 
substantial change in the energy sector, a large CO2 emitter, that will have to drastically reduce 
the use of fossil fuels to meet the emission targets. One of the possibilities to mitigate carbon 
emissions is capturing the CO2 contained in flue gas from power plants for ultimate long term 
storage in suitable deep reservoirs or saline formations. This alternative, known as post-
combustion capture, is one of the technologies collectively termed CO2 capture and storage 
(CCS),which will permit the continuation on fossil fuel based electricity while the sector moves 
to a low carbon based electricity. 

The technology readiness and know-how of post-combustion capture are relatively mature for 
implementation, however, there are issues that prevent the energy sector from making a step 
forward. Specific research indicates that power plants with integrated post-combustion capture 
have lower net power plant efficiency than conventional power plants, which results from the 
energy demands for CO2 removal and compression to disposal conditions (Chapter 1). The 
reduction in thermal plant efficiency, which depends on the CO2 capture technology and power 
plant type, increases fuel use and has a direct effect on electricity costs and the emissions of the 
power plant. This thesis focusses on the mitigation of this impact by introducing and 
investigating novel process designs for CO2 capture. 

The current state-of-the-art in post combustion capture is a chemical absorption process that uses 
an aqueous solution of monoethanolamine (MEA). The characteristics of this process and its 
integration into two types of power plants, advanced supercritical pulverized coal (ASC PC) and 
natural gas combined cycle (NGCC), have been analysed in chapters 2 to 5 in this thesis. The 
deployment of this technology into power plants reduces the net thermal efficiency from 45% 
LHV to 34% LHV in the case of the ASC PC power plant and from 58% LHV to 50% LHV in 
the case of the NGCC power plant (Chapter 3). This reduction in efficiency, which is mainly 
related to the necessary energy to regenerate the solvent, has consequences for the electricity cost 
that increases from 56 €/MWh to 87 €/MWh for the ASC PC power plant and from 55 €/MWh to 
71 €/MWh for the NGCC power plant (Chapter 4). The emissions of other air pollutants are also 
affected. For instance, the emissions of NOx increase 30% per unit electricity basis for both 
power plant types due to the reduction in power plant efficiency (Chapter 2). In the coal power 
plant case, this is accompanied by a drastic reduction in SOx emissions, virtually 100%, due to 
the amine process requirements. Another important impact derived from the use of amines is the 
increase in ammonia emissions, result of amine degradation, and the possibility of amine 
emissions due to amine evaporation and amine carry over in the form of aerosols (Chapter 2). 

One research line to improve the performance of CO2 capture is the development of solvents 
better than the state-of-the-art. A tertiary amine or hindered amine is generally blended with a 
primary or secondary amine. The goal with respect the use of these blends is to reduce the 
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regeneration energy while maintaining solvent reactivity (Chapter 1). CESAR-1 is an example of 
amine blend, consisting of AMP (hindered amine) and piperazine (secondary amine). This 
solvent has also been evaluated in chapters 3 and 4, using the same assumptions and methods as 
conventional MEA. In this case, the final net efficiencies of the coal and natural gas plants are 
36%LHV and 51%LHV respectively. Despite the improvement in net plant efficiency, other 
issues related to solvent management and environmental impact were revealed during the 
evaluation. The toxicity of piperazine and AMP is higher than for MEA and the volatility of 
AMP is substantially higher than MEA (Chapter 3). This has consequences for the solvent 
replenishment costs and for the emissions of these substances to the atmosphere, which will be 
strictly regulated (Chapter 3). The development of process designs and configurations that 
contribute to decrease the energy required for solvent regeneration is an alternative research line 
to improve the performance of CO2 capture processes. One example of process configuration is 
the lean vapour compression (LVC), which consists in flashing the hot lean stream leaving the 
stripper column, re-compressing the steam generated and recycling it back to the stripper column. 
The application of this configuration to the state-of-the-art MEA process, will reduce the required 
energy for regeneration by 7-9% (Chapter 5). 

This work has investigated the application of novel capture processes to the post-combustion 
capture of CO2 from flue gas, which are based on alternative solvents and process configurations 
to the state-of-the-art post combustion capture process. A novel concept for CO2 capture based on 
amino acid salts is introduced in Chapter 6 of this thesis. Amino acids are more biodegradable 
and less toxic than amines and have negligible vapour pressure. Therefore, a capture process 
based on amino acid salts will have, generally, a lower environmental impact than amines. CO2 
absorption on aqueous amino acid solutions can lead to the formation of precipitates, depending 
on the particular amino acid and the concentration in solution. This phase change can influence 
the equilibrium reactions in CO2 absorption and desorption contributing to decrease the energy 
consumption of the conventional absorption-desorption capture process. The identified effects 
related to the precipitation of amino acids are; (1) the enhancement of the specific CO2 capacity 
of amino acid salt solutions; (2) the acidification of the rich solution, which is not a direct effect 
of precipitation but is brought about by introducing a phase separation after precipitation (liquid 
from solid) that modifies the amino acid to counter-ion molar ratio in solution, concentrating the 
amino acid in the rich solution. 

The first effect, enhancement of CO2 absorption, occurs when precipitates are formed during 
absorption as a result of the chemical reaction of CO2 with the amino acid solvent, due to its 
limited solubility. The removal from the liquid phase of the solid reaction product shifts the 
reaction equilibrium towards the production of more products. The result is a rich stream in the 
form of slurry that contains mainly amino acid in the solid phase and carbamate, bicarbonate, 
potassium and remaining amino acid species in the liquid phase. Absorption takes place in a 
suitable contactor that can handle solids. This can be a spray tower contactor or a sequence of 
spray tower contactor and packed column. The slurry that results from the absorption of CO2 can 
be directly regenerated in the stripper, via the lean-rich heat exchanger, in a process concept 
known as DECAB. The second effect, acidification of the rich stream, requires the processing of 
the slurry in a solid-liquid separator to partially separate the supernatant from the solids. This 
forms a concentrated slurry, enriched in the pure amino acid species. This stream is further 
processed in the stripper for desorption. By re-dissolving the amino acid crystals, the pH of the 
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new rich solution is decreased before thermal desorption, which results in higher partial pressures 
of CO2 at stripper conditions that facilitate desorption. The recycle stream is the supernatant 
excess, enriched in the amino acid salt counter-ion, which is fed back to the absorber without 
passing through the stripper. This process alternative is known as DECAB Plus. 

Chapters 6 and 7 in this thesis provide new data and modelling to evaluate the two process 
concepts, DECAB and DECAB Plus, based on the potassium salt of taurine. The evaluation relies 
on an equilibrium based model, which includes all the necessary unit operations of the processes 
to capture CO2 from coal fired power plant flue gas containing circa 13 %v/v CO2. The model 
uses an approximate thermodynamic representation of the solvents investigated based on 
empirical correlations that have been derived from experimental data. The results show a 35% 
reduction in the solvent regeneration energy with respect to conventional MEA. The specific 
reboiler energy is reduced from 3.7 GJ/ t CO2, which corresponds to the MEA baseline, to 2.4 GJ/ 
t CO2, which corresponds to the DECAB Plus process. This value can be further decreased by 
optimisation of the process configuration. Several additions to the DECAB and DECAB Plus 
process configurations are investigated in Chapter 7. These include the lean vapour compression 
option, multiple feeds to the absorber and the effect of potassium alanate in the DECAB process 
configuration. The best process configuration in this analysis, with respect to energy efficiency, is 
the DECAB Plus process with lean vapour compression based on potassium taurate with a 
reboiler temperature of 120ºC and solid-liquid separation at 40ºC, which reduces the specific 
reboiler duty to 2.07 GJ/t CO2.  

The developed process configurations also require low grade energy to dissolve the precipitates 
formed during absorption. The estimated reductions in reboiler duty are accompanied by an 
increase in the energy required by the separator to dissolve the precipitates having a moderate 
impact to the overall energy penalty. Under the assumptions considered for the retrofit of these 
processes into power plants, all the DECAB Plus configurations analysed reduce the overall 
energy consumption of the capture process with respect to the MEA baseline. The integration of 
the optimal process configuration in this study (DECAB Plus with lean vapour compression) into 
the ASC PC power plant reduces the total parasitic load by 15% compared to conventional MEA, 
resulting in 2 percentage points higher plant efficiency. This reduction in energy penalty 
encourages further investment in the research of this process alternative. 

For future development of this process, it would be beneficial to direct the research efforts 
towards the scale up of a suitable contactor for the absorption unit. For this purpose the mass 
transfer characteristics of the precipitating amino acid solvents need to be further investigated 
(Chapter 8). In addition, the implementation of efficient solid-liquid separation is crucial for the 
performance of the process. After investigating these aspects it can be expected that the process 
concepts presented in this thesis will be demonstrated at pilot scale. 
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SAMENVATTING 
De impact van CO2 emissies op het milieu en de bijhorende bijdrage tot het broeikaseffect is een 
mondiaal probleem. Alhoewel er onzekerheden zijn over de kwantitatieve relatie tussen de 
atmosferische CO2 concentratie en het broeikaseffect, valt te verwachten dat de CO2 emissies in 
de toekomst uit voorzorg streng gereguleerd zullen worden.  Dit zal leiden tot aanzienlijke 
veranderingen in de energie sector (een grote uitstoter van CO2), die zullen leiden tot een 
drastische afname in het gebruik van fossiele brandstoffen met als doel de emissie doelen te 
halen. Een van de mogelijkheden om CO2 emissies te verminderen is het afvangen van CO2 uit 
uitlaatgassen van energiecentrales om het daarna voor lange tijd op te slaan in geschikte diepe 
reservoirs of zoutformaties. Deze mogelijkheid, bekend als “post-combustion capture” (PCC), is 
één van de technologieën die geschaard kan worden onder de verzamelnaam “CO2 capture and 
storage” (CCS). Hierdoor blijft het mogelijk om fossiele brandstoffen te gebruiken om 
elektriciteit op te wekken gedurende een periode waarin de sector zich omvormt naar een vorm 
van elektriciteit die minder afhankelijk van koolstof is. 

De “readiness” van de technologie en de “know-how” van PCC zijn in principe voldoende 
ontwikkeld voor implementatie. Er zijn echter zaken die de energie sector ervan weerhouden een 
stap voorwaarts te zetten. Specifiek onderzoek toont aan dat energiecentrales met geïntegreerde 
PCC een lagere netto efficiëntie hebben dan conventionele energiecentrales. Dit komt door de 
energiebehoefte voor het verwijderen van CO2 en de compressie naar condities voor opslag 
(Hoofdstuk 1). De lagere efficiëntie, die afhangt van de technologie voor CO2 afvang en het type 
energiecentrale, leidt tot een groter brandstofgebruik en heeft een direct effect op de 
elektriciteitskosten en de emissies van de centrale. Dit proefschrift is gericht op het verkleinen 
van dit probleem door het introduceren en onderzoeken van nieuwe procesontwerpen voor CO2 
afvang. 

De huidige state-of-the-art in PCC is een chemische absorptieproces dat gebruik maakt van een 
waterige oplossing van monoethanolamine (MEA).  De karakteristieken van dit proces en de 
integratie ervan in twee type energiecentrales, de zogenaamde “advanced supercritical pulverized 
coal” (ASC PC) en “natural gas combined cycle” (NGCC) worden geanalyseerd in Hoofdstukken 
2 tot en met 5 van dit proefschrift. Het gebruik van deze technologie in energiecentrales 
vermindert de netto thermische efficiëntie van 45% LHV naar 34% LHV in het geval van de 
ASC PC energiecentrale, en van 58% LHV naar 50% LHV in het geval van de NGCC 
energiecentrale (Hoofdstuk 3). Deze reductie in efficiëntie, die vooral gerelateerd is aan de 
benodigde energie voor het regenereren van het oplosmiddel, heeft grote consequenties voor de 
elektriciteitskosten, die toenemen van 46 €/MWh naar 87 €/MWh voor de ASC PC 
energiecentrale, en van 55 €/MWh naar 71 €/MWh voor de NGCC energiecentrale (Hoofdstuk 
4). De emissies van andere schadelijke stoffen worden ook beïnvloed. De emissie van NOx neemt 
bijvoorbeeld toe met 30% per basiseenheid elektriciteit voor beide type energiecentrales; een 
gevolg van de verlaagde efficiëntie van de centrales (Hoofstuk 2). In het geval van de 
kolencentrale resulteert dit ook in een drastische afname van SOx emissies (bijna 100%), als 
gevolg van het amine proces. Een ander belangrijk effect van het gebruik van amines is de 
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toename in ammonia emissies. Dit komt door de degradatie van amines en het verdampen van 
amines en aminedragers in de vorm van aerosolen (Hoofstuk 2).  

Eén lijn van onderzoek om de prestaties van CO2 afvang  te verbeteren is het ontwikkelen van 
betere oplosmiddelen. Een ternaire amine, of sterisch gehinderde amine, wordt normaal 
gesproken gemengd met een primaire of secundaire amine. Het doel van het gebruik van deze 
mengsels is het reduceren van de energie voor regeneratie, waarbij de reactiviteit van het 
oplosmiddel behouden blijft (Hoofdstuk 1). CESAR-1 is een voorbeeld van een amine mengsel, 
bestaande uit AMP (een sterisch gehinderd amine) en piperazine (een secundaire amine). Dit 
oplosmiddel is ook geëvalueerd in Hoofstukken 3 en 4, door gebruik te maken van dezelfde 
aannames en methodes als voor het conventionele MEA oplosmiddel. In dit geval zijn de 
uiteindelijke netto efficiëntie van de kool- en aardgascentrales respectievelijk 36% LHV en 51% 
LHV. Ondanks de verbeterde netto efficiëntie zijn andere zaken gerelateerd tot “solvent 
management” en impact op het milieu tot ontdekking gekomen tijdens de evaluatie. De toxiciteit 
van piperazine en AMP is hoger dan die van MEA en de vluchtigheid van AMP is substantieel 
hoger dan die van MEA (Hoofdstuk 3). Dit heeft consequenties voor de kosten voor aanvulling 
van het oplosmiddel en voor de emissies van deze stoffen in de atmosfeer, welke naar 
verwachting streng gereguleerd zullen worden (Hoofdstuk 3).   De ontwikkeling van 
procesontwerp en –configuraties die bijdragen aan een vermindering van de energiebehoefte voor 
de regeneratie van het oplosmiddel is een alternatieve onderzoekslijn om de prestaties van CO2 
afvang te verbeteren. Een voorbeeld van zo’n procesconfiguratie is de zogenaamde “lean vapour 
compression” (LVC), die bestaat uit het flashen van de hete stroom met lage concentratie CO2 die 
de stripperkolom verlaat, het opnieuw comprimeren van de gegenereerde stoom en het 
terugvoeren van de stoom naar de stripperkolom. De toepassing van deze configuratie in het 
state-of-the-art MEA proces zal de benodigde energie voor regeneratie verminderen met 7-9% 
(Hoodfstuk 5). 

Dit werk heeft de toepassing van nieuwe processen voor PCC van CO2 uit uitlaatgassen 
onderzocht, die gebaseerd zijn op alternatieve oplosmiddelen en procesconfiguraties van het 
state-of-the-art proces. Een nieuw concept voor CO2 afvang gebaseerd op zouten van aminozuren 
is geïntroduceerd in Hoofdstuk 6 van dit proefschrift. Aminozuren zijn beter biologisch 
afbreekbaar en minder toxisch dan amines en hebben een te verwaarlozen dampspaning. 
Hierdoor zal een afvang proces gebaseerd op aminozuren over het algemeen een lagere impact op 
het milieu hebben dan een proces gebaseerd op amines. Absorptie van CO2 in waterige 
oplossingen van aminozuur kan leiden tot vorming van precipitaten, afhankelijk van het 
specifieke aminozuur en de concentratie van de oplossing. Deze faseovergang kan de 
evenwichtsreacties van CO2 absorptie en desorptie veranderen, wat resulteert in een afname van 
de energieconsumptie in vergelijking tot het conventionele absorptie-desorptie proces. De 
geïdentificeerde effecten gerelateerd tot de precipitatie van aminozuren zijn; (1) De verhoging 
van de specifieke CO2 capaciteit van aminozuur oplossingen; (2) Verzuring van de CO2 rijke 
oplossing, wat geen direct effect van precipitatie is maar tot stand komt door het introduceren van 
een faseovergang na de precipitatie (vloeistof vanuit vast) dat de aminozuur-zuurrestion ratio 
verandert, leidend tot een verhoogde concentratie van aminozuur in de CO2 rijke oplossing. 

Het eerste effect (verbetering van CO2 absorptie) treedt op wanner precipitaten gevormd worden 
tijdens absorptie ten gevolge van de chemische reactie van CO2 met het aminozuur. De 
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verwijdering van het vaste reactieproduct uit de vloeistoffase verschuift het reactie-evenwicht 
naar de kant van het product. Het resultaat is een CO2 rijke stroom in de vorm van slurry die 
vooral aminozuur bevat in de vaste fase en carbamaat, bicarbonaat, kalium en overblijvende 
aminozuren in de vloeistoffase. Absorptie vindt plaats in een geschikte contactor die vaste stoffen 
kan verwerken. Dit kan een sproeitoren-contactor of een serie van een sproeitoren-contactor met 
een gepakte kolom zijn. De slurry kan direct geregenereerd worden in de stripper, via een “lean-
rich” warmtewisselaar. Dit procesconcept staat bekend als DECAB. Het tweede effect (verzuring 
van de CO2 rijke stroom) vereist een verwerking van de slurry in een vast-vloeistof scheider om 
de vaste stof deels te scheiden van het “supernatant”. Dit vormt een geconcentreerde slurry die 
verrijkt is in de pure aminozuren. Deze stroom worde verder bewerkt in de stripper voor 
desorptie. Door de aminozuurkristallen opnieuw op te lossen wordt de pH van die nieuwe CO2 

rijke oplossing verlaagt voor de desorptie, wat resulteert in hoger partiële drukken van CO2 bij 
strippercondities die desorptie faciliteren. De gerecyclede stroom is het “supernatant” exces, 
verrijkt in het aminozuurrestion, die wordt teruggevoerd aan de absorber zonder door de stripper 
te gaan. Dit alternatieve proces staat bekend als DECAB Plus. 

Hoofdstuk 6 en 7 van dit proefschrift beschrijven nieuwe data en modellering om de twee 
procesconcepten DECAB en DECAB Plus te evalueren, gebaseerd op het kaliumzout van taurine. 
De evaluatie gebruikt een op chemisch evenwicht gebaseerd model, dat alle benodigde unit 
operaties bevat voor het afvangen van CO2 uit het uitlaatgas van een kolencentrale (13%v/v 
CO2). Het model gebruikt een benaderde thermodynamische representatie van de onderzochte 
oplosmiddelen die gebaseerd is op empirische correlaties afgeleid uit experimentele data. De 
resultaten tonen een 35% reductie in de energie nodig voor regeneratie van het oplosmiddel in 
vergelijking tot conventioneel MEA. De specifieke reboiler energie is gereduceerd van 3.7 GJ/t 
CO2 (voor de MEA standaard) naar 2.4 GJ/t CO2 (voor het DECAB Plus proces). Deze waarde 
kan verder verlaagd worden door verdere optimalisatie van de procesconfiguratie. Enkele 
toevoegingen aan de DECAB en DECAB Plus procesconfiguraties zijn onderzocht in Hoofdstuk 
7, waaronder de LVC optie, meerdere feeds naar de absorber, en het effect van kaliumanalaat in 
de DECAB procesconfiguratie. De beste procesconfiguratie in deze analyse, wat betreft energie-
efficiëntie, is het DECAB Plus proces met LVC gebaseerd op kaliumtauraat, met een reboiler 
temperatuur van 120 0C en een vast-vloeistof scheiding bij 40 0C. Hierdoor wordt de specifieke 
reboiler duty vermindert tot 2.07 GJ/t CO2. 

De ontwikkelde procesconfiguraties hebben energie van lage kwaliteit nodig om de precipitaten 
die ontstaan tijdens absorptie op te lossen. De geschatte reductie in reboiler duty wordt vergezeld 
met een verhoging in de energiebehoefte voor de scheider om de precipitaten op te lossen, wat 
een gemiddelde impact heeft op de totale energie penalty. Gebruik makend van de aannames 
voor de retrofit van deze processen in bestaande energiecentrales, reduceren alle geanalyseerde 
DECAB Plus configuraties  de energiebehoefte van het afvang proces ten opzichte van de MEA 
standaard. De integratie van de optimale proces configuratie in deze studie (DECAB Plus met 
LVC) in de ASC PC energiecentrales reduceren de totale “parasitic load” met 15% vergeleken 
met conventioneel MEA, resulterende in een 2% hogere efficiëntie van de centrale. Deze reductie 
in energie penalty moedigt verdere investering in het onderzoek naar dit alternatieve proces aan. 

Voor de verdere ontwikkeling van dit proces zou het raadzaam zijn om het onderzoek te richten 
op de opschaling van een gepaste contactor voor de absorptie unit. Om dit te bewerkstelligen 
dient het massatransport van de precipiterende aminozuren verder onderzocht te worden 
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(Hoofdstuk 8). Daarnaast is de implementatie van een efficiënte vast-vloeistof 
scheidingsmethode cruciaal voor de toepassing van dit proces. Na onderzoek van deze aspecten 
kan verwacht worden dat de procesconcepten gepresenteerd in dit proefschrift gedemonstreerd 
kunnen worden op pilot schaal. 
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